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Introduction 
This thesis has been written thanks to collaboration between industrial and academic research, 
which has g iven bi rth t o t he A GRIBTP P roject. A GRIBTP pr oject (2011-2015) is a collaborative 
research pr oject f unded by  t he E uropean U nion, t he F rench G overnment and t he R égion M idi-
Pyrénées, w hose f inality i s t he c reation of  a n i ndustrial t ool f or t he r euse of  c o-products f rom t he 
agroindustry.  
There are two main objectives of this project. The first is to develop formulations for building 
and public works that integrate brand new properties. Four products applied for bui lding and publ ic 
works are focused upon. Two formulations are for concrete: an anti-adherent for concrete formwork 
and a cu ring agent for concrete slabs. The former is used to reduce the adherence between concrete 
and formwork to facilitate the release, and the latter is to retain water in the concrete to prevent i ts 
desiccation. Two other formulations are aimed for the bitumen domain: an anti-adherent agent and an 
agro-regenerator. The f ormer i s used t o p rotect t he m aterial an d eq uipment f rom w arm co ated 
materials, the latter to remobilize the old bitumen i n order to r ecycle it with new bitumen. This 
objective is challenging since it not only requires these brand new molecules with new functionalities 
to be created, but also requires the processes gravitating around these new reactions to be developed 
and the effect of these new products on concrete or bitumen samples to be characterized. 
The second objective of the AGRIBTP project is to create an industrial sector that reuses co-
products and products f rom agroindustry for use in the building and public works industry. In other 
terms, t he ob jective is to substitute t he c urrently us ed pr oducts composed of  mineral o ils o r first 
generation vegetable oils (e.g. sunflower or rapeseed oil) with waste vegetable oils. Indeed, products 
manufactured f rom v egetable o ils, as s ubstitutes f or mineral o il b ased products, h ave al ready b een 
developed in t he bui lding and publ ic w orks i ndustry ov er t he l ast de cades be cause t hey ar e m ore 
sustainable, l ess toxic an d m ore en vironmental f riendly. H owever, su ch o ils co mpete w ith f ood 
demands, a re e xpensive a nd t he pr operties of their formulations s till do no t o ffer a ll of the s ame 
properties a s t hose produced with mineral oi ls. The novelty of this p roject is the reuse o f waste 
cooking oils for the development of new products with equivalent properties to those mineral oil based 
products. In this way, co-products or waste from agro-industry are not only being reused, but also they 
do not  c ompete w ith f ood de mands a nd a re a  c heaper f eedstock f or t he pr oduction of  f ormulated 
products.  
To carry out these objectives, a consortium of companies and laboratories has been constituted 
including the following partners.  
Three SME (small or medium enterprises): 
- LRVision, Castanet-Tolosan, France: start-up c reated in 2004, it br ings novel solutions in 
the area of siding architectural concrete and chemistry for the building and public works;  
- Coreva T echnologies, A uch, F rance: c reated in 20 07, t heir a ctivity is  th e c ollect, t he 
treatment and the regeneration of waste from food industry, particularly waste vegetal oil and 
animal fats in order to commercialize as feedstock for biodiesel production; 
- 6TMIC, Toulouse, F rance: c reated i n 2004, it is s pecialized i n t he d evelopment o f n ew 
industrial and sustainable processes. 
Two subsidiaries of the European leader in building and public works, Spie Batignolles group: 
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- Malet, Toulouse, F rance: c reated in 1910, s pecialized i n the r oad c onstruction a nd public 
works; 
- Spie SCGPM, Arcueil, France: specialized to manage building projects. 
Three research laboratories: 
- LMDC (Laboratoire M atériaux e t D urabilité d es Constructions, U niversité de T oulouse, 
France) brings its expertise in the domain of concrete characterization and modeling.   
- LCA (Laboratoire de Chimie Agroindustrielle, Institut National Polytechnique, Université de 
Toulouse, F rance) is sp ecialized i n k nowledge acq uisition o n p roperties an d r eactivities o f 
agro-molecules. 
- LGC (Laboratoire d e G énie Chimique, Institut National P olytechnique, U niversité d e 
Toulouse, F rance) i s s pecialized i n t he design, opt imization, s cale-up a nd ope ration o f ne w 
innovative processes for manufacturing products or materials. 
The website of the AGRIBTP project is available at the address www.agribtp.fr. 
The project is divided into a number of different tasks: 
- Task n°0: P roject m anagement. C ontrol t he p roject a dvancement, bu ild a  collaborative 
platform ( www.agribtp.fr) a nd communicate on the pr oject. This t ask i s c oordinated b y 
LRVision. 
- Task n°1: Synthesis of molecules of interest having suitable physico-chemical properties and 
susceptible to b e c andidates f or bu ilding a nd pub lic w orks formulations. This task i s 
coordinated by LCA. 
- Task n°2: S tudy of  chemical processes t o transform fatty compounds. Work carried out by 
6TMIC aims a t improving t he de sign o f a  pul verization reactor be longing t o Coreva and 
characterizing its performance. In parallel, the LGC aims at developing a co ntinuous reactor 
with new technology that is suitable for different reaction types and allows the reactions to be 
carried out faster and under milder conditions. This i s the objective developed in the thesis. 
This task is coordinated by Coreva. 
- Task n°3: C oncrete ap plications. The o bjective i s t o ch aracterize t he e ffect o f t he n ew 
formulations (anti-adherent for concrete formwork and curing agent for concrete slabs). This 
task is coordinated by LRVision. 
- Task n°4: B itumen a pplications. The o bjective is to c haracterize t he effect o f t he n ew 
formulations (anti-adherent agent and agro-regenerator). This task is coordinated by Malet. 
- Task n°5: Economic and environmental study. This task is coordinated by 6TMIC. 
- Liaison Group: This small group, created in 2012, is composed of  one member f rom each 
partner: P hD st udents f rom L GC, L CA an d L MDC, P roject Man ager f rom Mal et R &D, 
apprentices and interns from LRVision, 6TMIC and Coreva. It allows an overall vision of the 
project advancement to be obtained within in an informal atmosphere. 
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 Fig. 1. Organization of the AGRIBTP project. 
This m anuscript de scribes t he w ork done  i n t he part of  the Task n °2 r elative t o the 
development of a continuous reactor based on intensified technology. At the start of the project, 
specific molecules targeted for the final products were not yet identified. As a result, the work in Task 
n°2 focused on the  de velopment of chemical processes for the common t ransformation reactions of 
fatty co mpounds i ncluding f our ch emical f amilies: m ethyl est ers, g lycerol, f atty aci ds an d 
monoglycerides. These families are the base molecules used in the molecule design work undertaken 
by LCA. The raw material for the reactions is used vegetal oil or fat collected by Coreva from food 
industries and restaurants. 
Used v egetable o ils a nd f ats p resent t he ad vantage o f b eing co llected f or free an d can  b e 
reused to create higher value products after filtration and decantation steps. The first reaction studied 
is the transesterification reaction, which transforms triglycerides, major compounds of oil, into methyl 
esters (more commonly known as b iodiesel) and glycerol. This reaction is accelerated in presence of 
alkaline compounds, which play the role of catalyst. This catalysis is only possible if the oil has a low 
level of fatty acids, or if the oil has a low acidity. This is the case for virgin oils but waste oils have 
significantly high levels of fatty acids, being between 3% and 45% in mass. The fatty acids are formed 
during c ooking pr ocesses w hen oi ls ha ve be en exposed to h igh t emperatures. Consequently, a  pr e-
treatment step is needed to decrease the fatty acids level, in order to regenerate the waste oils. This is 
possible with three more reactions. The esterification reaction transforms fatty acids into methyl esters 
if it r eacts with methanol, or tri-, di - and monoglycerides (with a  majority of  monoglycerides) if i t 
reacts with glycerol. If however fatty acids are the chemical family of interest, a hydrolysis reaction 
enables fatty acid production from glycerides with water.  
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The objective of this three year PhD project is to design a co ntinuous and flexible reactor to 
perform t ransesterification, est erification an d h ydrolysis r eactions u sing w aste co oking o il an d 
derivatives with a production capacity around 100 kg/h. This project offers a strong opportunity for the 
LGC and its STPI (Science et Techologie des Procédés Intensifiés) department to show and to increase 
its expertise in the f ield of P rocess Intensification. P rocess intensification involves t he use of novel 
equipment (and often dramatic reduction in equipment size) and new methods that leading to higher 
productions, better purities, less waste, cheaper operation and more sustainable processes.  
 Taking into account the relatively short period to design such a reactor, a pragmatic approach 
has b een u ndertaken an d co mprises four pa rts. Firstly, the significantly r ich li terature h as be en 
reviewed in order to select the most promising intensified technologies for the transformation of fatty 
compounds. S econdly, a n e xperimental screening of  t hree intensified technologies, n amely a  
microstructured r eactor, a  m icrowave r eactor an d a  co ntinuous o scillatory ba ffled reactor f or the 
different waste cooking o il t ransformation reactions has been carried out. The performance of these 
reactors has been compared with a batch reactor. Thirdly, the study has focused on the improvement of 







𝑣𝑣𝑥𝑥��� Phase averaged axial velocity (m/s) 
a Interfacial area 
A Amplitude of OBR oscillations (mm) 
Ac Acid value of the oil (%) 
Ai Surface area of i (m²) 
c Conversion (%) 
C Concentration (mol/L) 
c/n Conversion after n cycles (%) 
C0 Orifice coefficient 
CKOH Concentration of the KOH-ethanol solution 
D Diameter of the tube (mm) 
D0 Orifice diameter (mm) 
Dax Axial dispersion coefficient  (m².s
-1) 
dm Droplet mean diameter (µm) 
e Baffle thickness (m) 
E(t) Residence time distribution function 
f Frequency (of OBR oscillations or of a microwave reactor) (Hz) 
F Mass flow rate (kg/h) 
Fnet Net flow rate (L/h) 
fs Frequency of vortex shedding 
h Heat transfer coefficient 
h Convective heat transfer coefficient (W.m-2.K-2) 
k Thermal conductivity (W.m-1.K-1) 
L Characteristic length (m) 
M Molecular weight (g/mol) 
m Molar fraction of the catalyst (%) 
MC18 Molar mass of oleic acid (g/mol) 
moil Mass of oil of the titrated sample (g) 
n Total number of baffles 
ni Amount of substance of i (mol) 
Nu Nusselt number (-) 
P Pressure (bar) 
P Power (W) 
p Pitch of the baffle (m) 
Pe Peclet number (-) 
PSR Particle shear strain rate (s-1) 
PSRm Particle-averaged and time-averaged particle shear strain rate (s
-1) 
PSRm,max Particle-averaged of the maximum particle shear strain rate (s
-1) 
r Radial positon on the XY plane (m) 
R Molar ratio of reactants (methanol to oil for transesterification  
reaction, methanol to fatty acids for esterification with methanol,  
glycerol to fatty acids for esterification reaction with glycerol and 
water to oil for hydrolysis reaction) (-) 
Renet Net Reynolds number (-) 
Reo Oscillatory Reynolds number 
S Opening section of a baffle (m²) 
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sDG/FFA Selectivity of triglycerides related to free fatty acids (%) 
Sij Viscous strain rate (s
-1) 
sj/i Selectivity of the product j related to the consumption of the reactant i (%) 
sMG/FFA Selectivity of monoglycerides related to free fatty acids (%) 
SSR Shear strain rate 
Str Strouhal number (-) 
t Residence time (s, min or h) 
T Temperature (°C) 
tm Mean residence time (s) 
v Velocity (m/s) 
V Volume (mL or L) 
Veq Volume at the equivalence point (mL) 
vx,RMS Root-mean-square axial velocity (m/s) 
w Mass fraction of catalyst related to oil (-) 
x Molar fraction of catalyst to fatty acids (-) 
X Conversion (%) 
X0 X where particles are released 
Xdetection X where particles are recorded 
y Yield (%) 
 
Greek letters 
ψ Velocity ratio (-) 
µ Dynamic viscosity (cP or Pa.s) 
ρ Density (kg/m3) 
φ Reactor dimension (mm) 
∆P Pressure drop (bar) 
∆R Difference of position of initially adjacent particles on R 
∆X Difference of position of initially adjacent particles on X 
α Ratio of diameters (D/D0) 
εxx Axial shear strain rate (s
-1) 
φ Pore size (µm) 




CFD Computational Fluid Dynamics H Horizontal 
COBR Continuous Oscillatory Baffled Reactor MG Monoglyceride (monoacylglycerol ester) 
DBSA Dodecylbenzenesulfonic acid OBR Oscillatory Baffled Reactor 
DG Diglyceride (diacylglycerol ester) PIV Particle Image Velocimetry 
FAME Fatty Acids Methyl Esters TG Triglyceride (triacylglycerol ester) 
FFA Free Fatty Acids V Vertical 
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Introduction 
Biodiesel pr oduction reactions, i.e. transesterification an d est erification reactions have b een 
vastly studied i n the literature and t his ch apter ai ms at  co llecting, o rganizing an d r eviewing t he 
available data. This r eview, w hich i s i nserted h ereafter, h as been p ublished C hemical E ngineering 
Journal and has been available online since July 2013 [1].  
General Summary 
 Even if the final products targeted by the AGRIBTP project are for applications in the building 
and pub lic works sector, a large number of publications concern biodiesel production i n general, 
representing about 5800  publications between 2010 a nd 2014 a nd as m any as  741 i n 2014. T his 
alternative source of energy has increasingly been investigated as  i t offers low CO2 emission and is 
produced from a renewable source. Biodiesel production has increased by a factor 10 in the last decade 
(2000-2010) [2]. The annual worldwide production of biodiesel in 2011 is given in Fig. 1. In Europe, 
7% of biodiesel is used as fuel for vehicles (EN590) [3]. This is part of the consistent effort of research 
to br ing r enewable s olutions w ith e fficient t ransformation of  bi omass into energy, not only w ith 
transesterification reaction of triglycerides but also via the transformation of cellulose, starch, sugar-
based or cellulosic feedstocks [4]. The interest of biodiesel produced from waste cooking oil has only 
been i nvestigated more r ecently (162 publications b etween 2010  a nd 2014 and 26 pub lications in 
2014). This feedstock is o f g reat i nterest s ince i t does not  compete w ith f ood de mands and C O2 
emissions (10 g CO2 eq./MJ) are even lower than that associated with biodiesel made from rapeseed 
(46 g CO2 eq./MJ) [3].  
 
Fig. 1. Production of FAME in 2011 in megatons in USA, Germany, Argentina, France and in the world [2], [3]. 
In addition to the literature review presented in Part I , several reviews and works have now 
been published. Recently reviews [5]–[9] have been published on t he di fferent ways to catalyze the 
transesterification reaction, in addition to those mentioned in Section 1.1. (ref. 21 to 26), and 
particularly with solid carbohydrate catalysts [10]. 
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Concerning new studies in the field of microreactors, Table 4 can be completed with new data from 
the work of Aghel et al. [11]. They obtain a conversion of 99% at 60°C with a molar ratio of methanol 
to oil of 9 and a mass fraction of catalyst of 1.2 wt.% in 3 min using a stainless steel 0.9 mm diameter 
microtube containing a wire coil, which plays the role of a “micro” static mixer. The flow-pattern is an 
emulsion and the flow rate corresponding to 3 min is 1 mL/min. Recent results obtained in microwave 
reactors are discussed in Part II, chapter 1. Work using a membrane reactor [12] coupled with a fixed 
catalyst ( p-toluenesulfonic a cid on MCM-41) ha s a lso be en recently published. T he ceramic 
membrane retains oil, then the FAME, methanol and glycerol are sent to a p roduct vessel. The yield 
obtained is 84.1% at 80°C with a flow rate of 4.15 mL/min, but the membrane separation gives a high 
ester content (99%). 
 Indeed, the global conclusion made in our published review is not affected by this more recent 
work. It h ighlights the i nterest of  using process technology that is  able to d ecrease d roplet s ize o f 
emulsions of the o leic and polar phase and as w ell as a sep aration unit as a  d ecanter. A list o f 
intensified technologies, which are particularly adapted to the transformation of waste cooking oil, is 
provided: 
- Microreactors. These allow a decrease in reaction times by decreasing the size of droplets 
of im miscible r eactants through t he sm all c haracteristic s ize o f the r eactor. However 
microreactors also imply relatively low flow rates. 
- Cavitational reactors. These enable reaction times to be decreased even at mild operating 
conditions. However, such devices are s till difficult to  operate in te rms of the flow ra te 
range required to generate cavitation, the lack of global understanding of the phenomena 
and the process. 
- Microwave r eactors. These reduce r esidence t imes and enhance t he d ecantation o f 
emulsions, which can lead to good reaction conversion when heterogeneous catalysts are 
used. However, they still require significant investigation for the scale-up to a continuous 
process with higher flow rates.   
- Oscillatory baffled reactors. These offer go od f lexibility s ince mixing is independent of 
flow rate, they are compatible with heterogeneous catalysts and they allow a reduction in 
residence times. 
- Static m ixers. T hese enable residence t imes to b e r educed and they provide i nteresting 
solutions for r eaction pe rformance if c oupled w ith a  s eparation m odule, su ch as a  
decanter. 
- Membrane reactors. These allow separation of triglycerides for higher purity biodiesel, but 
this can lead to high costs of  materials. They also lack r esistance when strong bases or 
acids are used. 
- Reactive d istillation. This combines the r eactive s tep an d the separation of  pr oducts, 
however it requires very high amounts of energy. 
This chapter compiles and summarizes many research efforts dedicated to the development of 
innovative processes in the field of biodiesel production. The list of potential technologies identified is 
the basis of the w ork de veloped in t he ne xt p art, where innovative process t echnologies for 
transforming waste cooking oil are selected and experimentally tested.  
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Hydrolysisa b s t r a c t
This article reviews the intensiﬁcation of fatty acid methyl esters (FAME) production from waste cooking
oil (WCO) using innovative process equipment. In particular, it addresses the intensiﬁcation of WCO feed-
stock transformation by transesteriﬁcation, esteriﬁcation and hydrolysis reactions. It also discusses cat-
alyst choice and product separation. FAME production can be intensiﬁed via the use of a number of
process equipment types, including as cavitational reactors, oscillatory bafﬂed reactors, microwave reac-
tors, reactive distillation, static mixers and microstructured reactors. Furthermore, continuous ﬂow
equipment that integrate both reaction and separation steps appear to be the best means for intensifying
FAME production. Heterogeneous catalysts have also shown to provide attractive results in terms of reac-
tion performance in certain equipment, such as microwave reactors and reactive distillation.
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1.1. Context and objectives
Biological resources are currently the best alternative to fossil
fuels or petrochemical solvents for renewable energy and green
chemistry applications. The production of biodiesel, composed of
fatty acid methyl esters (FAME), has received much attention in re-
search over the last 15 years as it is an organic, biodegradable and
non-toxic fuel source that is made from renewable resources such
as vegetable oils and animal fats. Although virgin and food-grade
oils have proven to be suitable feedstocks for biodiesel production,
the use of edible vegetable oils evokes the ‘food versus fuel’ debate
on the use of widespread farmland areas for biofuel production in
detriment of food supply [1]. Furthermore, in addition to increas-
ing food demands the increasing demand for oil for biofuel produc-
tion could ultimately lead to deforestation and desertiﬁcation [2].
The use of non-edible crops, such as jatropha or castor oil, avoids
the direct competition for food oils but does not resolve the prob-
lem of requiring large plantation land areas [3]. This competition
explains the high price of edible oils, representing about 60–90%
of the process cost [4]. Waste cooking oil (WCO) as a potential
renewable feedstock appears to be an economically and environ-
mentally viable solution for FAME production and presents a num-
ber of advantages: e.g. WCO are two to three times cheaper than
virgin oils [5], the recycling of WCO reduces waste treatment costs
[6], and the quality of the FAME is the same as that produced with
virgin oils [7]. In France, the release of waste oils in sewage is pro-
hibited and governmental legislations require waste cooking oils
from restaurants and food industries to be collected for recycling
and disposal (France, article R. 1331-2, public health code [8]). In
the UK, the collect of waste cooking oil is strongly supported for
reducing costs of waste disposal and for the production of renew-
able energy (Food standards Agency [9]). In the USA, several com-
panies and communities (e.g. Restaurant Technologies Inc. [10],
Shakopee Mdewakanton Dakota Community [11]) provide solu-
tions for waste oil management and recycling.
Although the main use of FAME is biodiesel, many other indus-
trial applications exist [12]. Indeed, FAME possess good solvent
properties with low volatility, as well as being biodegradable and
non-toxic. As a result, FAME have been used to wash metal pieces
[13], printing material, grafﬁti [14], automobiles and plane parts
[15], as well as for cleaning up oil spills [16]. FAME are also used
as binders in inks [17], as well as thinning agents for building
and civil engineering work [18]. Other applications include the
production of pesticides [19] and phytosanitary products [20].
Numerous publications on FAME production are available in the
current literature and most of these studies focus on various as-
pects of the transesteriﬁcation reaction. Amongst these, a number
of reviews have concentrated on the different ways to catalyze the
transesteriﬁcation reaction [21–26] and particularly with calcium
oxide [27] or heterogeneous catalysis [28–31]. Some papers have
also focused on the different means for pre-treating WCO beforetransesteriﬁcation [6,7,21,23]. Qiu et al. [32] reviewed process
intensiﬁcation technologies for biodiesel production via homoge-
nous base-catalyzed transesteriﬁcation. Talebian-Kiakalaieh et al.
[33] and Maddikeri et al. [34] reviewed novel biodiesel processes
using WCO feedstocks. Emerging processes for biodiesel produc-
tion are also reviewed by Oh et al. [35]. A number of authors also
discuss acoustic cavitation, microwaves [22,24,26,36], membrane
reactors and reactive distillation [37] as means to intensify the
transesteriﬁcation reaction for FAME production. Finally, the meth-
ods for separation and puriﬁcation of biodiesel at the outlet of the
reactor have been discussed by Leung et al. [21], Enweremadu and
Mbarawa [23], and Atadashi et al. [38].
The objective of this article is to critically review the different
intensiﬁed process equipment available and adapted to the global
FAME production process and to evaluate their use for the transe-
steriﬁcation reaction, as well as the pretreatment reactions (i.e.
esteriﬁcation and hydrolysis) in the case where WCO is used as
feedstock. In particular, reaction performance, mass transfer
enhancement, ease of separation, possible catalyst types (acid or
base, homogeneous or heterogeneous) and energy efﬁciency of
the equipment are discussed. Finally, recommendations on the
choice of intensiﬁed process equipment for FAME production are
given.
In this review the discussion and evaluation of the capacities of
various intensiﬁed process equipment for FAME production (Sec-
tions 2 and 3) is preceded with technical information on the re-
lated reactions, catalysis, WCO regeneration, and conventional
industrial processes (Sections 1.2–1.4) as introductory material.1.2. Reactions and catalysis
In the biodiesel industry, vegetable oil is usually transformed
into FAME by transesteriﬁcation. In this reaction, triglyceride re-
acts with alcohol to give FAME and glycerol, as shown in Fig. 1.
Typically, methanol is preferred as the alcohol because of its higher
reactivity and low price [21].
This reaction is catalyzed using either homogeneous or hetero-
geneous, acid or basic catalysts, or enzymes. Various catalysts exist
and have been well described in a number of recent reviews [21–
26,36]. Table 1 summarizes the strengths and weaknesses of the20
Table 1
Comparison of the different types of catalysis of the transesteriﬁcation reaction [22].
Type of catalyst Advantages Disadvantages
Homogenous base – Very fast reaction rate – Sensitive to FFA content
– Mild reaction conditions – Soap formation (causing yield to decrease and increase difﬁculty for product
and catalyst separation)
– Inexpensive
Heterogeneous base – Faster than acid– catalyzed reaction – Poisoned at ambient air
– Mild reaction conditions – Sensitive to FFA content
– Easy separation of catalyst – Soap formation
– Easy reuse and regeneration of catalyst – Leaching of catalyst causing contamination of product
– Energy intensive
Homogeneous acid – Insensitive to FFA and water content – Very slow reaction rate
– Simultaneous esteriﬁcation and transesteriﬁcation
possible
– Corrosive catalysts (e.g. H2SO4)
– Mild reaction conditions – Separation of catalyst is difﬁcult
Heterogeneous acid – Insensitive to FFA and water content – Complicated reaction synthesis leading to higher processing costs
– Simultaneous esteriﬁcation and transesteriﬁcation – High reaction temperature, high alcohol to oil molar ratio, long reaction times
– Easy separation of catalyst – Energy intensive
– Easy reuse and regeneration of catalyst – Leaching of catalyst causing contamination of product
Enzyme – Low reaction temperature (lower than for homogenous
base catalysts)
– Very slow reaction rate
– Only one puriﬁcation step necessary – High costs
– Sensitive to alcohol (typically methanol, causing deactivation)
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neous alkali catalysts (e.g. KOH, NaOH) are the most often used.
These inexpensive catalysts lead to short reaction times and are
easy to handle in terms of transportation and storage [36]. How-
ever, base-catalyzed transesteriﬁcation is very sensitive to the
presence of free fatty acids (FFA) in the oil, which leads to unde-
sired soap formation. Soap formation decreases the reaction yield
and facilitates the formation of emulsions, thereby causing difﬁcul-
ties in the downstream separation process [3,39]. Consequently, it
is generally recommended that the acidity of the oil must be less
than 1 mg KOH/g oil [6,23]. Alkali catalysis is also sensitive to pres-
ence of water, forming inactive alkaline soaps [40]. Water content
is therefore limited to 0.05 vol.% (ASTM D6751 standard) [21]. It is
important to point out that the FFA content is very different in un-
used vegetable oils compared with WCO. Cooking processes and
the presence of water cause the hydrolysis of triglycerides, which
increases the FFA content in the oil [3,41]. The absence of oxygen
at high temperatures causes thermolytic reactions whereas oxida-
tive reactions occur if air is dissolved [22], thereby changing the
composition of the oil. Polymerization and saponiﬁcation can also
occur [7]. Furthermore, the viscosity, surface tension and color of
virgin oils change after the cooking processes [42]. Unlike base-cat-
alyzed transesteriﬁcation, acid-catalyzed transesteriﬁcation is
insensitive to FFA content. However, it is associated with a number
of disadvantages, for example the need of higher reaction temper-
atures and alcohol to oil molar ratios, the difﬁculty of catalyst sep-
aration, as well as serious environmental and corrosion issues [22].
Most importantly, the reaction rate of acid-catalysed transesteriﬁ-
cation has been reported to be 4000 times slower than that using
alkalis [43]. This has been proven in a number of studies: e.g. a
base-catalyzed transesteriﬁcation carried out at 65 C, a methanol
to oil molar ratio of 6:1, and 1% w/w of KOH has shown to give a
96.15% yield in 1 h [44] whereas an acid-catalyzed transesteriﬁca-
tion carried out at 65 C, a methanol to oil molar ratio of 30:1% and
1% w/w of sulfuric acid has shown to give 90% yield in 69 h [45].
As summarized in Table 1, heterogeneous catalysis offers a
number of advantages over homogenous catalysis and in particu-
lar, the ease of catalyst separation and the possibility to reuse
and regenerate it. However, in industrial practice, heterogeneous
catalysts are less widely used due to the high temperatures re-
quired, the problems related to catalyst leaching, and their sensi-tivity to FFA and water content [46]. Nevertheless, recently
studies show that a novel heterogeneous catalyst, srontium oxide
(SrO), gives faster reaction rates than the usual homogenous cata-
lyst types, such as potassium hydroxide [46,47]. The yield is great-
er than 95% at 65 C in 30 min of reaction time in presence of
3 wt.% of SrO and the activity is retained for 10 cycles [47]. A
SrO/SiO2 catalyst leads to a 95% conversion in 10 min and even
with about 3 wt.% of FFA and water, the conversion is still greater
than 90% in 20 min [46]. One of the main advantages of this novel
alkali heterogeneous catalyst is that it allows WCO treatment with
less strict requirements: indeed, SrO can catalyze the transesteriﬁ-
cation of WCO even if the FFA and water content are greater than
the limits required for conventional homogeneous base-catalysts
(3 wt.%).1.3. Regeneration of waste cooking oil
Since the interest in WCO for biofuel production has increased
in recent years, there is an increased need for the reduction of
FFA in WCO. Indeed, if the FFA content of WCO is too high (superior
to 1 mg KOH/g oil), the transesteriﬁcation conversion rate is insuf-
ﬁcient and too much soap is produced, hindering the separation of
glycerol and ester. In such cases, a pretreatment step is required to
regenerate the WCO, thereby improving its quality in terms of FFA
and water content in detriment of increased processing costs [23].
As described in a recent review [36], many physical methods for
reducing FFA, moisture and solids content in WCO exist. Moisture
can be removed by drying (with MgSO4, calcium chloride, ion ex-
change resins), by ﬁltration (under vacuum, through a chromatog-
raphy column, silica gel or cellulose ﬁber, under microwave
irradiation), with steam injection and sedimentation treatment,
as well as by distillation. FFA content can be reduced by the neu-
tralization and the separation of soaps in a decanter, membrane ﬁl-
tration [48], and solvent extraction (particularly with anhydrous
methanol or ethanol) [49]. Filtration is typically used for the re-
moval of suspended solids and water washing is employed for
the separation of soluble salts from the WCO [6].
Chemical pretreatment methods are another way to reduce FFA
content. Three alternatives exist for FAME production. The ﬁrst is
acid-catalyzed esteriﬁcation shown in Fig. 2. The esteriﬁcation of21
Fig. 2. Reaction scheme for the esteriﬁcation of fatty acids with methanol to methyl
esters and water.
Fig. 3. Reaction scheme of the esteriﬁcation of fatty acids with glycerol to
glycerides and water.
Fig. 4. Reaction scheme of the hydrolysis of triglycerides to fatty acids and glycerol.
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performing the transesteriﬁcation.
Esteriﬁcation typically uses methanol (or ethanol) but glycerol
may also be employed [50] as shown by the reaction scheme, given
in Fig. 3. This direct esteriﬁcation of fatty acids with glycerol is of
particular interest since the WCO is not only regenerated but the
FFA levels are also reduced using glycerol, which is the side-prod-
uct of the biodiesel reaction. Another industrial application of this
reaction is production of monoglycerides [51]. A number of recent
studies have focused on the development of various heterogeneous
catalysts for this reaction including zinc [50], Fe–Zn double-metal
cyanide catalyst [52], and solid superacid SO24 =ZrO2  Al2O3 [53]
leading to acceptable conversion at 200 C and under atmospheric
pressure after 3–4 h reaction time. Enzymatic catalysis has also
been explored and has shown to give about 90% conversion in
about 80 h with immobilized lipase (Rhizomucor miehei) [54] and
a 96.5% yield is obtained in 72 h with Novozym 435 [55].
Another chemical route for the regeneration of WCO and the
production of FAME is hydroesteriﬁcation. In this reaction the,
FFA are ﬁrst concentrated via hydrolysis as shown in Fig. 4, and
then transformed to FAME via esteriﬁcation. Continuous hydrolysis
processes have existed in industry for many years (e.g. Colgate-
Emery, Foster-Wheeler). They are typically conducted at high
temperature (260 C) due to the absence of catalyst and at high
pressures (50 bar) to maintain the reactants in a liquid state,
enabling thus 98% conversion [56,57]. More recently, Satyarthi
et al. [58] obtained 80% of FFA at 190 C with a solid catalyst
(Fe–Zn) in 12 h. Hydroesteriﬁcation thus combines the well-known
hydrolysis process with fatty acid esteriﬁcation. It is currently used
in commercial biodiesel plants in Brazil [59].It is interesting to point out that all three reactions related to
FAME production (i.e. transesteriﬁcation, esteriﬁcation and hydro-
lysis) involve a reaction between two immiscible reactants and are
mass-transfer limited. Further, a numbers of similarities can be
found between these three reaction types. A comparison of perfor-
mance of these different reactions in conventional processes is gi-
ven in the next section.
1.4. Conventional processes
Before entering the discussion on the various intensiﬁed pro-
cess equipment for FAME production, it is important to highlight
the characteristics of existing FAME production or related pro-
cesses using conventional equipment, such as stirred tank reactors,
packed beds and columns.
Table 2 gives typical examples of process characteristics of
transesteriﬁcation and esteriﬁcation reactions performed in labo-
ratory-scale stirred tank reactors. The most important features of
these reactions are the immiscibility (or partial miscibility) of the
reactants and products, and the reaction time for acceptable con-
version, which is of the order of a couple of hours in these small
scale reactors.
At the level of industrial production, the French Institute of
Petroleum (IFP) has developed both a discontinuous and a contin-
uous process for transesteriﬁcation using a homogenous alkali cat-
alyst [62]. The discontinuous reactor operates at temperatures
between 45 and 85 C with a maximum pressure of 2.5 bar and
produces 80,000 tons of FAME per year. The time required to reach
thermodynamic equilibrium is on the scale of 1 h and the yield is
between 98.5% and 99.4%. The continuous process leads to similar
yields and the production capacity is superior to 100,000 tons per
year. A continuous heterogeneous base-catalyzed transesteriﬁca-
tion process named ESTERFIP-H™ has also been developed by IFP
[62]. The catalyst is a zinc aluminate spinel (Zn Al2 O4), the operat-
ing temperature and pressure ranges between 180–220 C and 40–
60 bar, respectively. The yields achieved are greater than 98%. In
Brazil, there are a signiﬁcant number of biodiesel plants in opera-
tion. One example is the biodiesel plant in Belém-PA-Brazil that
started up in April 2005. This plant produces 12,000 ton/year using
a heterogeneous catalytic esteriﬁcation of fatty acids in a ﬁxed bed
reactor and involves several steps of chemical reaction and product
separation [59].
Examination of the literature data on the performance of labo-
ratory and industrial processes highlights that transesteriﬁcation,
esteriﬁcation and hydrolysis are all limited by mass transfer. In
the case of transesteriﬁcation, the mass transfer limitation [63] re-
sults in reaction times of the order of a couple of hours for desired
conversion (up to 96.5%) [60,64]. Indeed, the reaction rate is lim-
ited by the immiscibility of triglycerides and methanol at the
beginning of the reaction and then because the glycerol phase sep-
arates out taking most of the catalyst with it as the reaction pro-
ceeds [66]. This latter point is conﬁrmed by kinetics, which show
that the reaction rate is sigmoidal, i.e. slow at both the beginning
and end of the reaction but fast at an intermediate stage [67]. In-
deed, the initial immiscibility between reactants rapidly disap-
pears because of the formation of diglycerides and
monoglycerides, which play the role of emulsiﬁer [68]. As the
mono and diglycerides appear, the size of the dispersed phase
droplets decreases and then increases as glycerol is formed [67].
The size of droplets (and consequently the interfacial area) there-
fore directly inﬂuences the reaction rate [69]. Esteriﬁcation with
both methanol and glycerol is limited by mass transfer due to
the low solubility between the reactants [70,71]. Partial miscibility
is observed with short-chain fatty acids and equilibrium can be
shifted with an excess of reactant or the removal of the product.
In hydrolysis, high temperatures allow higher oil solubility in22
Table 2
Comparison of the characteristics of the different reactions in conventional processes [50,60,61].
















1.5 L glass cylindrical
reactor





0.5 L three neck round
bottom ﬂask





Lab scale stirred reactor No Partial (increased with high
temperatures)
No 200 1 3 90 [50]
Fig. 5. Types of liquid–liquid ﬂow patterns in microreactors: (A) slug ﬂow; and (B)
parallel ﬂow [78].
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improve mass transfer. Equilibrium can also be shifted using an ex-
cess in water [56] or by removing product.
The use of process intensiﬁcation equipment for FAME produc-
tion provides a means to reduce the mass transfer limitations re-
lated to transesteriﬁcation, esteriﬁcation and hydrolysis with less
energy consumption, as well as under safer and cleaner conditions.
A step towards integrating process intensiﬁcation in biofuel plants
is illustrated by the Biobrax plant (Bahia, Brazil), which produces
60,000 tons of biodiesel per year by hydroesteriﬁcation [72]. The
process is based on a combination of a counter current splitting
column and reactive distillation with a heterogeneous catalyst
operated at 260 C. Although distillation is an energy demanding
operation, the reactive distillation step has the advantage of com-
bining the reaction and separation steps of the esteriﬁcation, pro-
viding thus a more efﬁcient and cleaner process. Indeed, it has
been shown under batch conditions, where the reaction and sepa-
ration steps are carried out consecutively, that the time required to
separate the ester product from the glycerol is sixteen times great-
er than the time required reach 95% conversion [44].
2. Process equipment for the intensiﬁcation of FAME
production
A number of means to intensify processes exist and these in-
volve a range of equipment types and methods, including microre-
action technology, multifunctional reactors and novel activation
techniques like microwaves and ultrasounds [73,74]. In this sec-
tion, the use of process intensiﬁcation techniques that are adapted
to liquid–liquid mass transfer limited reactions, such as transeste-
riﬁcation, esteriﬁcation and hydrolysis are reviewed and assessed.
In the following sections, yield is deﬁned by the relation:
y ¼ nFAME=3nTG ð1Þ
y is the yield, nFAME is the number of moles of FAME and nTG is the
initial number of moles of triglycerides.
Conversion is deﬁned by the relation:
c ¼ ðnTG initial  nTG finalÞ=nTG initial ð2Þ
c is the conversion (%), nTG initial is the initial number of moles of tri-
glycerides and nTGﬁnal is the ﬁnal number of moles of triglycerides.
2.1. Microreactors
Microreaction technology for chemical and biological applica-
tions has undergone major technical and scientiﬁc development
since the mid-1990s and these miniaturized reaction systems have
now proven, through both research and industrial practice, to
provide innovative and sustainable solutions for the chemical
and process industries [75,76]. Due to the small characteristic
dimensions and the extremely high surface to volume ratio of
these reactors, heat and mass transfer are remarkably intensiﬁedand the temperature within can be tightly controlled. These fea-
tures make microreactors particularly adapted to mixing limited,
highly exo/endothermic and/or mass transfer limited reactions.
Microreactors are of particular interest for performing immisci-
ble liquid–liquid reactions because they potentially offer very high
interfacial area between phases, thereby improving the rate of
mass transfer [77]. Indeed, mass transfer enhancement is highly
dependent on the liquid–liquid ﬂow regime and droplet size,
which depend not only on the physical properties of the ﬂuids (vis-
cosity, density, interfacial tension. . .) but also the operating condi-
tions, the reactor geometry, as well as the properties of the
construction material (e.g. wettability, roughness) [76]. In liquid–
liquid ﬂow, two types of ﬂow regimes typically occur, namely
slug-ﬂow and parallel ﬂow as depicted in Fig. 5 [77,78]. The slug-
ﬂow pattern is characterized by drops of uniform size, separated
by uniform lengths of the continuous phase. Two mechanisms con-
tribute to the mass transfer process: convection within the dis-
persed drops and the continuous phase slugs due to the creation
of recirculation ﬂow patterns [77,79] and diffusion between adja-
cent slugs of dispersed and continuous phases. Mass transfer can
be enhanced by increasing the interfacial area and the intensity
of recirculation in the slugs, which depend on operating conditions.
Parallel ﬂow consists of two continuous streams of the dispersed
and continuous phases ﬂowing parallel to one another, without
convective mixing. Here, the rate of mass transfer is governed by
the diffusive mechanism and depends directly on the characteristic
size of the ﬂuid streams and therefore the microreactor geometry.
The fact that no droplets are formed means that phase separation
at the reactor outlet is relatively easy [80]. It is worthwhile point
out that the interfacial area and intensity of internal recirculation
in slug ﬂow can be modiﬁed by changing the ﬂow rate in a given
microreactor, whereas in parallel ﬂow the interfacial area is deter-
mined by the characteristic dimension of the microreactor geome-
try or microchannel.
For the transesteriﬁcation reaction, a microreactor may be a via-
ble choice because the reaction is limited by mass transfer and the23
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areas between phases to be obtained. In transesteriﬁcation, the
reactants (e.g. methanol and glycerides) are immiscible at the
beginning of the reaction, an emulsion of ﬁne droplets (or pseu-
do-homogenous phase) is obtained during the reaction, and then
at the end of the reaction the products (esters and glycerol) form
two distinct and immiscible phases again [69]. The emulsion of ﬁne
droplets formed during the course of the reaction (depicted in
Fig. 6) is speciﬁc to transesteriﬁcation and due to the formation
of mono and diglycerides [68]. Table 3 shows a typical advantage
of microreactors over batch reactors in the fact that a smaller
emulsion droplet size is achieved in a shorter processing time
[81], which means that higher conversion in a shorter time can
be achieved in microreactors.
A number of studies in the literature have demonstrated the
feasibility of using microreactors for improving the performance
of transesteriﬁcation reactions. Table 4 compares the different data
available for a homogeneous base-catalysed transesteriﬁcation
reaction in terms of reaction and ﬂow conditions, microreactor
characteristics and reaction performance.
From the ensemble of these data, it can be seen that it is very
difﬁcult to correlate reaction conditions, ﬂow conditions and mic-
roreactor characteristics. However, a general observation for all re-
sults can be made being that very high yields and conversions can
be obtained for the transesteriﬁcation within just a few minutes in
the microreactor, compared with a reaction time of the order of an
hour in conventional batch conditions [81]. This can be attributed
to the small droplet size and large interfacial area obtained almost
immediately in the microreactor.
Although it is not directly clear from the results in Table 4, the
characteristic dimension of the microreactor (typically the diame-
ter of the microchannel) has an important effect on the reactionFig. 6. Evolution of liquid–liquid ﬂow patterns over the course of a transesteriﬁ-
cation reaction in a microreactor. (a) Slug ﬂow whereby the reactants form two
distinct phases; (b) Beginning of emulsion formation in the continuous phase due to
the production of mono- and di-glycerides; and (c) Emulsion during the course of
the reaction, before phase separation of products. [82].
Table 3
Inﬂuence of the type of reactor on the droplets mean diameter (dm) for the
transesteriﬁcation reaction [94,81].
Type of reactor Operating time (min) dm (lm)
Batch (250 mL) 3 12.9
(two ﬂat-blade paddle agitator) 60 5.1
Microreactor (d = 140 lm) 0.5 1.9performance as it directly inﬂuences drop size and interfacial area.
This effect of miniaturisation is clearly illustrated in Table 5. As the
microreactor diameter decreases from 2 mm to 250 lm, the inter-
facial area increases 8-fold. Further, the yield increases whilst the
residence time remains ﬁxed, which shows that the increased reac-
tion performance is directly due to the effects of miniaturisation.
Although reaction performance improves with decreasing drop
size, the downside is that phase separation at the outlet of the
reactor becomes more difﬁcult if an emulsion is formed. Indeed,
smaller drop size typically signiﬁes a more stable dispersion [86].
Nevertheless, it has been shown that the separation of transesteri-
ﬁcation products is almost instantaneous for slug and parallel ﬂow
[83,84] in continuous microreactors due to the relatively large size
of the slugs/streams compared with droplets in an emulsion
formed in batch tanks.
In addition to transesteriﬁcation reactions, microreactors have
also shown to be effective for use in the pretreatment step of
WCO via acid-catalyzed esteriﬁcation for the reduction of FFA. Ta-
ble 6 [87] summarizes the reaction performance of an esteriﬁca-
tion and a transesteriﬁcation both carried out with an acid
catalyst in a microreactor. The novelty of this work is that the same
acid catalyst is employed for both the esteriﬁcation and the transe-
steriﬁcation, which means that the ﬁnal catalyst neutralization and
separation steps are not required. The results show that in the ﬁrst
step of acid-catalyzed esteriﬁcation, the FFA present in the oil is
esteriﬁed in 7 min. The second step is the acid-catalyzed transeste-
riﬁcation, which has very slow reaction rate in conventional sys-
tems (e.g. 90% conversion in 69 h with 1%w sulfuric acid), but
demonstrates a dramatic decrease in reaction time in the miniatur-
ized system, with a 99.9% yield obtained in only 5 min [87].
There are no studies on the esteriﬁcation of fatty acids with
glycerol in microreactors reported in the literature. Indeed, operat-
ing temperatures above 200 C are conventionally employed to in-
crease solubility between the reactants. Microreaction technology
may therefore be an attractive alternative to current processes
since the high interfacial area and the excellent heat transfer char-
acteristics of microreactors could provide mass transfer enhance-
ment with reduced energy consumption. The hydrolysis of
triglycerides has however been demonstrated in a microreactor
(0.65 mm diameter) using immobilized enzymes at 25 C.
Although the reaction yield is particularly low at this temperature
– only 16.8% – it is ten times greater than that obtained in a batch
reactor [88]. It can therefore be inferred from these results that the
improved reaction performance in the microreactor is due to the
miniaturization effects and increased interfacial area between
phases.
Table 7 presents the advantages and drawbacks of microreac-
tors for the different reactions involved in FAME production. In
summary, the literature data show that the miniaturization of
reactors clearly has a positive effect on mass transfer limited reac-
tions principally due to an increase in the interfacial area between
phases. For the best performance of these reactors, it appears
important that process parameters be controlled such that an
emulsion (i.e. small drop sizes) is formed during the reaction for
the enhancement of reaction rates and that slug or parallel ﬂow
patterns are formed before the reactor outlet to facilitate the sep-
aration of products. The combination of parallel ﬂow and the con-
tinuous extraction of one of the products (e.g. glycerol or water,
depending on the reaction) also appears as an attractive means
to shift reaction equilibrium, as shown by Jachuck et al. [84] for
base-catalyzed transesteriﬁcation. The effects of miniaturization
have also shown to provide news ways to perform the reactions,
e.g. the use of a common catalyst and reactor for the both the pre-
treatment of high FFA content feedstock via esteriﬁcation and
FAME production via an acid-catalyzed transesteriﬁcation, which
takes only 5 min compared with tens of hours in conventional24
Table 4
Results obtained for homogeneous base-catalyzed transesteriﬁcation in microreactors. y: yield (%), c: conversion (%), R: molar ratio methanol:oil, t: residence time (min), w:
weight fraction of catalyst (%), T: temperature (C), u: reactor dimension (mm), F: ﬂow-rate (mL/h). I: beginning of the reaction, II: during the reaction, III: end of the reaction, s-f:
slug-ﬂow, e: emulsion, p: parallel ﬂow [81–85].
Oil Catalyst Performance Reaction conditions Type of reactor Flow-pattern Material u F Reference
y c R t w T I II III
Cottonseed (0.8% FFA) KOH 99.4 – 6 6 1 60 Micromixer + Tube s-f – s-f Quartz 0.25 14.7 [83]
Soybean NaOH 99.5 – 9 0.47 1.2 56 Zigzag microchannel e e e Stainless steel 0.24 8.1 [81]
Canola NaOH – 99.8 6 3 1 60 T-mixer + Tube – s-f p Teﬂon 1.5 231 [84]
Sunﬂower KOH – 100 23.9 1 4.5 60 T-joint + tube s-f e e FEP 0.8 8.2 [82]
– 59.3 4.6 3.7 4.5 60 T-joint + tube s-f e s-f FEP 0.8 8.2 [82]
– 100 23.9 1.6 4.5 40 T-joint + tube s-f e s-f FEP 0.8 8.2 [82]
– 97 11.3 0.83 4.5 60 T-joint + tube – – – FEP 0.8 8.2 [82]
Soybean KOH – 100 6 1.5 3.32 60 T-joint + Slit-channel s-f s-f s-f Nylon 2  152.4  1 12.2 [85]
Table 5
Inﬂuence of the characteristic dimension of the microreactor on interfacial area, a,
and on reaction yield. u: reactor dimension (mm), F: ﬂow-rate (mL/h), a: interfacial
area, y: yield (%) [83].
u (mm) F (mL/h) t (min) a (m3/m2) y (%) Reference
2 706.7 8 2000 78.6 [83]
0.53 48.4 8.2 7547 96.7
0.25 14.7 6 16,000 98.8
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ment in hydrolysis reactions has also been demonstrated and is
certainly a means for improving the performance of the esteriﬁca-
tion of glycerol.
The drawback of the use of microchannels and capillary tubes is
the low ﬂow rate capacity, which typically ranges from about 10–
200 mL/h. However, commercial microreaction technology equip-
ment exist (e.g. reactors by Corning Inc. [89], Chart [90], Ehrfeld
[91], IMM [92]) and allow high ﬂow rate capacities up to 10 L/h,
which may be more suitable to FAME production at an industrial
scale. Indeed, the performance of these reactors for FAME produc-
tion has rarely been studied and the enhancement of reaction rates
and mass transfer due to miniaturization, as well as the ease of
product separation are still yet to be demonstrated.
2.2. Cavitational reactors
Cavitation is the generation, growth and collapse of gaseous
cavities, which causes the release of large levels of energy in very
small volumes, thereby resulting in very high energy densities.
The phenomena can occur at millions of locations in the reactor
simultaneously, thereby generating conditions of very high local
temperature and pressures at overall ambient conditions. The gen-
eration of cavities is caused by pressure variations and occurs
when the local pressure is less than the saturation pressure. Four
techniques exist for the generation of cavitation: acoustic, hydro-
dynamic, optical and particle. Acoustic and hydrodynamic cavita-
tion are the most commonly employed techniques since the
intensity of optic and particle cavitation is insufﬁcient for FAME
production. In acoustic cavitation, ultrasounds produce pressure
variations in the liquid. Hydrodynamic cavitation, on the other
hand, is generated by creating a sudden variation in velocity dueTable 6
Results obtained for acid-catalyzed esteriﬁcation in microreactors. y: yield (%), c: conversion
(%), T: temperature (C), u: tube diameter (mm), F: ﬂow-rate (mL/h) [87].
Reaction Oil Catalyst Performance Reaction
y c R t
Esteriﬁcation Cottonseed (54% FFA) H2SO4 99.1 – 30 7
Transesteriﬁcation Cottonseed (0,8% FFA) H2SO4 – 99.9 20 5to a change in the geometry of the system (e.g. an oriﬁce or ven-
turi). For detailed general information on cavitation and existing
technologies, the reader is referred to reviews by Gogate et al.
[93–95].
When using cavitation to activate liquid phase reactions, two
mechanistic steps can be identiﬁed. Firstly, the cavity, which con-
tains vapor from the liquid phase or dissolved volatile gases, col-
lapses. The collapsing of the cavity induces extreme
temperatures and pressures causing molecules to fragment and
generate highly reactive radical species. These species react either
within the collapsing bubble or in the bulk liquid. Secondly, the
sudden collapse results in an inrush of the liquid, which ﬁlls the
void and produces shear forces in the surrounding bulk liquid that
are capable of breaking the chemical bounds of any molecules. For
liquid–liquid reactions, such as transesteriﬁcation, the cavitational
collapse near the liquid–liquid interface causes the rupture of the
interface and enhances mixing. This results in very ﬁne emulsions
that are typically more stable than those obtained in conventional
reactors [93]. Indeed, the creation of such ﬁne emulsions, and
therefore high interfacial area between reacting phases, enables
mass-transfer limited reactions such as transesteriﬁcation, esteriﬁ-
cation or hydrolysis to be greatly enhanced.
Tables 8, 9 and 10 present the performance of esteriﬁcation,
transesteriﬁcation and hydrolysis reactions activated via acoustic
and hydrodynamic cavitation, respectively. Indeed, acoustic cavita-
tion has been more widely studied than hydrodynamic cavitation
and a detailed reviews of acoustic cavitation as a means for inten-
sifying FAME production have been given in Gole and Gogate [94],
Veljkovic et al. [96] and Badday et al. [97]. Ultrasonic cavitation
using heterogeneous catalysts have also been reviewed by
Ramachandran et al. [98] (see Tables 10 and 13).
In Table 8 it can be seen that the residence time of base-catalyzed
transesteriﬁcation reactions in the presence of ultrasounds is
around 15–20 min for most of the cases and only a few minutes or
seconds for others. This is signiﬁcantly shorter than reactions times
achieved in conventional reactors that are on the order of one hour.
Another interesting point is that short reaction times and high
yields can be achieved even at ambient temperature. On the other
hand, the reaction time of acid-catalyzed esteriﬁcation at overall
ambient temperatures and pressures is not improved with acoustic
cavitation. The heterogeneous superacid clay catalyst used gives(%), R: molar ratio methanol:oil, t: residence time (min),w: weight fraction of catalyst
conditions Type of reactor Materiau u F Reference
w T
3 100 Micro-mixer + Tube Stainless steel 1.2 12 [87]
3 120 Micro-mixer + Tube Stainlesssteel 1.2 12
25
Table 7
Advantages and drawbacks of microreactors for transesteriﬁcation, esteriﬁcation with
methanol and glycerol, as well as hydrolysis reactions.
Microreactors Advantages Drawbacks
Transesteriﬁcation – short reaction times – Low ﬂow rates
(10–200 mL/)– control of the ﬂow pattern to
increase mixing during
the reaction and to facilitate the





– short reaction times
– possibility to keep the same
catalyst to transform the





Hydrolysis – Positive effect – Yield still low
with enzymatic
catalysis
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more, the conversion was found to be only 41% when the catalyst
is regenerated and reused a second time for a new reaction under
the same conditions [110]. The feasibility of glycerol esteriﬁcation
of fatty acids with a homogenous acid catalyst in an ultrasonic reac-
tor has also been demonstrated [111]. Although 98.5% conversion is
obtained after a reaction time of 6 h and a temperature of 90 C,
these conditions are better than those required in conventional
batch reactors (Gomes and Vergueiro [50] obtain a 90% conversion
in 3 h with a molar ratio of fatty acid to glycerol of 3 at 220 C,
and Robles Medina et al. [55] obtain a 96.5% yield in 72 h with an
enzymatic catalyst). Indeed, glycerol esteriﬁcation typically re-
quires high temperature conditions and good mass transfer, and
cavitation (via the generation of localized hot spots) appears to be
a promisingway for enhancing the reaction. The generation of local-Table 8
Results obtained for transesteriﬁcation, esteriﬁcation (with methanol and glycerol) and hy
methanol:(acid or oil), t: residence time (min), w: weight fraction of catalyst (%), T: temper




Neat vegetable oil NaOH 98 – 6
Vegetable oil NaOH 98 – 6
Crude cottonseed oil NaOH 98 – 6.2
Soybean KOH 99.4 – 6
Soybean KOH 99 – 6
Soybean NaOH 95 – 5
Soybean NaOH 98 – 23.9
Triolein KOH 99 6
Beef tallow KOH – 92 6
Continuous transesteriﬁcation
Canola KOH >99 – 5
WCO KOH 1st Reactor: 81 – 2.5
2nd Reactor: 97.5 – 1.5
Global: 93.8 – –
Commercial oil KOH – 95 6
– 85 6
Esteriﬁcation (batch)
Caprylic (C8) H2SO4 – 99 10
Capric (C10) H2SO4 – 98 10
Fatty acid Superacid clay – 97 10
Esteriﬁcation with glycerol (batch)
FFA (C8AC10) H2SO4 98.5 3
Hydrolysis
Kerdi oil None 80 10ized hot spots at overall ambient operating temperatures is also the
principal interest in performing hydrolysis reactions in cavitation
reactors [112]. This reaction type typically requires high tempera-
tures around 200 C and the limit is set at 250 C [115] in conven-
tional processes. Cavitational reactors typically allow milder and
safer operating conditions, do not require catalysts and enable the
reaction time to be reduced (e.g. 10 h to obtain 80% of FFA compared
with 12 h to obtain the same quantity of FFA with a solid catalyst in
batch conditions [58]).
The most important issue concerning acoustic cavitation is re-
lated to reactor scale-up so that large ﬂuid volumes can be pro-
cessed. The ultrasound probe generates the cavitation
phenomena in the vicinity of the probe tip and the major difﬁculty
is then obtaining a homogeneous ultrasonic ﬁeld throughout the
entire reactor volume. Therefore, as the reactor volume increases,
an increased amount of ultrasound power must be dissipated to
the reaction mixture. A complex design with several powerful
probes is required in order to obtain a homogenous acoustic ﬁeld
in larger reactors [96]. Continuous reactors may also be preferred
to batch reactors as they enable processing with smaller volumes
for the same production capacity. The results obtained by Thanh
et al. [108] demonstrate the interest in employing acoustic cavita-
tion in a continuous reactor. Their results show that high yield can
be attained in less than a minute at room temperature conditions
and a throughput capacity that is potentially of interest for indus-
trial applications. Moreover, Thanh et al. [107] noticed that product
separation is facilitated with the decrease of operating tempera-
ture and molar ratio of methanol to oil.
Hydrodynamic cavitation is more energy efﬁcient than acoustic
cavitation (1  104–1  103 g/J for hydrodynamic cavitation,
5  106–2  105 g/J for acoustic cavitation [110,114]) although
academic examples of its use for FAME production are relatively
rare. Industrial examples of hydrodynamic cavitational reactors
are given by Arisdyne Syst. Inc. [116] and Hydro Dynamics Inc.
[117], who commercialize the Controlled Flow Cavitation (CFC)drolysis in acoustic cavitational reactors. y: yield (%), c: conversion (%), R: molar ratio
ature (C), P: power (W), f: frequency (kHz), V: volume (L), F: ﬂow rate (L/h) [99–112].
conditions Reference
t w T P f V F
20 0.5 25 400 40 – – [99]
20 0.5 36 720 (60%) 40 0.1 – [100]
8 1 25 – 40 – – [101]
15 1 40 14.5 20 0.25 – [102]
5 1 89 400 24 0.125 – [103]
1.5 1 40 2200 20 0.75 – [104]
15 0.5 – – – 8 – [95]
30 1 ambient 1200 40 – – [105]
1.17 0.5 60 400 24 2 – [106]
50 0.7 25 20 0.8 480 [107]
0.53 0.7 ambient 1000 20 0.8 90 [108]
0.4 0.3 ambient – – – 120
0.93 – – – – – –
20 – 40 600 45 2.62 7.8 [109]
20 – 40 6.35 19
75 2 40 120 20 3.5 – [110]
75 2 40 – [110]
420 2 40 – [110]
360 5 90 – – – – [111]
600 0 40 – – – – [112]
26
Table 9
Results obtained for transesteriﬁcation in continuous hydrodynamic cavitational reactors. c: conversion (%), R: molar ratio methanol:oil, t: residence time (min),m: molar fraction
of catalyst (%), T: temperature (C), DP: pressure drop (bar), (1): ﬁrst reactor, (2): second reactor [113,114].
Oil Catalyst Performance Reaction conditions Conﬁguration DP Reference
c R t m T (1) (2)
Hydrodynamic cavitation
Transesteriﬁcation
Soybean NaOH 98.7 6 0.12 3 100 1 Cavitational reactor 17.2 – [113]
2 Cavitational reactors in series 17.2 8.3
Soybean NaOH 99 6 0.71 3 60 4 Cavitational reactors in series 37.9 (total)
99.9 6 0.71 3 100 4 Cavitational reactors in series 37.9 (total)
Used Frying Oil KOH 95 – 10 – 60 A plate with 1, 25, 16 or 20 holes From 1 to 3 [114]
Table 10
Results obtained for esteriﬁcation with methanol in hydrodynamic cavitational reactors. c: conversion (%), R: molar ratio methanol:oil, glycerol: fatty acid and water: oil, t:
residence time (min), w: weight fraction of catalyst (%), T: temperature (C) [110].
Reactant Catalyst Performance Reaction conditions Reference
c R t w T
Hydrodynamic cavitation
Esteriﬁcation with methanol
FFA H2SO4 92 10 90 1 30 [110]
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tors allow ﬂexible industrial scale ﬂow conditions with capacities
ranging from hundreds to tens of hundreds of liters per hour. An
example of results obtained for the transesteriﬁcation of soybean
oil using one cavitational reactor or several in series are given in
Table 9. Clearly, the main advantage of these reactors is the possi-
bility to obtain almost 100% conversion in only few microseconds.
Moreover, an important consequence of such short reaction times
is also the reduction of soap formation and emulsiﬁcation [118],
which in turn facilitates the decantation and separation of the
products.
The advantages and drawbacks of acoustic and hydrodynamic
cavitation for FAME production are summarized in Table 11. From
the literature data it can be concluded that transesteriﬁcation is
clearly intensiﬁed by cavitation phenomena, which provides short
reaction times especially in industrial hydrodynamic cavitational
reactors. For the esteriﬁcation of methanol, however, cavitation
does not allow a reduction in reaction times, although it does en-
able the reaction to be carried out at ambient conditions. Esteriﬁ-
cation of glycerol is conventionally performed at high
temperatures and the use of cavitation allows the operating tem-
perature to be decreased and, at the same time, provides shorter
reaction times. Finally, the use of cavitation in hydrolysis of oils
has proved to enable milder operating conditions than the usual
high temperature and pressure requirements, however, the reac-
tion times still remain long. In terms of ﬂow rate or processing vol-
umes, hydrodynamic cavitation appears to be more adapted to
high capacity demands compared with acoustic cavitation devices
since obtaining a uniform acoustic ﬁeld in large volumes is difﬁ-
cult. Indeed, hydrodynamic cavitation has proved to be industrially
interesting for the intensiﬁcation of transesteriﬁcation reactions;
however too few data for the other types of reactions in such reac-
tors are available making it difﬁcult to deﬁnitely conclude on the
potential of this technique for the intensiﬁcation of FAME produc-
tion. Esteriﬁcation with methanol has been performed in an hydro-
dynamic cavitational reactor, see Table 10. The performance is
similar to esteriﬁcation in acoustic cavitational reactor.
2.3. Microwave reactor
The development of microwave technology for the process
industries is rather recent and relatively slow because of the lackof control and reproducibility of results, the poor understanding
of the dielectric phenomenon occurring, several safety issues and
the difﬁculty to scale-up microwave processes for industrial pro-
duction. The two major mechanisms involved in microwave tech-
nology are dipolar polarization and ionic conduction. Dipolar
polarization occurs when dipoles are forced to align with the direc-
tion imposed by the electric ﬁeld, which is caused by the micro-
wave irradiation. The electric ﬁeld, however, rapidly oscillates
and the dipole therefore tries to realign itself with this electric ﬁeld
as fast as possible by rotation. The frequency of microwaves is suf-
ﬁciently high to cause a phase difference between the ﬁeld and the
dipole orientation and the resulting frictional and collision forces
between the molecules thus generate heat. Ionic conduction occurs
as the charged dissolved particles oscillate under the inﬂuence of
the microwave ﬁeld. When the direction of the electric ﬁeld is
changing, the ions slow down and change direction thereby dissi-
pating kinetic energy as heat. This dissipation is caused by friction
[119,120]. A more detailed description of microwaves applied in
chemistry can be found in [121,122]. In addition, two recent re-
views focus on biodiesel production assisted by microwaves
[123,124].
Microwaves are a technology of interest for transesteriﬁcation,
esteriﬁcation or hydrolysis reactions since they allow increased
heating of the reaction medium, which leads to an increase in reac-
tion rate. In early studies on the effects of microwaves in organic
synthesis, Lidström et al. [120] observed that for a reaction rate
K = A  exp(DG/RT), the constant A, which describes the molecular
mobility, is increased under microwave irradiation due to the in-
creased vibration frequency of the molecules. Terigar et al. [125]
also observed that transesteriﬁcation reaction rates are signiﬁ-
cantly increased under microwave irradiation and that transesteri-
ﬁcation with methanol is more sensitive to microwaves than that
with ethanol due to the lower gyration radius and molecular iner-
tia of methanol. The efﬁciency of the transesteriﬁcation reactions is
explained by the dielectric properties of the ionic mixtures and the
polar compounds present in the vegetal oil, alcohol and catalyst.
Asamuka et al. [126] further attributed the positive effect of micro-
waves on transesteriﬁcation to factors other than heating efﬁ-
ciency. Firstly, the conformational isomer of the triglyceride has
a lower dipolar moment under microwave irradiation and conse-
quently a lower activation energy. Secondly, the vibration around
the C@O bond is stronger under microwave irradiation, thereby27
Table 11
Advantages and drawbacks of acoustic and hydrodynamic cavitation for transesteriﬁcation, esteriﬁcation with methanol and glycerol, and hydrolysis reactions.
Cavitation Advantages Drawbacks
Acoustic Hydrodynamic Acoustic Hydrodynamic
Transesteriﬁcation – Shorter reaction times
than conventional reactors
– Reaction times of only a
few microseconds
– Processing of high volumes is
difﬁcult due to non-uniform
acoustic ﬁelds
– A minimum ﬂow rate is required











Esteriﬁcation (with methanol) – Ambient temperature conditions – No particular improvement on reaction rates
Esteriﬁcation (with glycerol) – Milder temperatures
than in conventional
processes
No data available – Reaction times remain long No data available
– Shorter reaction times
than conventional reactors






– Long reaction times
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planar structure, which is more easily accessible for the nucleo-
phile attack.
A comparison of the literature data for homogeneous and heter-
ogeneous base-catalyzed transesteriﬁcation and for heterogeneous
acid-catalyzed esteriﬁcation is given in Tables 12 and 14, respec-
tively. From this information, it can be clearly seen that the effect
of microwaves on both the transesteriﬁcation and esteriﬁcation
reactions is a drastic reduction in reaction time (down to several
minutes, and even less than a minute in some cases) when com-
paredwith conventional processes andwithout excessive operating
temperatures. Indeed, in conventional processes, heterogeneous
catalysts for transesteriﬁcation and esteriﬁcation are usually associ-
ated with low reaction rates and high working temperatures, even
though heterogeneous catalysts can facilitate product separation
downstream since the solid catalyst is more easily recovered with-
out a neutralization step thereby allowing high purity glycerol as a
side product [59]. The literature data also show that under micro-
wave irradiation the performance of heterogeneous catalyzed
transesteriﬁcation reactions – in terms of yield and conversion –
are comparable to or better than that when a homogeneous catalyst
is used. Indeed, strontium oxide as a solid catalyst gives excellent
performance – high conversions for very short residence times –
comparedwith the conventional homogenous potassiumhydroxide
catalyst [138], see Table 13. In the case of heterogeneous catalyzed
esteriﬁcation, however, the conversions are typically lower than
those obtainedwith a homogeneous catalyst. Indeed, it does appear
that the catalyst type has a strong effect since a 100% yield was ob-
tainedwith scandium triﬂate, which continues to provide high con-
version even after 5 cycles [136], even though process volumes are
very low. Further work in the area of catalyst choice is therefore
necessary before solid conclusions on the performance of esteriﬁca-
tion under microwaves can be made. It may also be interesting to
test the scandium triﬂate catalyst in a larger reactor and then devel-
op a continuous process similar to the experimental setup pre-
sented by Barnard et al. [135] in order to investigate the
industrial potential of this catalyst.
Although glycerol esteriﬁcation and hydrolysis reactions under
microwaves have been rarely studied, the available data suggests
that reaction times are typically reduced and less harsh operating
conditions are required under microwave irradiation. For example,
Luque et al. [144] obtained 99% conversion in 30 min at 130 C forglycerol esteriﬁcation of acetic acid using a heterogeneous catalyst
(Starbon-400-SO3H) under microwave irradiation, but only 85%
conversion with a sulfuric acid catalyst under the same conditions.
Marcel et al. [145] showed that it takes only 5 min to obtain a 100%
yield of free fatty acid via the hydrolysis of castor oil triglycerides
(in the presence of KOH and ethanol) using microwave irradiation.
Another example is given by Saxena et al. [146]: they demon-
strated that the complete hydrolysis of triolein with an enzymatic
catalyst can be performed in just 75 s at a high power level (800 W,
90 C), whereas the reaction time needed without at 37 C and
atmospheric conditions is 24 h.
In summary, as presented in Table 15, the current literature
shows that microwave irradiation enables a noteworthy reduction
of reaction times for transesteriﬁcation, esteriﬁcation and hydroly-
sis and it offers the possibility to operate under milder conditions
compared with conventional processes. In addition, the use of
microwaves provides a means to obtain good reaction performance
with heterogeneous catalysts, which facilitate product separation
and higher purity products. Moreover, microwave irradiation is
known to break emulsions between a polar and an oil phase
[147] thereby facilitating separation further. However, the use of
microwave batch reactors for industrial production (i.e. high vol-
umes) is limited for a number of reasons. Firstly, speciﬁc security
measures have to be taken if microwaves are used at high intensi-
ties (power up to 5000 W) that typically require sophisticated cool-
ing systems, thereby increasing the complexity, cost and size of the
reactor. Secondly, the penetration depth of microwaves is only few
centimeters, which means that a homogeneous ﬁeld of microwave
intensity is extremely difﬁcult to achieve in large volume reactors.
For these reasons, most batch experiments in the literature are lim-
ited to low volume processing. Indeed, if industrial scale FAME pro-
duction processes are to be intensiﬁed using microwaves then
continuous processing will be required and the feasibility of such
processes (432 L/h and 98.9% conversion) has already been demon-
strated [135]. Furthermore, the combination of microwave-as-
sisted heterogeneous catalysis and continuous processing may
have strong industrial potential for FAME production.2.4. Oscillatory bafﬂed reactors
An oscillatory bafﬂed reactor (OBR) is composed of a tube con-
taining equally spaced oriﬁce plate bafﬂes, as shown in Fig. 7a. It28
Table 12
Results obtained for homogeneous and heterogenous base-catalyzed transesteriﬁcation in microwave reactors. y: yield(%), c: conversion (%), c/n: conversion after n cycles, R:
molar ratio methanol:oil, t: residence time (min), w: weight fraction of catalyst (%), T: temperature (C), P: Power (W), V: Volume (mL), F: ﬂow rate (L/h) [127–139].
Oil Catalyst Performance Reaction conditions Reference
y c c/n R t w T P V F
Homogenous base-catalyzed transesteriﬁcation
Vegetal NaOH >97 – – – <2 750 250 – [127]
Triolein KOH or NaOH – 98 – 6 1 5 50 25 – [128]
WCO KOH 100 – – 6 2 1 65 500 500 – [129]
Rapeseed KOH – 93.7 – 6 1 1 40 1200 (67%) – [130]
Yellow horn KOH >96 – – 6 6 1 60 500 50 – [131]
Soybean NaOH – 98.64 – 5 20 0.15–0.18 80 1600 270 – [132]
Rice NaOH – 98.82 – 5 20 0.15–0.18 80 1600 270 –
Safﬂower NaOH 98.4 – – 10 6 1 60 300 500 – [133]
Frying palm oil (waste) NaOH – >97 – 12 0.5 3 – 800 16 4.5 [134]
Vegetal KOH – 98.9 – 6 0.56 1 50 1600 4000 432 [135]
Heterogeneous base-catalyzed transesteriﬁcation
Palmitate Sc(Otf)3 99 – 97/5 48 2.5 10 20 0.2–2 – [136]
Yellow horn Cs2.5H0.5PW12O40 96.2 – 96/9 12 0.17 1 60 1000 50 – [137]
Cooking oil (without FFA) SrO – 99 – 6 0.66 1.84 60 900 50 – [138]
Soybean SrO – – 96/4 6 2 1.84 – [138]
Cooking oil (without FFA) SrO – 99.8 – – 0.17 1.84 1100 – [138]
Palm Eggshell waste (CaO 99.2 wt%) 96.7 – – 18 4 15 122 900 43 – [139]
Table 13
Results obtained for transesteriﬁcation in microwave reactors. R: molar ratio methanol:oil, t: residence time (s), P: Power (W), V: Volume (mL) [138].
Oil Conversion (%) Reaction conditions Reference
With SrO With KOH R t (s) P (W) V (mL)
Cooking oil (without FFA) 99 83 6 40 900 (70%) 50 [138]
Soybean 96 87 6 120
Table 14
Results obtained for heterogeneous acid-catalyzed esteriﬁcation in microwave reactors. y: yield(%), c: conversion (%), c/n: conversion after n cycles, R: molar ratio methanol:oil, t:
residence time (min), w: weight fraction of catalyst (%), T: temperature (C), P: power (W), V: volume (mL) [136,140–144].
Acid Catalyst Performance Reaction conditions Reference
y c c/n R t w T P V
Heterogeneous acid-catalyzed esteriﬁcation with methanol
Oleic Sc(Otf)3 100 – 97/5 48 1 1 150 – 0.2–2 [136]
Oleic NbO2 and ZrO2 – 68 68/3 and 58/3 5 20 10.5 200 1400 80 [140]
Oleic None – 60 – 5 60 0 200 1400 80 [141]
Oleic Dry Amberlyst15 – 39.9 – 20 15 10 60 1600 (100%) 1000 [142]
– 66.1 – 20 15 10 60 1600 (pulsed 10%) 1000 [142]
Oleic SAZrO2 – >90 – 20 20 5 60 1600 2000 [143]
Heterogeneous acid-catalyzed esteriﬁcation with glycerol
Acetic Starbon-400-SO3H – >99 – 1 30 1.8 130 300 <100 [144]
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recirculation ﬂow patterns in the vicinity of the bafﬂes as illus-
trated in Fig. 7b, thereby enhancing mixing and mass and heat
transfer. Due to this recirculating ﬂow, OBRs can thereby provide
ﬂexible and long residence times, which are comparable to those
achieved in batch reactors [148], without having a high length-
to-diameter ratio tube. Smaller reactors called mesoscale oscilla-
tory bafﬂed reactor (MOBR) designs with sharp periodic bafﬂes
and sharp-edged helical bafﬂes also exist, as presented in Fig. 8.
The OBR technology is particularly adapted to liquid–liquid
reactions, such as transesteriﬁcation, because it allows good in-
ter-phase contacting, enhanced mixing and sufﬁciently long resi-
dence times for reaction. Table 16 compares FAME production
data obtained in OBRs; note that the literature studies have been
limited to transesteriﬁcation only. The results show that in an
OBR, 99% conversion can be reached in only 10 min at 60 C, which
is half the time required to carry out the reaction in conventional
reactors [148]. Furthermore, the same study shows that the meth-anol stream can be recycled in the continuous OBR technology,
thereby allowing a very low methanol to oil ratio to be used. Meso-
scale OBRs, which are particularly adapted to feasibility studies
and screening tests due to their lower capacity, have also been
shown to provide high conversions and yields in short times com-
pared with what can be achieved in conventional batch tanks
[149,150].
In addition to the advantages of OBRs for reaction performance,
which are summarized in Table 17, this type of equipment is par-
ticularly suited to industrial scale production where a certain ﬂow
capacity may be required. Indeed, commercial equipment exists –
such as that developed by NiTech Solutions, which has demon-
strated successful biodiesel production [151]. OBRs have also
shown to provide good solids handling, whether it be solids sus-
pension or crystallization applications [148,151], which is interest-
ing if heterogeneous catalysis is to be used. Although only
transesteriﬁcation reactions in OBRs have been demonstrated in
the literature, the results of these studies and the characteristics29
Table 15
Advantages and drawbacks of microwave reactors for transesteriﬁcation, esteriﬁca-
tion with methanol and glycerol and hydrolysis reactions.
Microwaves Advantages Drawbacks
Transesteriﬁcation – Reaction times reduced – Scale-up difﬁcult in batch
conditions– High ﬂow rates for
continuous processes







– Reaction times reduced – Studies done with low






– Milder temperatures – Study done with low




Hydrolysis – Short reaction times – Literature data found with
enzymatic catalysis only– Effective enzymatic
catalysis
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provide signiﬁcant advantages for esteriﬁcation and hydrolysis
reactions.2.5. Static mixers and other motionless inline device
Static mixers are motionless elements that are inserted in a
tube or pipe and enable ﬂuid mixing by creating transverse ﬂows.
They are typically used in continuous processes but can also be
employed in a closed loop system or for premixing before feeding
to a batch tank. Static mixers are well adapted to variety of appli-
cations, including simple blending and multiphase mixing prob-
lems, in both the laminar and turbulent ﬂow regimes [152]. The
advantages of static mixers over conventional batch stirred tanks
are their smaller size, a lower energy consumption, a very good
control of the residence time with a plug ﬂow reactor behavior,
and ﬁnally very good mixing with low shear rates [153]. A large
number of more or less intricate static mixer designs exist – about
2000 US patents have been granted and more than 30 models are
commercially available, e.g. Kenics, HEV, KMS and KMX mixers
by Chemineer Inc., Dayton, OH (see Fig. 9) and the SMX and SMX
plus mixers by Sulzer Chemtech, Switzerland. However, other in-
line devices, such as randomly packed beds of spherical particlesFig. 7. The oscillatory bafﬂed reactor (a) and the ﬂow-pattern coand metallic foams, can also be used to ensure mixing in tubes
and pipes with relatively low pressure drop [154,155].
Amongst the different applications, static mixers are well
adapted to liquid–liquid dispersion processes, including extraction,
reaction and emulsiﬁcation, providing a means to disperse immis-
cible phases with typically less energy requirements than other
technologies. This has been demonstrated by Frascari et al. [157]
who have shown that in the case of a transesteriﬁcation reaction,
the energy consumption for a static mixer is less than that required
bymechanical stirring. In particular, they show that if the reactants
are premixed using a static mixer and fed to a batch reactor with
two 4-bladed disk turbines rotating at 100 rpm, the conversion is
the same as that achieved in the batch reactor alone with an impel-
ler speed of 700 rpm. Further, they show that the droplet size cre-
ated by the static mixer is comparable to that generated with
mechanical agitation at 700 rpm, which explains the similar reac-
tion performance.
The studies reported in the literature concerning the transeste-
riﬁcation of vegetable oil mostly employ static or inline mixing de-
vices in a continuous mode. The transesteriﬁcation reaction
performance obtained in different static mixer and inline mixing
conﬁgurations are summarized in Table 18. Thompson and He
[158] developed a static mixer closed-loop system, which allows
the residence time to be easily varied. With this system, the pro-
duction of total free glycerol (ASTM D6584 speciﬁcation, 0.24%w
max.) was achieved in a residence time of 15 min. Boucher et al.
[159] designed a system with a static mixer and an integrated de-
canter as shown in Fig. 10. The immiscible reactants are contacted
in the static mixer and the products are released into a glass col-
umn. Where the glycerol settles to the bottom and is continuously
removed, whilst the esters are continuously removed from the top
of the column. The same group then improved the transesteriﬁca-
tion process performance by inclining the reactor as presented in
Fig. 11 [160]. By inclining the reactor, larger glycerol droplets are
formed, thereby facilitating the separation of the esters and glyc-
erol, although the conversion is slightly affected with a decrease
from 99% to 95% probably due to the increased drop size. In both
reactor designs, the phase contacting via the static mixer and the
continual removal of glycerol enhance the reaction and high con-
version is obtained in less than 30 min, which is signiﬁcantly faster
than in conventional equipment. Metallic foams and other inserts,
such as steel spheres and various types of ﬁbers, have also shown
to enhance transesteriﬁcation reactions [155,161–163]. These de-
vices create tortuous interstices with micron-sized dimensions
that promote ﬂuid contacting and mixing, and consequently the
chemical reaction. The data show that these mixing devices allow
high conversion rates in short residence times, which are of the or-
der of several minutes. Furthermore, some authors also observedrresponding to a upstroke or downstroke current (b) [150].
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Fig. 8. Mesoscale oscillatory bafﬂed reactors with (a) sharp periodic bafﬂes (SPB) [150] or (b) sharp-edged helical bafﬂes (SEHB) [149].
Table 16
Results obtained for transesteriﬁcation in oscillatory bafﬂed reactors. y: yield(%), c: conversion (%), R: molar ratio methanol:oil, t: residence time (min), T: temperature (C), V:
volume (mL), F: ﬂow rate (L/h) [148–150].
Oil Catalyst Performance Reaction conditions Type of reactor Reference
y c R t T V F
Rapeseed NaOH – 99 1.5 30 50 1.56 3.12 OBR [148]
Reﬁned vegetable oil NaOMe – 99 6 40 60 0.005 0.126 SPB-MOBR [150]
Rapeseed KOH 90 – 9 20–25 50 0.04 0.12 SEHB-MOBR [149]
Table 17
Advantages and drawbacks of OBRs for transesteriﬁcation reaction.
OBR Advantages Drawbacks
Transesteriﬁcation – Reaction times signiﬁcantly







– Molar ratio methanol to oil
reduced
– Large ﬂexibility in residence
times
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tion of liquid–liquid emulsions [163].
A summary of the advantages and drawbacks of static mixers
and inline devices is given in Table 19. In general, this type ofFig. 9. Geometries of commerciequipment allows high reaction conversions to be reached in rela-
tively short times and requires less energy input compared with
conventional batch processing. A novel attribute of these devices
is the possibility to couple the mixing/reaction and separation
steps that are required for the transesteriﬁcation process. Contin-
ual separation and removal of products during the reaction shifts
the equilibrium and means that the sequential product separation
steps that are required in conventional processes can be avoided.
Indeed, the other reactions related to FAME production, i.e. esteri-
ﬁcation with various alcohols and hydrolysis, could potentially
beneﬁt from the integration of the reaction and separation steps
in one device, although no studies have yet been dedicated to this.
Also, heterogeneous catalysis has not yet been tested with static
mixing and inline technologies; indeed solids handling in some
of these devices may be difﬁcult (e.g. due to clogging), however
catalytic coatings on foams or ﬁbers may be a means to resolve
such problems.ally available mixers [156].
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Table 18
Results obtained for transesteriﬁcation in static mixer reactors. y: yield(%), c: conversion (%), g: glycerol treatment, R: molar ratio methanol:oil, t: residence time (min), w: weight
fraction of catalyst (%), T: temperature (C), F: ﬂow rate (L/h) [158–163].
Oil Catalyst Performance Reaction conditions Type of reactor Reference
y c g R t w T F
Canola NaOH – – 6 30 1.5 60 0.104 Closed-loop system [158]
Waste canola (pretreated) KOH 99 70–99% removal 6 19 1.3 40–50 72 Reactor-separator [159]
Waste oil KOH 96 36–95% separation 6 17.5 1–1.3 40–50 72 Reactor-separator [160]
Soybean NaOH 95.2 – – 10 2.16 1 55 0.918 Metal foam [155]
Soybean KOH 98.2 – – 6 0.99 2 60 0.366 Tube ﬁlled with stainless steel spheres (2.5 and 1.0 mm) [161]
KOH 97.05 – – 6 3 1 60 0.279 Packed bed reactor with 2.5 mm spheres [162]
Soybean NaOMe – 99 – – 5.8 2 60 1.44 216,000 Fibers 8 lm [163]
Fig. 10. Schematic diagram of the static mixer reactor/separator and corresponding
images of the ﬂow at different positions within the reactor [159].
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Microporous inorganic membranes enable product separation
by a molecular sieving effect. They can be made of ceramic, zeo-
lites, silica, carbon or polymers. Carbon membranes are most com-
monly used due to their easy production and low cost [164].
Membrane reactors are also employed for pervaporation processes
that enable the separation of a liquid retentate from a vapor per-
meate [165]. A detailed review of membrane technology as an
alternative means for biodiesel production has been given by Shuit
et al. [166].
In the case of transesteriﬁcation, the principal objective of the
membrane reactor is to retain the triglycerides [167–172]; this
then facilitates the downstream puriﬁcation steps [167]. The reten-
tion of mono- di-, and triglycerides is also possible [168], thus
allowing the separation of FAME and glycerol at room temperature
and avoiding onerous downstream processing. Furthermore, the
separation of glycerol reduces waste water generated by washing
steps [171]. The retention of soaps and glycerol is also possible
by adding a little amount of water as depicted in Fig. 12 [172].
Membrane separation also allows product speciﬁcations to be
met (i.e. glycerol < 0.2%w in FAME), as well as the treatment of
waste cooking oils with high FFA content (5%) [173]. As it is sum-
marized by Sdrula [170], others advantages of membrane reactors
for transesteriﬁcation are the high puriﬁcation of glycerol, the ab-
sence of chemical additives and the low process cost.
Numerous studies have shown that membranes reactors can
improve conversion and facilitate the product puriﬁcation step of
transesteriﬁcation reactions, compared with conventional pro-
cesses [172]. A summary of the performance of transesteriﬁcation
reactions carried out in membrane reactors is given in Table 20. It
can be seen that in most cases good conversion and acceptable
ﬂow rates can be achieved, however the time required for the reac-
tion is on the order of 1–2 h, which is similar to conventional batch
processing.
Esteriﬁcation has been demonstrated in membrane reactors via
a pervaporation process where water is removed in a vapor stream
allowing a shift in the reaction equilibrium, thereby leading to
higher conversion rates. The results obtain by Sarkar et al. [174],
which are given in Table 21, show that almost 100% conversion
of the fatty acid is achieved in 6 h.
The advantages and drawbacks of membrane reactors for FAME
production processes are summarized Table 22. The major advan-
tage of this technology is that separation is integrated in the reac-
tion step. This in turn allows high reaction conversion to be
achieved, however there is no reduction in reaction time compared
with conventional processing. Although no studies have yet fo-
cused on the hydrolysis of triglycerides or esteriﬁcation using glyc-
erol, membrane reactors could potentially provide beneﬁts by
shifting the reaction equilibrium, thereby promoting product for-
mation and facilitating the product separation. Heterogeneous cat-
alysts can be incorporated in and mobilized on the membranes,leading to conversions superior to 90% without washing steps
[175–177]. The use of membrane reactors with an immobilized
enzymatic catalyst for hydrolysis has also been demonstrated
[178].
2.7. Reactive distillation
Reactive distillation combines reaction and distillation in a mul-
tifunctional reactor and is suited to heterogeneous, homogeneous
and non-catalyzed reactions [179]. The principle is based on the re-
moval of one reaction product in order to shift the reaction equilib-
rium, thereby leading to high and even total conversions. A more
complex conﬁguration is the reactive divided-wall column, which
enables three high-purity streams to be obtained at the outlet of
a single distillation tower as depicted in Fig. 13 [180]. In conven-
tional distillation, two distillation columns are required to separate
three products.
Reactive distillation has shown to be particularly adapted to
transesteriﬁcation and esteriﬁcation reactions since these are equi-
librium reactions that beneﬁt from equilibrium shifts. The litera-
ture data on the performance of transesteriﬁcation and
esteriﬁcation reactions are presented in Tables 23 and 24,
respectively.
In the case of reactive distillation for transesteriﬁcation reac-
tions, the reaction of methanol and triglycerides and the separation
of any excess or unreacted methanol are achieved simultaneously
[181,184]. Unreacted methanol is recovered at the top of the col-
umn and is recycled to the feedstock, whilst the glycerol and esters
are recovered at the bottom of the column and sent to a decanter.
This processing method enables the use of a lower methanol to oil
molar ratio and provides short residence times.32
Fig. 11. Schematic diagram of the inclined static mixer reactor/separator and operating concept [160].
Table 19
Advantages and drawbacks of static mixers for the reaction of transesteriﬁcation.
Static mixers Advantages Drawbacks
Transesteriﬁcation – Reaction times reduced
(2–10)








in the reactive part for
the reactor-decanter
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distillation. It provides the opportunity to use a heterogeneous cat-
alyst, thereby avoiding the neutralization, washing, separation and
waste recovery steps [185]. It also enables the removal of water
throughout the reaction at the top of the column, which shifts
the reaction equilibrium and promotes product formation. Steini-
geweg and Gmehling [182] used Amberlyst 15, an ion exchange re-
sin that is ﬁxed on the packing, to esterify decanoic acid and
obtained 100% conversion at a pilot scale with a ﬂow rate of
34 mol/h. Kiss et al. [185] investigated the choice of the heteroge-
neous catalyst. They found that zeolites have too small pores,
which limit the diffusion of large molecules like fatty acids or es-
ters. Ion exchange resins, such as Naﬁon or Amberlyst, have strong
acid activity but a low thermal stability. Tungstophosphoric acid is
very active but is also soluble in water and therefore cannot be re-
used. The authors concluded that sulfated zirconia is a good candi-
date as catalyst for esteriﬁcation because it is active, stable and
selective. Dimian et al. [186] investigated the possibility of using
a co-solvent – 2-ethylhexanol – to increase the immiscibility be-
tween water and fatty acids so that the water can be more easily
separated.
Fig. 14 shows the concept of reactive absorption using a heter-
ogeneous catalyst as proposed by Kiss and Bildea [187]. Fatty acidsand methanol are fed at the top and bottom of the column, respec-
tively, and water with some acid exits at the top of the column,
whilst the bottom outlet stream contains FAME with some
methanol.
The reactive distillation process can be further improved by
using a divided wall column (DWC), which is particularly useful
for reactive systems that have more than two products or that
operate with an excess of reagent. This technology, which is anal-
ogous to the assembly of two distillation columns in one unit, al-
lows the separation of multicomponents [188] and solves the
problem encountered in reactive absorption, which is the necessity
to use methanol in an exact stoichiometric ratio since it has to be
completely converted. Indeed, this ratio is difﬁcult to obtain espe-
cially because the amount of fatty acids in the feed is often un-
known. Reactive distillation using a DWC allows the use of an
excess of methanol, which is then recovered as the top distillate;
water is then recovered as a side stream and FAME as the bottom
product, as depicted in Fig. 15 [183].
Although there have been no demonstrative studies on the use
of reactive distillation for the esteriﬁcation with glycerol presented
in the literature, this technology may be of interest for the reaction
due to the high boiling points of glycerol and fatty acids, thereby
allowing the removal of methanol and water. The use of reactive
distillation for hydroesteriﬁcation (i.e. combination of hydrolysis
and esteriﬁcation is also of potential interest. Indeed, hydrolysis
can be ﬁrstly performed with reactive distillation to concentrate
the FFA content of oils that already have a high level of FFA before
carrying out the esteriﬁcation. This has been demonstrated numer-
ically in a two-section reactive distillation process using WCO and
Jatropha oil [189].
The advantages and drawbacks of reactive distillation for FAME
production are summarized in Table 25. The main advantage of
reactive distillation for FAME reactions is the fact that reaction
and separation can be combined in the same device, thereby en-
abling the reaction equilibrium to be shifted and enhancing prod-
uct formation. The principal disadvantage of this type of process is
the high energy requirement, which is also an issue in conventional
distillation processes.33
Fig. 12. Mechanism of separation of glycerol by microﬁltration with a ceramic membrane [172].
Table 20
Results obtained for transesteriﬁcation in membrane reactors. y: yield(%), c: conversion (%), g: glycerol content in permeate (%), R: molar ratio methanol:oil, t: residence time
(min), w: weight fraction of catalyst (%), T: temperature (C), F: ﬂow rate. /: pore size (lm), V: volume of the reactor (L) [167–169,171–173].
Oil Catalyst Performance Reaction conditions Reactor Reference
y c g R t w T F Membrane / V
Canola H2SO4 64 – – – 49 6 70 16.6 L/m2/h Carbon 0.05 0.3 [167]
NaOH 96 – – – 49 1 70 16.6 L/m2/h Carbon 0.05 0.3
Canola NaOH 98.7 – 0 16 210 0.5 – 9 L/m2/h Carbon 0.2 0.32 [168]
Canola NaOH 98 – – 24 5 0.5 65 120 kg/h Filtanium ceramic – 6 [169]
Canola NaOH – – <0.02 6 180 1 25 40–180 L/m2/h Polyacrylonitrile membrane – – [171]
Soybean (Ethanol) NaOH – 98.7 <0.02 9 80 1 30 10.3 kg/m2/h Ceramic 0.2 0.25 [172]
WCO (FFA = 5%) Base >99 – <0.02 23.9 35–105 0.5–1.4 65 30–40 L/m2/h Titanium oxide 0.03 0.48–0.63–0.74 [173]
Table 21
Results obtained for esteriﬁcation in membrane reactors. y: yield(%), c: conversion (%), g: glycerol content in permeate (%), R: molar ratio methanol:oil, t: residence time (min), w:
weight fraction of catalyst (%), T: temperature (C), t: residence time (h) [174].
Acid Catalyst Performance Reaction conditions Reactor Reference
y c R w T t Membrane / (lm) V (L)
Oleic H2SO4 – 99.9 27 0.3 65 6 Polyvinylalcohol on polyether sulfone – 0.073 [174]
Table 22





Transesteriﬁcation – Retains Triglycerides (unreacted
glycerides stay in the reactor),
economy of downstream process
costs
– No increase of
reaction rates
– Retains Di and Monoglycerides,
allowing phase separation at room
temperature
– Better separation of glycerol means
less washing and less waste water
– Retains Glycerol, separation step
during the reaction
– Low cost
Esteriﬁcation – Separation of water during the
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FAME production
Mass-transfer is the main limitation of the WCO transformation
reactions, however, two additional parameters are also important
when considering the choice of process technology. Firstly, the
choice of the catalyst directly impacts the process performance.
Secondly, the possibility to combine the reaction and separation
steps to shift reaction equilibriums and easily separate products
is important for process efﬁciency. The objective of this section is
to give recommendations, following the review of literature data,
on the choice of equipment taking into account the catalyst type
and the separation aspects for the intensiﬁcation of the different
transesteriﬁcation, esteriﬁcation and hydrolysis reactions.3.1. Catalyst type
Table 26 summarizes the different types of catalysts that have
been used for FAME production in various types of innovative pro-
cess equipment. It can be seen that majority of studies have em-
ployed homogenous catalysts for transesteriﬁcation and34
Fig. 13. Dividing wall column [180].
Table 23
Results obtained for transesteriﬁcation in a reactive distillation column. y: yield(%), c:
conversion (%), R: molar ratio methanol:oil, t: residence time (min), w: weight
fraction of catalyst (%), T: temperature (C), F: ﬂow rate (L/h) [181].
Oil Catalyst Reaction conditions Reference
y c R t w F
Canola KOH 94.4 95 4 3 1 4.9 L/h [181]
Fig. 14. Diagram of the reactive absorption. Water is recovered at the top of the
column, FAME is recovered at the bottom of the column [187].
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use. On the other hand, heterogeneous catalysts have been less
widely used due to traditionally higher operating temperatures
and long reaction times. However, new catalysts, such as strontium
oxide, scandium triﬂate or sulfated zirconia, have been developed
and give similar performance to homogenous catalysts. For sus-
tainable FAME production processes, the ensemble of the literature
studies suggest that heterogeneous catalysts may be preferred over
the conventional homogeneous catalysts because they can be eas-
ily reused and regenerated, and also allow easy product separation
and elimination of the neutralization step. Moreover, heteroge-
neous catalysts coupled with intensiﬁed processes, such as micro-
waves and reactive distillation, have been shown to signiﬁcantly
enhance FAME production [136,183]. It is expected that heteroge-
neous catalysts may also provide improved reaction performance
in other types of innovative continuous ﬂow equipment, e.g.
microstructured reactors, cavitational reactors, OBRs and static
mixers, which have been proven successful for other applications
in solids handling (suspensions or catalytic reactions) [110,190–
192]. Indeed, further exploratory work on the use of heterogeneous
catalysts in innovative process equipment for transesteriﬁcation or
other FAME production reactions is still required.Table 24
Results obtained for esteriﬁcation in a reactive distillation column. y: yield(%), c: convers
pressure (bar), F: ﬂow rate [182,183].
Acid Catalyst Reaction conditions
y c R
Decanoic Amberlyst 15 100 2
Dodecanoic >99.99 13.2. Product separation
Product separation is an important point to be considered in the
design of sustainable processes since separation steps can be
highly costly in terms of energy and time [38]. Separation steps
can be combined with mixing and reaction operations in innova-
tive equipment thereby shifting reaction equilibrium and enhanc-
ing process performance. Product separation and puriﬁcation can
also be facilitated by the use of heterogeneous catalysis and by
inducing speciﬁc physical or chemical phenomena in the different
process equipment.
Table 26 indicates how easy it is to separate products for the
four reactions with different types of catalysts in various process
equipment. Results from the literature show that microstructured
reactors accelerate decantation due to the formation of parallel
ﬂow patterns or of bigger droplets with slug-ﬂow. In cavitational
reactors, the reaction is very fast, thereby hindering the formation
of di and monoglycerides, which have surfactant properties. As a
result, the emulsion is unstable and the phases are easy to sepa-
rate. Microwave irradiation has also shown to accelerate the
decantation process by enhancing drop coalescence. Membrane
reactors have been shown to retain glycerides and soaps in transe-
steriﬁcation, leading to highly pure products. Pervaporation mem-
brane is also used to remove continuously water during
esteriﬁcation. It is expected that this type of technology may also
be of interest for the other reactions. Reactive distillation has of
course proven to be adapted to product separation for transesteri-
ﬁcation and esteriﬁcation. However, it may not be of interest forion (%), R: molar ratio methanol:oil, t: residence time (min), T: temperature (C), P:
Reference
t T P F (mol/h)
– 50 3 34 mol/h [182]
1250 kg/h [183]
35
Fig. 15. Reactive dividing-wall column conﬁguration [183]. Excess of methanol is recycled at the top, water is removed at the side and FAME is recovered at the bottom.
Table 25
Advantages and drawbacks of reactive distillation columns for the reaction of transesteriﬁcation, esteriﬁcation and hydrolysis.
Reactive Distillation Advantages Drawbacks
Transesteriﬁcation – Reaction and separation of the methanol in one single step – Energy requirements
Esteriﬁcation (with
methanol)
– Reaction and separation in one single step – Energy requirements (103 gFAME/Jreboiler)
(136 kW at the reboiler for a production of 1250 kg/h, data of
Table 3 from Ref. [187])
– Possibility to have 3 streams, methanol (top), water (middle) and FAME
(bottom) with R-DWC
– Compatible with a heterogeneous catalyst
Esteriﬁcation (with
glycerol)
– Remove of water (with methanol) – No results found
Hydrolysis – Products with high boiling points
Table 26
Summary of the type of catalyst used and the ease of separation in different process technologies for the four reactions. + indicates a positive effect of the technology;  indicates
a negative effect; 0 indicates no effect. The data without brackets has been proven in literature studies whereas data between brackets is deduced from the results in the
literature.




Methanol Glycerol Methanol Glycerol
Microreactor Homogenous base Homogenous acid Enzymes Enzymes ++ (++) (++) (++)
Homogenous acid
Cavitation Homogenous base Homogenous acid Homogenous acid None + (0) (0) (0)
Heterogeneous
acid
Microwave Homogenous base Homogenous acid Enzymes Homogenous
base








Oscillatory Bafﬂed Homogenous base Homogenous acid / / 0 (0) (0) (0)
Static mixers Homogenous base Homogenous acid / / 0 (0) (0) (0)
Membrane reactor Homogenous base Homogenous acid / / +++ +++ (+++) (+++)
Reactive
distillation
Homogenous base Homogenous acid Homogenous acid None +++ +++ (+++) (  )
Heterogeneous
acid
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which is in this case a reactant, and would shift equilibrium in
the wrong direction. Oscillatory bafﬂed reactors and static mixers
do not integrate any speciﬁc separation operation. As a result, theymost often followed by a decanter for phase separation. However,
novel devices such as static mixer with integrated decanter have
shown to shift the transesteriﬁcation reaction equilibrium by with-
drawing the glycerol product [159,160].36
Table 27
Summary of heterogeneous catalyzed reactions with forces of the different technologies. Technologies highlighted in bold are technologies of interest on an energy consumption













FFA and water tolerance
increase to 3%
96–99 2–30 Static mixers Less energy
consuming
Decanter: glycerol removal 101





95–99 <1 ls Cavitational
reactors
No DG/MG formation 104
96–99.8 1–6 Microwave Break emulsion between a
polar and an oil phase
101


















/ / Static mixers Decanter (water removal) 101


















/ / OBR – –
99 30 Microwave Break emulsion between a







Removal of water >106
Hydrolysis Heterogeneous (SrO/SiO2)
(FFA and water tolerance
increase to 3%)






/ / Millireactors >106
Recovery of unreacted
glycerol
100 5 Microwave Distillation (under vacuum) 102
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Table 27 presents recommended choices of catalyst type and
process equipment, for both reaction and separation, for the four
different reactions related to FAME production and provides char-
acteristic information on reaction conversion, time and the process
energy requirements.
3.3.1. Transesteriﬁcation
Transesteriﬁcation is the most common reaction used for
obtaining FAME. In terms of catalysts, strontium oxide with silica
is a very good candidate for transesteriﬁcation reactions because
its tolerance to FFA and water is high compared with other cata-
lysts. Indeed, conversion of more than 90% can be achieved with
FFA and water contents greater than 3 wt.%. Under these condi-
tions, this means that WCO pretreatment steps may be not always
be essential.
In transesteriﬁcation reactions, the mixing process is important
at the beginning of the operation where the objective is to increase
the interfacial area between the triglycerides and the alcohol so
that the reaction can take place. However, once the reaction starts,
the generation of interfacial area by mixing is less difﬁcult due to
the formation of di- and monoglycerides, which facilitate liquid–li-
quid contacting and dispersion, leading to a pseudo-homogenous
phase. Therefore, sophisticated mixing technology is not particu-
larly required, which is why a low energy consumption reactor
with static mixers may often be preferred. However, if the process
objective is to reduce processing times, other intensiﬁed reactorssuch cavitational, microstructured, microwave or oscillatory baf-
ﬂed reactors are recommended. In such equipment, the separation
step of the transesteriﬁcation process is facilitated naturally by
inherent characteristics of the process and ﬂow conditions or by
combining it with a speciﬁc device for separation. For example: mi-
cro/microstructured reactors enable the generation of liquid–li-
quid ﬂow patterns that ease product separation at the outlet; the
formation of di- and monoglycerides and consequent pseudo-
homogenous phase is avoided in cavitational reactors, thereby
leading to a less stable emulsion and facilitating phase separation;
microwaves promote the drop coalescence process, thereby speed-
ing up the separation process. These different equipment types can
also be used in combination with a decanter for product separation
or with a membrane, which retains any unreacted glycerides and
allows high purity esters to be obtained at 90% conversion.
3.3.2. Esteriﬁcation with methanol
In FAME production processes, esteriﬁcation with methanol is
often performed to reduce FFA levels in feedstock before perform-
ing base-catalyzed transesteriﬁcation. Heterogeneous catalysts are
preferred for the same reasons than previously. Good catalyst can-
didates are sulfated zirconia or scandium trisulfate, which have
demonstrated high performance in reactive distillation and micro-
wave reactors, respectively.
In esteriﬁcation reactions, the mixing process has a more or less
important role depending on the miscibility of the reactants, which
is related to the length of the carbon chains. For immiscible reac-
tants, mixing must be able to generate sufﬁcient interfacial area37
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In the case of partially miscible reactants, drop break-up is less
important but the mixing of reactants is still vital for reaction per-
formance. Amongst the different innovative process equipment,
both reactive distillation and static mixer systems with an inte-
grated decanter appear to give best results for esteriﬁcation. In-
deed, in these systems the products are continuously separated
from the reactive media, thereby shifting the reaction equilibrium
and enhancing product formation. The use of membranes could
also be considered in order to retain unreacted glycerides and pro-
duce high purity esters.
3.3.3. Esteriﬁcation with glycerol
Esteriﬁcation using glycerol, which is a side-product of transe-
steriﬁcation, is an interesting way to decrease the FFA levels in
high FFA content WCO. Heterogeneous acid catalysis using sulfated
zirconia or scandium triﬂate appears to be the most appropriate
means to catalyse the reaction.
In esteriﬁcation reactions using glycerol, mixing is an important
step of the process due to the very low solubility of reactants (i.e.
fatty acids and glycerol). Indeed, the mixing operation determines
interfacial area available for mass transfer and the ﬂuid circulation,
both of which are important for the progress of the reaction. Con-
ventionally, high temperatures are used to increase reactant solu-
bility and to facilitate ﬂuid contacting with the disadvantage of
high operating costs. Cavitational, microwave, oscillatory bafﬂed
and microstructured reactors provide a means to intensify mixing
and ﬂuid contacting at ambient operating conditions, thereby
being more energy efﬁcient. Reactive distillation under vacuum
conditions can also be used to shift the reaction equilibrium and
separate products, but with the disadvantage of requiring higher
energy input. A static mixer reactor-decanter that shifts the reac-
tion equilibrium may also be a recommended choice if reaction
yield is the principal process objective.
3.3.4. Hydrolysis
The primary interest of the hydrolysis of triglycerides is to con-
centrate fatty acids in the feedstock. Strontium oxide is possibly a
good candidate for heterogeneous catalysis. Like for the esteriﬁca-
tion reaction with glycerol, the mixing process is very important
due to low solubility of reactants. As a result, conventional process-
ing often requires high temperatures and pressures to ensure suf-
ﬁcient yield and acceptable reaction times. Intensiﬁed process
technologies such as cavitational, microwave, oscillatory bafﬂed
or microstructure reactors can be used to intensify mixing and
allow good reaction performance with milder operating conditions.
Reactive distillation is not recommended since it would result
in the removal of water and would not promote the formation
of products. The separation of products – fatty acids and glycerol
– can be carried out with a distillation column under vacuum
conditions or in microstructured reactors by generating slug-ﬂow
or parallel ﬂow, which accelerate the decanting process. Since
glycerol and fatty acids are miscible if the reactive medium is basic
[193], the combined reactor-decanter is a means to facilitate
product separation and limit the formation of soap. Contactors
combined with membranes, which retain unreacted glycerides,
are also a recommended means for obtaining high purity products.4. Conclusion
A review of the different process equipment that can be used to
intensify FAME production has been presented. Continuous process
technologies that intensify mixing and ﬂuid contacted are recom-
mended because the four reactions related to FAME production in-
volved immiscible liquid–liquid reactants. The product separationstep has been taken into account in the discussion and equipment
that combine the reaction and separation steps are particularly
recommended. The implementation of heterogeneous catalysis in
these innovative process intensiﬁcation technologies has also been
discussed. Finally, speciﬁc process equipment has been recom-
mended for the intensiﬁcation of FAME based on different selection
criteria.
It can be seen from this review that various types of innovative
process equipment, such as cavitational reactors, oscillatory baf-
ﬂed reactors, microwave reactors, reactive distillation, static mix-
ers and microstructured reactors enable signiﬁcant mass transfer
enhancement and improved performance of FAME production
compared with conventional batch tank processes. Furthermore,
the integration of continuous reaction and separation units ap-
pears to provide the best means for intensifying FAME production,
leaving thus a vast number of conﬁgurations to be explored or in-
vented. Amongst the different reactor types mentioned in this re-
view, several are poorly understood in terms of physical
phenomena and operating characteristics in liquid–liquid reaction
applications. In particular, much fundamental knowledge on the
operation of cavitational reactors, oscillatory bafﬂed reactors and
microwave reactors is still required. Further to this, the develop-
ment of microwave reactors that are adapted to industrial FAME
demands still requires signiﬁcant work and considering this, con-
tinuous microwave reactors may be particularly interesting to ex-
plore. It should also be pointed out that heterogeneous catalysts
have shown provide attractive results in terms of reaction perfor-
mance in certain equipment (e.g. microwave reactors, reactive dis-
tillation) and therefore deserve to be explored further in other
innovative process equipment, such as oscillatory bafﬂed reactors
and cavitational reactors.
Indeed, the choice of one process technology over another for
FAME production is not that straightforward and it clearly depends
on the global process objectives. Of course, some equipment (e.g.
static mixers and microwave reactors) may be attractive due to
their low energy consumption; others, such as reactive distillation,
may be preferred due to effective product separation despite high
energy requirements. However, although the number of studies on
the feasibility of different process technologies for FAME produc-
tion is signiﬁcant, detailed economical and energy efﬁciency anal-
yses of the various technologies and processes are still needed.
These, in addition to studies on reaction performance, will of
course be vital for the development of sustainable and green FAME
production processes and therefore should be considered in the fu-
ture studies.
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Part II: Screening of intensified technologies 
 
Part I  o f t his t hesis h as i dentified p otential p rocess t echnologies f rom l iterature d ata ab out 
intensified processes applied to FAME reactions for the choice and design of the final reactor. Three 
technologies h ave b een sel ected in t his list: m icrowave r eactor, av ailable in t he l aboratory, an d 
microstructured and os cillatory baffled r eactors, a vailable i n t he M aison Européenne de s Procédés 
Innovants (MEPI). The M EPI (www.mepi.fr) is a non-profit organization that promotes alternative 
chemistry, often using novel process equipment. It holds a variety of intensified technologies that can 
be tested on different reactions to prove the feasibility and the potential implementation of intensified 
technology a nd ne w c hemistry in i ndustry. These r eactor t ypes are commercially available for 
industrial applications. They are preferred to other technologies for the following reasons: 
- Reactive distillation, which requires a high amount of energy; 
- Hydrodynamic cavitational reactors, which are still difficult to handle (range of  flow rate to 
generate cavitation, design of the orifices…); 
- Membrane reactors, which can lead to high costs of materials, lack of resistance due to the use 
of strong base or acid. 
In P art I I of  t his thesis, t he o bjective is t o co mpare the p erformance of t he three selected 
technologies to test and identify the most suitable technology for the four reactions that transform fatty 
compounds: t ransesterification, esterification ( with methanol o r w ith g lycerol) a nd hy drolysis. The 
three reactor technologies studied i n P art I I are c ompared t o a reference reactor, which i s a 
conventionally heated and mechanically stirred batch reactor. This experimental screening of process 
technologies s hould e nable t he m ost promising and s uitable t echnology to b e i dentified r apidly, 
thereby respecting the short time constraints of the AGRIBTP project. 
Part II is composed o f three chapters. The first details the use o f m icrowave t echnology 
applied t o t hese t wo reactions and t he potential non -thermal en hancement o f r eactions u nder 
microwave i rradiation is discussed. The second c hapter focuses o n t he transesterification a nd 
esterification r eactions i n microstructured a nd os cillatory ba ffled r eactors. Finally, t he t hird c hapter 
details the performance of the three process technologies for the esterification reaction of fatty acids 






 Chapter 1 
 
Transesterification and esterification 







Part II, Chapter 1: Transesterification and esterification reactions in the microwave reactor 
 
The l iterature r eview, presented in Part I , a llowed t he i dentification o f three process 
technologies (microreactor, continuous oscillatory baffled reactor and microwave reactor) that could 
potentially en hance F AME r eactions. This c hapter f ocuses on transesterification an d es terification 
reactions performed in a microwave reactor. This chapter is based the article 'Key role of temperature 
monitoring i n t he de termination of  non -thermal microwave ef fects o n t ransesterification an d 
esterification reactions', published in Bioresource Technology in March 2014 [1]. Two additional parts 
have been added after the publication: the determination of molar ratio between reactants and amount 
of catalyst for the two reactions which has been kept for the rest of Part II, and complementary tests 
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Biodiesela b s t r a c t
Microwave effects have been quantiﬁed, comparing activation energies and pre-exponential factors to
those obtained in a conventionally-heated reactor for biodiesel production from waste cooking oils via
transesteriﬁcation and esteriﬁcation reactions. Several publications report an enhancement of biodiesel
production using microwaves, however recent reviews highlight poor temperature measurements in
microwave reactors give misleading reaction performances. Operating conditions have therefore been
carefully chosen to investigate non-thermal microwave effects alone. Temperature is monitored by an
optical ﬁber sensor, which is more accurate than infrared sensors. For the transesteriﬁcation reaction,
the activation energy is 37.1 kJ/mol (20.1–54.2 kJ/mol) in the microwave-heated reactor compared with
31.6 kJ/mol (14.6–48.7 kJ/mol) in the conventionally-heated reactor. For the esteriﬁcation reaction, the
activation energy is 45.4 kJ/mol (31.8–58.9 kJ/mol) for the microwave-heated reactor compared with
56.1 kJ/mol (55.7–56.4 kJ/mol) for conventionally-heated reactor. The results conﬁrm the absence of
non-thermal microwave effects for homogenous-catalyzed reactions.
 2014 Elsevier Ltd. All rights reserved.1. Introduction
1.1. Context
In recent years, bio-sourced raw material has been investigated
as a substitute for fossil fuels or as solvents for renewable energy
and green chemistry applications. Virgin and food-grade oils were
initially studied to produce the ﬁrst generation of biofuels, consti-
tuted of Fatty Acids Methyl Esters (FAME). Waste Cooking Oils
(WCO) are of particular interest for biodiesel production for tworeasons. Firstly, WCO are two to three times cheaper than virgin
oils (Zhang et al., 2003). Secondly, by re-using and transforming
of WCO, instead of discarding it into sewers, water treatment costs
are signiﬁcantly decreased (Banerjee and Chakraborty, 2009). This
double effect propels WCO as a very good environment-friendly
feedstock.
The use of waste cooking oil, however, brings additional
challenges. During the cooking process oils are subjected to high
temperatures, and in the presence of water (released by foods)
fatty acids are formed by a hydrolysis reaction (Gui et al., 2008).
Normally transesteriﬁcation is base-catalyzed since the reaction
is 4000 times faster than that with acid catalysis (Fukuda et al.,
2001). However, with a basic catalyst the high acidity of the oil
leads to undesired soap formation, which decreases the reaction
yield and acts as a surfactant between the two ﬁnal immiscible
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of acceptable acidity is not clearly deﬁned; the advised limit is
1 mg KOH/goil (fatty acid mass fraction of 0.5%) (Banerjee and
Chakraborty, 2009), however reactions have been successfully per-
formed at 3 mg KOH/goil (fatty acid mass fraction of 1.5%) (Banerjee
and Chakraborty, 2009; Enweremadu and Mbarawa, 2009). The
water content is limited to 0.05% vol/vol (ASTM D6751 standard)
because it forms inactive alkaline soaps (Leung et al., 2010). Due
to these undesirable outcomes, WCO needs to be pre-treated
before reactions are performed.
1.2. FAME production from waste cooking oils
The ﬁrst pre-treatment step required is to reduce the acidity of
the oil. Both physical (such as drying, ﬁltration, or distillation (Tur
et al., 2012)) and chemical pre-treatment can be used. Chemical
treatment is carried out with an acid-catalyzed esteriﬁcation reac-
tion. The fatty acids in the oil react with methanol producing
methyl esters and water. This is an immiscible liquid–liquid reac-
tion, which is mass-transfer limited (Santacesaria et al., 2007).
After the esteriﬁcation reaction the oil mainly contains tri, di and
mono glycerides and the mass fraction of fatty acids is generally
below 1.5%.
Following the esteriﬁcation reaction and after a water removal
step, the pretreated oil is then transformed using a base-catalyzed
transesteriﬁcation. Like the esteriﬁcation reaction, the transesteri-
ﬁcation reaction is mass-transfer limited at the beginning due to
the immiscibility of triglycerides and methanol, as well as at the
end of the reaction because most of the catalyst is in the glycerol
phase (Cintas et al., 2010).
A number of types of reactors can be used to carry out the ester-
iﬁcation and transesteriﬁcation of WCO transformations and these
have been reviewed in our previous paper (Mazubert et al., 2013).
In comparison to conventional batch reactors, a number of intensi-
ﬁed equipment types (such as microstructured reactors, cavita-
tional reactors, microwave reactors, oscillatory ﬂow reactors,
membrane reactors, as well as static mixers and reactive distilla-
tion) have shown to enhance FAME production. Microwave
reactors show particularly promising results in terms of residence
times, which are signiﬁcantly reduced compared with other
technologies. The next section presents the basic principle of




The two major mechanisms involved in microwave technology
are dipolar polarization and ionic conduction. Dipolar polarization
occurs when dipoles are forced to align with the direction of the
electric ﬁeld that is imposed by the microwave. The electric ﬁeld
rapidly oscillates, as does the dipole, which tries to realign itself
with the ﬁeld as fast as possible by rotation. The frequency of the
microwaves is sufﬁciently high to cause a phase difference
between the ﬁeld and the dipole orientation. The frictional and
collision forces between the molecules thus generate heat. The
second mechanism is ionic conduction. It occurs as the charged
dissolved particles oscillate under the inﬂuence of the microwave
ﬁeld. When the direction of the electric ﬁeld changes, the ions slow
down and change direction, dissipating their kinetic energy as
heat. This dissipation is caused by friction (Lidström et al., 2001;
Mingos and Baghurst, 1991).
The absorption of microwaves by a dielectric compound can be
characterized by the complex permittivity e⁄, which depends on
the dielectric constant e0 that represents the ability of the com-
pound to store energy, and the dielectric loss e00 that representsthe ability of the compound to convert the absorbed energy into
heat.
e ¼ e0  je00 ð1:1Þ
One limitation of the use of microwaves on a larger scale is the
small penetration depth of the microwaves in the reactive media.
This penetration depth, dp, is a function of the dielectric properties
and the frequency of the microwaves. A limited penetration depth
will make uniform heating difﬁcult at higher volumes.
As it is expressed in literature (Metaxas and Meredith, 1983),






where the free space wavelength is k0 ¼ c0f
ð1:2Þ
As an example, at 2.45 GHz the penetration depth of micro-
waves in methanol at 20 C is 0.76 cm and at 60 C, it is 1.4 cm
(calculated from work of Grant and Halstead (1998)). This small
penetration depth is the reason why mechanical stirring is
required to homogenize temperature.
1.3.2. Microwave effects
It is generally believed that reaction enhancement and other
observed effects in microwave-assisted processes are due to
thermal phenomena caused by the microwave dielectric heating
mechanisms. Amongst the different thermal effects caused by
microwaves some examples are (Kappe et al., 2012):
 The superheating of solvents due to extremely fast heating to
temperatures above the solvent boiling point; in such cases sol-
vents boil at temperatures that are higher than the usual boiling
point due to absence of nucleation points.
 The heating of selected phases or reagents of the reaction med-
ium, e.g. microwave-absorbing solid catalysts.
 The generation of inverted temperature gradients between the
wall and the bulk of the reactor, and the subsequent elimination
of wall effects.
Despite some controversy, claims that non-thermal microwave
effects on reactions still exist (Perreux et al., 2013). The reduction
of reaction times exclusively due to microwave irradiation is re-
ferred to as non-thermal microwave effects when the comparison
of reaction performance with and without microwave irradiation
is made at the same temperatures and operating conditions (e.g.
agitation intensity, mixing quality). It has been postulated that
these effects are due to the interaction of the electromagnetic ﬁeld
with the molecules in the reaction medium. It is believed for some
reactions that the electromagnetic ﬁeld modiﬁes the orientation of
the molecules and could change the pre-exponential factor A in the
Arrhenius equation:
K ¼ A:e DGRTð Þ ð1:3Þ
where DG is the activation energy or entropy term. The pre-expo-
nential factor, which describes the probability of molecular impacts,
depends on the vibration frequency of the atoms at the reaction
interface. It is thought that this vibration frequency could be af-
fected under microwave irradiation and leads to an increase of
the pre-exponential factor. The decrease in activation energy under
microwaves is attributed to the increase of the entropy term.
1.3.3. Transesteriﬁcation and esteriﬁcation reactions under
microwaves
The use of microwaves for enhancing chemical reactions has been
a topic of signiﬁcant interest in past years (Baig and Varma, 2012)
and the investigations of transesteriﬁcation and esteriﬁcation52
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tiﬁed by Mazubert et al. (2013). For these reactions in particular,
microwave efﬁciency is increased by the high polarity and high
dielectric loss of methanol. Indeed, the dielectric constant of meth-
anol at 25 C and 2.45 GHz is 32.7 (Albright and Gosting, 1946)
compared with that of water at 78.5, which is high, and that of
oil is only between 3 and 4. The dielectric loss for methanol at
25 C is around 11.8, which is close to that of water, around 13.
In general, the literature studies show that for homogenous
base-catalyzed transesteriﬁcation reactions under microwave irra-
diation in batch conditions, high conversions or yields are attained
at very short reaction times in comparison with conventionally
heated systems. For example:
 A 98% conversion of triolein is obtained in 1 min at 50 C using
an initial power of 25 W in a 100 mL round-ﬂask reactor
(Leadbeater and Stencel, 2006).
 A 93.7% conversion of rapeseed oil is obtained in 1 min at 40 C
using a power of 1200W (Azcan and Danisman, 2008).
 A yield greater than 96% is obtained in 6 min with a KOH
catalyst, at 60 C using a maximum power of 500 W in a
50 mL reactor (Zu et al., 2009).
 A 97.2% conversion of rice oil is obtained in 5 min at 60 C, using
a maximum power of 1600W in a 270 mL reactor (Kanitkar
et al., 2011).
 A 98.4% conversion of safﬂower oil is obtained in 6 min at 60 C
using a maximal power of 300 W in a 500 mL reactor (Duz et al.,
2011).
Similar results have also been found in continuous reactors. For
example, using a 9 mm diameter coiled tube in a household micro-
wave and a ﬂow rate of 19.8 L/h Lertsathapornsuk et al. (2008)
obtained a 97% conversion in 30 s using ethanol, at an average out-
let temperature of 78 C with a maximal power of 800 W. In a 4 L
non-agitated continuous tank with a ﬂow rate of 432 L/h, a 98.9%
conversion was obtained in 30 s at 50 C using a maximum power
of 1600W in a large multimode microwave cavity (Barnard et al.,
2007).
Few studies on the esteriﬁcation of fatty acids with a homoge-
nous catalyst have been carried out; indeed most investigations on
esteriﬁcation reactions with microwaves have used heterogeneous
catalysts. The use of microwaves for decreasing the fatty acid con-
tent with a homogenous catalyst has only recently been shown:
the acidity of Jatropha oil was decreased from 14% to 1% using a
sulfuric acid catalyst at a power of 110 W in a 500 mL reactor in
35 min (Jaliliannosrati et al., 2013).
In summary, the literature results globally show that the use of
microwaves for FAME reactions allows high yields or conversions
to be attained in very short times compared with conventionally
heated reactors. However, it should be pointed out that very few
of these studies provide details on how the temperature in the
microwave reactor is measured. This is an extremely important
point, which has been highlighted recently by Kappe and co-workers
(Herrero et al., 2008; Kappe, 2013; Kappe et al., 2013). These
authors report that erroneous temperature measurements and
poor mixing of the reaction mixture are often responsible for the
observation of reaction enhancement due to non-thermal micro-
wave effects. Infrared (IR) temperature sensors are typically used
for temperature measurement in commercial microwave systems.
However, it is known that the use of IR sensors that measure the
temperature at the outer bottom surface of the reactor do not pro-
vide correct information on the internal reaction temperature. In
situ ﬁber-optic temperature probes provide much more accurate
temperature measurements and therefore are highly recom-
mended. As a result, it is clearly understood that poor temperature
measurements in microwave reactors give misleading results interms of reaction performance. Indeed, in the current literature
on the use of microwave heating for enhancing FAME reactions,
infrared sensors are very often used and one may question the real
gain in using this novel heating method compared with conven-
tional techniques.
1.4. Present work
This work investigates the effects of microwaves on the perfor-
mance of transesteriﬁcation and esteriﬁcation reactions using
WCO as feedstock. To do this, the reactions performed in a conven-
tionally heated reactor and a microwave reactor have been
compared under the same operating conditions (temperature and
stirring conditions). The microwave reactor operates in single
mode and is equipped with a mechanical rotating impeller to
ensure good mixing quality and homogenous temperature in the
reactor. The temperatures are measured directly in the reaction
medium by a ﬁber optic probe to ensure the accuracy of the tem-
perature measurements. To quantify a potential enhancement of
the reaction by the microwave irradiation, the inﬂuence of micro-
wave irradiation on the Arrhenius equation is presented for both
reactions.2. Methods
2.1. Products
WCO was collected in restaurants and supplied by the company
Coreva Technologies (Auch, France). Two different WCOs are stud-
ied: one with low fatty acid content (2.1%) and the other with a
higher level of fatty acids (39%). Both oils contain no water or solid
wastes. The proﬁles of the carbon chains are as follows:
 Oil with 2.1% of FFA: palmitic C16:0 (15.2%), palmitoleic C16:1
(3.5%), stearic C18:0 (4.6%), oleic C18:1 (36.5%), linoleic C18:2
(36.1%) and alpha-linoleic C18:3 (3.5%).
 Oil with 39% of FFA: palmitic C16:0 (13.1%), stearic C18:0 (3.7%),
oleic C18:1 (54.3%), linoleic C18:2 (24.6%), arachidic C20:0
(4.3%).
Methanol (99% HPLC grade), sodium hydroxide pellets, sulfuric
acid (96%), cyclohexane (analytical grade) and ethanol (absolute,
99.9%) were supplied by VWR, France. Phenolphthalein and KOH-
ethanol solution (1 M or 0.1 M) were supplied by Sigma–Aldrich,




The conventionally heated reactor, as shown in Fig. 1(a), con-
sists of a 1L-jacketed vessel equipped with a 3-bladed paddle, a
cooling system to avoid the vaporization of methanol and a
mercury thermometer. The agitation speed is ﬁxed at 300 rpm
for both reactions. The transesteriﬁcation is carried out at four
temperatures (25 C, 40 C, 50 C and 60 C) using the 2.1% FFA
oil. The methanol to oil molar ratio is 6:1 and the mass fraction
of KOH catalyst (with respect to the mass of oil) is 1%. An initial
mass of 600 g of oil is preheated in the reactor before adding the
methanol and catalyst solution.
The esteriﬁcation is also carried out at four temperatures (30 C,
40 C, 50 C and 60 C) using the 39% FFA oil in the conventionally
heated reactor. The methanol to oil ratio is 36:1 and the mass frac-
tion of the sulfuric acid catalyst (with respect to the mass of oil) is
7%. The methanol and sulfuric acid are preheated in the reactor,53
Fig. 1. Two experimental systems: (a) the conventionally heated reactor and its agitator and (b) the microwave heated reactor with its mechanical agitator (M) and
temperature monitored by optical ﬁber (T). Dimensions are given in mm.
Table 1
Comparison of temperature measurements using an optical ﬁber probe (OF) and
infrared sensor (IR) for the esteriﬁcation reaction. The reactor volume is 80 mL and
the stirring speed using an mechanical agitator is 300 rpm.
Experimental tests
Setpoint T (C) 30 40 50 60
Time needed by OF to reach setpoint T (s) 20 26 34 45
T (OF) (C) 30 40 50 60
T (IR) (C) 23 33 39 33
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ﬁxed at 1 L.
The microwave reactor is a CEM Discover SP (f = 2.45 GHz)
operates at atmospheric pressure and is equipped with a 100 mL
round-ﬂask and a 2-bladed paddle impeller made of PTFE, as
shown in Fig. 1(b). The maximum power is 300 W. The power is
automatically adjusted to the measured temperature via an optical
ﬁber. The agitation speed is ﬁxed at 300 rpm. The 2-bladed paddle
impeller has been used instead of the conventional magnetic stir-
rer in order to homogenize the temperatures in the microwave
cavity and to ensure good mixing of the reactants. Indeed, the
default magnetic stirrer provided in the microwave reactor was
unable to rotate in the viscous oils and therefore provided insufﬁ-
cient mixing. The temperature homogeneity was also assisted by
the use of a single mode microwave reactor, instead of a multi-
mode reactor type that has often been used in previous studies
(Barnard et al., 2007; Lertsathapornsuk et al., 2008). The total
reaction volume is 80 mL. The transesteriﬁcation and the esteriﬁ-
cation are carried out at the four different temperatures as in the
conventionally heated reactor. As stirring and microwave irradia-
tion start simultaneously, the initial time is set to when the
agitation starts even if the desired temperature is not reached
yet. The times required to reach each of the set temperatures are
given in Table 1.2.3. Characterization of reaction performance
The composition of FAME produced from the transesteriﬁcation
and esteriﬁcation reactions was characterized by gas chromatogra-
phy (GC) using a Perkin Elmer Instrument based on the EN-14103
method. The chromatograph is equipped with a ﬂame ionization
detector (FID). The column used was Restek (CP-Sil 8 Rtx-5: 5%
diphenyl, 95% dimethylpolysiloxane) 15 m  0.32 mm  0.25 lm.The injection is ‘‘on-column’’ because the di- and triglycerides
are not vaporized in the injector and are injected as liquids in
the column. One internal standard (heptadecane) and six reference
materials (triolein, monoolein, diolein, triolein, oleic acid, methyl
oleate) supplied by Sigma–Aldrich were used for the GC calibra-
tion. The samples are diluted in cyclohexane (Analytical grade)
supplied by VWR, France. The operating conditions used for the
oven were 55 C for 30 s, 45 C/min to 80 C, 10 C/min to 360 C
and hold for 11 min. The carrier gas was helium at a constant pres-
sure at the top of the column of 15 psi. The hydrogen ﬂowwas kept
at 45 mL/min and the air ﬂow was kept at 450 mL/min. The
hydroxyled compounds (fatty acids, mono, di- and triglycerides)
are silyled by a mixture of N-methyl-N-trimethylsilyl-heptaﬂuoro-
butyramide (MSHFBA) and methylimidazole (MI). This reaction
increases the volatility and the stability of injected hydroxyled
compounds to enhance their detection.
The fatty acid level is determined by titration with a 0.1 N
KOH-ethanol solution using a Mettler Toledo DL50 titrator based
on the ISO 660 norm. The sample (about 1 mL) is diluted in ethanol
(about 30 mL). The titrator gives the exact volume added at the
equivalence point, which is determined by a pH sensor. Phenol-
phthalein is used as the colored indicator to detect the equivalence
point. The percentage of acidity Ac is given by the relationship:54
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equivalence point, MC18 the molar mass of fatty acids and CKOH
the concentration of the KOH-ethanol solution. The percent con-
version is given by the relationship: X = (Acinitial  Acﬁnal)/Acinitial
where Acinitial = 39%.
2.4. Operating conditions requirements
2.4.1. Reproducibility
In order to ensure the reproducibility of results, the microwave-
assisted transesteriﬁcation reaction has been performed ﬁve times
for a duration of 8 min. The standard deviation, the interval of con-
ﬁdence at 95% and the average values of the compounds present
following the reaction are given in Table 2. The quantity of esters
is 91.3% (±1%). The uncertainties of the other compounds are
relatively larger in comparison to the small measured quantities.
The control of the temperature and the reproducibility are there-
fore regarded as satisfactory considering the small changes in ester
production for a ﬁxed duration of reaction time.
2.4.2. Effect of hydrodynamics
As described above, the vessels used with conventional heating
and with microwave heating have different sizes (1 L and 100 mL,
respectively) and different agitators. To ensure that any potential
enhancement of the reactions is not caused by differences in the
mixing quality and hydrodynamics of the liquid–liquid reactive
medium the reactions were also performed in the 100 mL vessel
with conventional heating, using a thermal bath with a tempera-
ture of 60 C. After 5 min, the concentration of esters in the 1 L con-
ventionally heated reactor is 2.25 mol/L (2.23–2.28 mol/L) whereas
for the 100 mL vessel heated with the thermal bath, the concentra-
tion of esters is 2.24 mol/L (2.26–2.21 mol/L). Theses concentra-
tions obtained in both vessels are very close, thereby showing
that the vessel size and the different agitators have no effect on
the reaction performance. Consequently, it is supposed the
difference of shape or size of the two different reactors has a small
impact on reaction rates, and thereby makes it possible to directly
compare the reaction performance in the reactor.
2.4.3. Importance of temperature monitoring
In order to quantify the difference in temperature measure-
ments using different types of probes two experiments have been
conducted. The ﬁrst compares the temperature measured within
the reaction medium during an esteriﬁcation reaction using and
optic ﬁber probe (OF) and the temperature measured by an infra-
red sensor (IR) at the bottom wall of the vessel. Table 1 shows that
the temperatures measured by OF are equal to the set point
temperature and are approximately 10–20 C greater than those
measured by IR. The second experiment aims at assessing the
response time of the OF and IR probes when heating water in
the microwave reactor; the results are given in Table 2. In the ﬁrst
step of this experiment, the power is ﬁxed at 100 W for 90 s and
the water temperature from 18 C to 45 C according to OF mea-
surement and to 41 C according to IR measurement; the difference
in measurements is 4 C. When the water is heated again for 30 s at
a power of 300 W, the temperature increases from 37 C to 64 CTable 2
Repeatability study for transesteriﬁcation reaction performed at T = 60 C for 8 min: statist
diglycerides (DG) and triglycerides (TG).
%EM 91.8 91.8 90.1 90.9 92.1
%FA 2.1 2.4 3.4 2.3 2.6
%MG 2.4 2.4 2.4 2.7 2.3
%DG 2.1 1.9 1.9 2.1 1.5
%TG 1.6 1.6 2.3 2.0 1.5according to OF measurement but still reads as 37 C with the IR
sensor. At least half a minute is necessary for the IR sensor to
detect the increase and temperature and the IR sensor ﬁnally
measures 57 C. After 30 more seconds of microwave irradiation,
the temperature increases from 61 C to 82 C according to OF
measurement but still reads as 60 C with the IR sensor. The
response time of the IR sensor is therefore somewhere between
30 and 60 s. Indeed, this time is incompatible with the very fast
heating rates provided by microwaves (see Table 1). Finally,
temperature measurements in the reactor using the optical ﬁber
and the IR sensor are compared to the value given by a mercury
thermometer inserted in the reactor without microwave irradia-
tion. The results show that the IR always measures lower
temperatures than OF and mercury thermometers. This conﬁrms
that the OF provides correct temperature measurements.
The reason for this difference is due to nature of the measure-
ment. Indeed, the IR sensor measures the external surface temper-
ature of the reaction vessel that is made of borosilicate glass, which
has a low thermal conductivity (1.2 Wm1 K1). This thermal iner-
tia has been already been described in the literature in a study on
the inﬂuence of reactor material on the synthesis of ionic liquids
using microwaves (Obermayer and Kappe, 2010). Other authors
show that the temperatures measured with OF probes are higher
than those measured with the IR sensor (Herrero et al., 2008).
The difference between the two types of measurements is also
recognized by the microwave reactor manufacturer CEM who rec-
ommends the use of OF probes.
In some recent works focused on transesteriﬁcation and esteri-
ﬁcation reactions under microwave irradiation, the temperature is
controlled with an infrared sensor (Azcan and Danisman, 2008;
Leadbeater and Stencel, 2006; Zu et al., 2009) or at the outlet of
the reactor with a mercury thermometer (Lertsathapornsuk et al.,
2008); only one study has used an OF probe (Barnard et al.,
2007). The rest of the cited studies do not however specify how
the temperature was measured. As a result, it is highly probable
that many of the temperatures indicated in these literature studies
were lower than the real temperature in the reaction medium. A
consequence of inaccurate temperature measurement is the non-
detection of superheating of the reaction media, which is purely
thermal phenomena, not a non-thermal microwave effect. In order
to ensure the accuracy of temperature measurement and the
absence of superheating in the current experiments, temperature
is monitored with an OF probe.3. Results and discussion
3.1. Transesteriﬁcation: conventional versus microwave reactor
In a previous study, it was found that the kinetics of sunﬂower
transesteriﬁcation at low temperatures is governed by three re-
gimes: a mass-transfer limited regime, an irreversible pseudo-
homogenous regime and a reversible pseudo-homogenous regime
(Stamenkovic et al., 2008). In the current study, the regime is
assumed to be a reversible pseudo-homogenous regime since the
temperatures are higher and the agitation is strong, and thereby
takes into account the reaction in both directions.ics of the mass fraction of methyl esters (EM), fatty acids (FA), monoglycerides (MG),








Difference of temperature measured by IR or OF for 80 g of water in the 100 mL vessel
heated at ﬁxed power for 90 and 30 s. Magnetic agitation speed is 600 rpm.
Temperatures are measured simultaneously by IR, OF and by a mercury thermometer
(THg).
P = 100 W, t = 90 s, T0 (C) = 18
TIR (C) TOF (C) DT (C)
41 45 4
P = 300 W, t = 30 s, T0 (C) = 37
TIR (C) TOF (C) DT (C)
37 64 10
After 30 s without irradiation
TIR (C) TOF (C) DT (C)
57 61 4
P = 300 W, t = 30 s, T0 (C) = 58
TIR (C) TOF (C) DT (C)
60 82 22
After cooling at the open air







































































Fig. 2. Quantity of esters produced in the transesteriﬁcation reaction as a function
of time at different temperatures in the (a) conventionally heated and (b)
microwave reactor.




During the reaction, the reaction rate is written as:
r ¼  d½TG
dt
¼ ½TG0ð1 XÞ  k2½TG03X ð3:2Þ
dX
dt
¼ k1ð1 XÞ  k2ð3XÞ ð3:3Þ
dX
dt
þ ðk1 þ 3k2ÞX  k1 ¼ 0 ð3:4Þ
The solution of this differential equation is:
X ¼ Keðk1þ3k2Þt þ k1
k1 þ 3k2 ð3:5Þ
At the initial time t = 0, X is equal to 0, therefore:




The expression of X is then:
X ¼ k1
k1 þ 3k2 ð1 e
ðk1þ3k2ÞtÞ ð3:7Þ
Gas chromatography gives access to the molar fraction x of methyl
esters in the media. The quantity of methyl esters in moles E is
therefore assumed to be:
E ¼ 3½TG0x ð3:8Þ
The experimental data is ﬁtted with the equation:
E ¼ að1 ebtÞ ð3:9Þ
The coefﬁcients are determined by identiﬁcation:
k1 ¼ ab3½TG0
 
k2 ¼ b3  ab9½TG0
ð3:10Þ
The experimental data and the corresponding models are presented
in Fig. 2. Model and experimental data show good agreement. Mass
fractions of esters increase with higher temperatures.
The kinetic constants, the pre-exponential factor and the activa-
tion energy have been determined from the data and are presented
in Table 3. Theminimumandmaximumvalues given for coefﬁcients
b and c have been estimated with the Curve Fitting Tool in Matlab
(R2011b). This tool uses a nonlinear least-squares method (lsqcurv-
eﬁt function) which consists in minimizing the square of the differ-
ence between E ¼ að1 ebtÞ and E obtained in experiments. Interval
of conﬁdence C is then calculated by conﬁnt function, given by:





where b contains the coefﬁcients of the ﬁt, t is the critical t value of
the Student t-distribution with a conﬁdence level of 95% at a degree
of freedom equals to n  p (where n is the number of experiments
and p is the number of coefﬁcients). S is a vector of diagonal
elements of covariance matrix equal to (XTX)1s2, where X is the
Jacobian of the ﬁtted values and s2 the mean squared error. The
minimum and maximum values of kinetic constants ha then been




























276 A. Mazubert et al. / Bioresource Technology 161 (2014) 270–279The covariance cov(a,b) is the value of non-diagonal elements of the
covariance matrix. The interval of conﬁdence, I, of the kinetic con-
stants is then given by the relation:
I ¼ k t sðkÞ ð3:15Þ
The method for the determination of interval of conﬁdence of
regression coefﬁcients has been used for the calculation of activa-
tion energy with the relation ln k = A  Ea/RT), where A and Ea/R
the coefﬁcients of the ﬁt between ln k and 1/T values, keeping the
same method as for determination of intervals of conﬁdence of
the kinetic constants.
Models and experimental data are compared in Fig. 2. Corre-
sponding parameters are given in Table 4. The differences in the
kinetics obtained in the microwave reactor and the conventionally
heated reactor are shown in Fig. 3. From these results, the follow-
ing observations are made:
- Considering the intervals of conﬁdence, the activation energies
are close in both reactor types, with mean values of Ea1 equal to
37.1 kJ/mol in microwave reactor compared with 31.6 kJ/mol in
the conventionally heated reactor, and 17.9 kJ/mol in micro-
wave reactor compared with 9.7 kJ/mol for Ea2. The conﬁdence
level of 95% of Ea2 gives negative values. To respect physical
considerations by obtaining only positive values, t value has
been reduced, corresponding to a conﬁdence level between
80% and 90%.
- The pre-exponential factors are in the same range for both sys-
tems with values in the range 102–108 L/mol/min for A1 and in
the range 104–102 L/mol/min for A2.
- The average values of the kinetic constants are slightly higher in
the microwave reactor, however the intervals of conﬁdence of
these constants shown in Fig. 3 suggest that there is little differ-
ence between the two reactor types.Table 4
Comparisons of model coefﬁcients, kinetic constants, activation energies and pre-exponen
heated reactor for the transesteriﬁcation reaction. These values are given in bold and are
Microwave heating
T (C) 25 40
b (L/mol/min) 0.422 0.979
Min value/max value 0.507/0.337 1.235
a (mol/L) 2.186 2.278
Min value/max value 2.136/2.235 2.224/2
R2 0.9983 0.9977
k1 (L/mol/min) 0.376 0.909
Min value/max value 0.291/0.460 0.650/1
k2 (L/mol/min) 0.015 0.024
Min value/max value 0.011/0.020 0.014/0
Conventional heating
T (C) 25 40
b (L/mol/min) 0.3415 0.646
Min value/max value 0.416/0.267 0.713
a (mol/L) 2.177 2.246
Min value/max value 2.107/2.247 2.213/2
R2 0.9948 0.9982
k1 (L/mol/min) 0.302 0.590
Min value/max value 0.237/0.368 0.529/0
k2 (L/mol/min) 0.013 0.018
Min value/max value 0.009/0.017 0.015/0
Microwave heating
Ea1 (kJ/mol) 37.1 R2
Min value/max value 20.1/54.2 0.978
A1 (L/mol/min) 1.3  106
Min value/max value 1.9  103/8.2  108
Ea2 (kJ/mol) 17.9 0.886
Min value/max value 2.2/33.5
A2 (L/mol/min) 2.1  101
Min value/max value 5.5  102/7.9  103These results can be compared with those found in the litera-
ture in conventionally heated reactors in the same temperatures
conditions as present with a molar ratio of methanol to oil of 6
and a mass fraction of KOH of 1%. Darnoko and Cheryan (2000) cal-
culated an activation energy of 61.4 kJ/mol with palm oil and a
constant speed provided by a magnetic stirrer and Stamenkovic
et al. (2008) found a value of 53.5 kJ/mol with sunﬂower oil at a
constant speed of 200 rpm.3.2. Esteriﬁcation: conventional versus microwave reactor
The model used is a pseudo-homogeneous second-order model.
dE
dt
¼ k  FFA2 ð3:16ÞdE
dt
¼ FFA0  dXdt ¼ k  ðFFA0  ð1 XÞ
2Þ ð3:17ÞdX
ð1 XÞ2
¼ k  FFA0  dt ð3:18Þ
The integration between 0 and X and 0 and t gives:
1
1 X ¼ k  FFA0  t þ 1 ð3:19Þ
The experimental data and the corresponding models are presented
the Fig. 4. Model and experimental data show good agreements.
Conversion increases with higher temperatures.
The kinetic constants, the pre-exponential factor and the activa-
tion energy have been determined and presented in Table 5. The
intervals of conﬁdence have been determined with a methodtial factors obtained at different temperatures in the microwave and conventionally





























9.8  104/4.6  102
57
Fig. 3. Comparison of ln k as a function of the inverse of temperature in conventionally heated and microwave reactors for the transesteriﬁcation reaction with the limits of
intervals of conﬁdence denoted by (- -) for the microwave reactor and (. . .) for the conventionally heated reactor. Corresponding zones are represented with a blue surface for
results obtained in microwave, and in grey for results obtained in batch reactor. The intersection of the zones is darker. (For interpretation of the references to colour in this













































Fig. 4. Conversion as a function of time at different temperatures in the conventionally heated (a) and microwave reactor (b).
A. Mazubert et al. / Bioresource Technology 161 (2014) 270–279 277analogous to that used in the previous part, with the following
regression function:
1
1 X ¼ a  t þ 1 witha ¼ k  FFA0: ð3:20Þ
The differences in the kinetics between the microwave reactor and
the conventionally heated reactor are shown in the Fig. 5.The remarks pertaining to the results presented in Table 5 are
very similar to those made for the transesteriﬁcation reaction.
- The activation energies are approximately the same considering
the intervals of conﬁdence with an average value of 45.4 kJ/mol
in the microwave reactor compared with 56.1 kJ/mol in the
conventionally heated reactor.58
Table 5
Comparisons of model coefﬁcients, kinetic constants, activation energies and pre-exponential factors obtained at different temperatures in the microwave and conventionally
heated reactor for the esteriﬁcation reaction. These values are given in bold and are associated with an interval of conﬁdence that is given in italics.
Microwave heating
T (C) 30 40 50 60
a (L/mol/min) 0.339 0.691 1.413 2.236
Min value/max value 0.305/0.374 0.571/0.812 1.216/1.610 1.603/2.868
R2 0.985 0.960 0.978 0.914
k1 (L/mol/min) 0.830 1.691 3.457 5.471
Min value/max value 0.739/0.921 1.374/2.009 3.011/3.903 4.038/6.904
Conventional heating
T (C) 30 37.8 47 55.4
a (L/mol/min) 0.373 0.654 1.212 1.872
Min value/max value 0.332/0.414 0.5966/0.711 1.076/1.348 2.086/2.299
R2 0.972 0.990 0.992 0.975
k1 (L/mol/min) 0.913 1.600 2.966 5.104
Min value/max value 0.813/1.013 1.459/1.741 2.632/3.299 4.582/5.626
Microwave heating Conventional heating
Ea1 (kJ/mol) 45.4 R2 56.1 R2
Min value/max value 31.8/58.9 0.991 55.7/56.4 1
A1 (L/mol/min) 7.0  107 4.2  109















k1 conventionally heated reactor
Fig. 5. Comparison of ln(k) as a function of the inverse of temperature in the conventionally heated and microwave reactors for the esteriﬁcation reaction with the intervals of
conﬁdence denoted by (- -) for the microwave reactor and (. . .) for the conventionally heated reactor. Results relative to microwave are represented in blue. Corresponding
zones are represented with a blue surface for results obtained in microwave, and in grey for results obtained in batch reactor. The intersection of the zones is darker. (For
interpretation of the references to colour in this ﬁgure legend, the reader is referred to the web version of this article.)
278 A. Mazubert et al. / Bioresource Technology 161 (2014) 270–279- Considering the intervals of conﬁdence, the pre-exponential
factors are also approximately the same for both reactors, with
a mean value of 7.0  107 L/mol/min in the microwave reactor
compared with 4.2  109 L/mol/min in the conventionally
heated reactor.
Fig. 5 shows that considering the intervals of conﬁdence, the ki-
netic constants are more or less the same under microwave irradi-
ation or in the conventionally heated reactor.
4. Conclusions
In similar operating conditions, with accurate temperaturemon-
itoring, kinetics of transesteriﬁcation and esteriﬁcation reactions
have been compared with conventional or microwave-heating.
Similar results support the belief that non-thermal microwaveeffects do not exist as claimed in previous reports. It also suggests
the enhancement of transesteriﬁcation and esteriﬁcation reactions
observed in previous studiesmay be an artifact of poor temperature
measurements, underestimated using infrared sensors, and
therefore results in higher reaction conversions since the real
temperature is higher and possibly superior to boiling points due
to the superheating of reactive media. Nevertheless, microwave
thermal effects reduce heating and therefore process times .
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Part II, Chapter 1: Transesterification and esterification reactions in the microwave reactor 
 
 
Determination of operating conditions for esterification with methanol reaction 
 
 Transesterification reaction has been vastly investigated in the literature (see Part I). A large 
number of  publ ications have determined the optimum of  operating conditions to be a  molar ratio of 
methanol to oil of 6 and a mass fraction of catalyst related to oil of 1% [1]–[12]. 
Concerning e sterification reaction w ith methanol, the be st operating c onditions identified in 
the literature (see Part I) are esterification reaction is performed with a molar ratio of methanol to oil 
which is between 10:1 and 48:1 and a mass fraction of catalyst related to oil between 0.3 and 10% of 
mass related to the mass of oil [13]–[16] (Tables of Part I). 
To determine the best operating conditions for esterification reaction, the reactor allowing the 
production of  e xperimental da ta w ith t he m inimum amount of  t ime a nd pr oduct i s t he m icrowave 
reactor with a volume of 100 mL. The objective is to have significant conversions and keep this set of 
conditions for the other technologies. The three variables are the molar ratio of methanol to fatty acids 
R, the molar ratio of catalyst to fatty acids x and the residence time t which are used to optimize the 
conversion X. 
The results a re g iven i n Table 1  and the c ubic m odel i s r epresented i n 3D  i n Fig. 1 . An 
optimum is found at R = 15.4 and x = 0.18 and this set of parameters is kept constant for the rest of the 
studies for all t he t ypes o f r eactors, co rresponding t o b atch, microstructured and o scillatory b affled 
reactor fo r this C hapter 1 . The op timum t hat ha s b een f ound is tested e xperimentally. A  94.4 % 
conversion has been obtained using a ratio of 15.4, a molar ratio of catalyst to fatty acid of 0.18 and a 
residence time of  35 m inutes. I n c omparison, in the batch r eactor a t 60° C ( see Part II , Chapter2), 









Table 1. Box-Behnken design. R varies between 6 and 50, t varies between 1 and 60 minutes, w varies between 0.5 and 10%. X is the 
conversion. 
 
R t (min) x (-) X (%) 
21.4 60 0.14 95.8 
12.0 60 0.26 94.6 
21.4 30.5 0.26 93.7 
12.0 30.5 0.14 89.1 
2.6 60 0.14 56.2 
21.4 1 0.14 41.6 
21.4 30.5 0.01 41.3 
12.0 1 0.26 34.6 
12.0 60 0.01 13.0 
2.6 30.5 0.26 6.0 
2.6 30.5 0.01 3.0 
12.0 1 0.01 2.1 




Fig. 1. Cubic model of the Box-Behnken design. X is the conversion, t the time in minutes, R the molar ratio of methanol to oil. The fraction 
of catalyst w is fixed at 5% on this representation. 
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Part II, Chapter 1: Transesterification and esterification reactions in the microwave reactor 
 
 
Complementary tests with heterogeneous catalysts 
 
To complete this publication realized under homogenous catalysis, some results obtained with 
heterogeneous catalysts are given. The catalysts have been chosen on the basis of the work of Koberg 
et al . [2] and S ocha e t a l. [3] promoting s trontium oxi de ( SrO) a nd S candium t riflate ( ScTf3) 
respectively for transesterification and esterification reactions. 
SrO (99.5%) has been supplied by Alfa Aesar and ScTf3 by Sigma Aldrich. Table 1 shows the 
transesterification reaction performance using SrO as a catalyst (with molar ratio of  methanol to oil 
fixed at 6 and mass fraction of catalyst to oil fixed at 1%). It can be seen that only low mass fractions 
of methyl esters have been obtained with this catalyst and microwave irradiation, even after 15 min of 
reaction time. This contradicts the work of Koberg et al. [2] who obtained 96% of conversion in 2 min 
with the same catalyst in the same reactive conditions as this work but with a mass fraction of catalyst 
to oil of 1.8%, and 93% of conversion with a mass fraction of catalyst of 0.92%. In their work, high 
conversions (93%) a re a ttained even without s tirring.  Such a d ifference could be ex plained b y t he 
uncertainty of temperature measurement, which i s the main issue according to this Chapter. In their 
work, microwave irradiation occurs by cycle, 21 s  on and 9 s  off, and the temperature is measured at 
the end of the reaction with a digital thermometer, which is not the exact temperature of the reaction. 
Consequently, the temperature might be underestimated. Table 2 shows the conversions obtained with 
ScTf3 catalyst f or the esterification r eaction. These a re s ignificantly hi gher t han t hose of  t he 
transesterification reaction but after 50 min of reaction time the conversion is still lower than what is 
obtained with the homogeneous H2SO4 catalyst. 
 
Table 1. Mass fraction of methyl esters (ME) obtained in the microwave reactor (V = 100 mL) at 60°C for transesterification reaction 
catalyzed by SrO. 
time (min) 2.5 8 15 
ME (wt. %) 3.7 3.9 5.0 
 
Table 2. Conversions obtained in the microwave reactor (V = 100 mL) at 60°C for esterification reaction catalyzed by ScTf3 and H2SO4. 
time (min) 15 50 
X(ScTf3) (%) 82.4 84.0 
X (H2SO4) (%) 82.0 97.7 
Conclusion 
 
It has been previously claimed in the literature data as described in Part I and in this Chapter 
that h omogenously-catalyzed t ransesterification an d esterification reactions a re e nhanced und er 
microwave i rradiation. In t his w ork, a  thorough experimental m ethod a nd analysis of r esults has 
shown that the accuracy of temperature measurement in microwave reactors has a significant effect on 
estimation of t he p ositive ef fect o f m icrowaves. S upplementary t ests w ith h eterogeneous c atalysts 
have also been studied. The transesterification reaction catalyzed with strontium oxide provides a mass 
fraction of methyl esters less than 5%, which is lower than that expected based on literature data. On 
the other hand, the esterification reaction catalyzed by scandium triflate has shown satisfactory results, 
with 84% conversion in 50 min. In conclusion, our results show that neither reaction is significantly 
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enhanced under microwave irradiation, as claimed in the literature. However, our results clearly show 
that heating r ates provided by microwaves are much f aster than those at tained with conventional 
heating.  
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This chapter focuses on biodiesel production reactions – transesterification and esterification 
with methanol – in two intensified technologies: microstructured and oscillatory baffled reactors. This 
chapter is presented the form of a publication, which has been published in a special issue of Green 
Processing and Synthesis in J uly 2014, f ollowing the Congress on G reen Process Engineering in 
Sevilla in 2014. 
This publication is completed by a study of the parameters used for the esterification reaction: 
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 Intensification of waste cooking oil transformation 
by transesterification and esterification reactions 
in oscillatory baffled and microstructured reactors 
for biodiesel production 
 Abstract:  The transformation of waste cooking oils for 
fatty acid methyl ester production is investigated in two 
intensified technologies: microstructured Corning  ®  and 
oscillatory baffled NiTech  ®  reactors, compared to a refer-
ence batch reactor to quantify the process intensification 
provided by each technology. Both reactors achieve high 
conversions in shorter times. For transesterification, 96 
wt.% of esters are obtained in 1.4 min at 97 ° C in the Corn-
ing  ®  reactor and 92.1 wt.% of esters in 6  min at 44 ° C in 
the NiTech  ®  reactor, compared with 94.8 wt.% of esters in 
10 min at 60 ° C in the batch reactor. For esterification, 92% 
conversion is obtained in 2.5  min in the Corning  ®  reac-
tor at 75 ° C compared with 20 – 30  min in the batch reac-
tor at 60 ° C, and at 40 ° C, 96.8% conversion is achieved in 
13.3 min in the NiTech  ®  reactor, compared with 30 min in 
the batch reactor. The advantage of the Corning  ®  reactor 
is that it can operate at higher pressures (1 – 20 bar) and 
temperatures (100 ° C), thereby providing faster kinetics 
than the NiTech  ®  reactor. However, oils with a high free 
fatty acid level (73%) cause the Corning  ®  reactor channels 
to be blocked. A wider range of operating conditions could 
be obtained in NiTech  ®  with a pressure-resistant material. 
 Keywords:  biodiesel;  microstructured reactor;  oscillatory 
baffled reactor;  process intensification;  waste cooking oil. 
 DOI 10.1515/gps-2014-0057 
 Received  July  27 ,  2014 ; accepted  September  5 ,  2014 
 Nomenclature 
 FAME  Fatty acid methyl esters 
 FFA  Free fatty acids 
 COBR  Continuous oscillatory baffled reactor 
 Re o  Oscillatory Reynolds number (-) 
 Str  Strouhal number (-) 
 R  Molar ratio of methanol to oil for transesterifi-
cation reaction (-) 
 A  Amplitude of oscillations (mm) 
 f  Frequency of oscillations (Hz) 
 %ME  Mass fraction of methyl esters (%) 
 F total  Total flow rate in the reactor (kg/h) 
 F esters  Flow rate of esters in the reactor (kg/h) 
1   Introduction 
1.1   Context 
 In recent years, bio-sourced raw material has been investi-
gated as a substitute for fossil fuels or as solvent for renew-
able energy and green chemistry applications. In the past, 
virgin and food-grade oils were used to produce the first 
generation of biofuels, constituted of fatty acid methyl 
esters (FAME). However, the use of these oils for biodiesel 
production generates competition with food supply and 
implies that an increased production capacity is required 
to satisfy a higher global demand, with negative long-term 
consequences, including deforestation and desertifica-
tion  [1] . Due to such demands, the price of edible oils is 
therefore high, representing between 70% and 90% of the 
biodiesel process cost  [2] . The use of non-edible oils, such 
as jatropha or castor oil, does not compete directly with 
food-grade oils; however, they still require large planta-
tion areas  [3] . Waste cooking oils (WCOs) are of particular 
interest for biodiesel production for two reasons. First, 
WCOs are two to three times cheaper than virgin oils  [4] . 
Secondly, by re-using and transforming of WCOs, instead 
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CNRS, LGC, F-31030 Toulouse, France 
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of discarding it into sewers, water treatment costs are sig-
nificantly decreased  [5] . This double effect propels WCOs 
as a very good environmentally friendly feedstock. The 
collection of WCOs is made in restaurants and food indus-
tries by specialized companies. Private household produc-
tions are not collected but can be collected in municipal 
waste disposals. 
 The use of WCOs for biodiesel production does 
however bring on additional processing challenges. 
During the cooking process and in the presence of water, 
oils are subjected to high temperatures, leading to forma-
tion of fatty acids by hydrolysis reactions  [3] . In general, 
transesterification is base-catalyzed as the reaction is 
4000 times faster than with acid catalysis  [6] . However, 
the high acidity of the oil leads to undesired soap for-
mation, which decreases the reaction yield and acts as 
a surfactant between the two final immiscible products, 
making downstream separation more difficult. The upper 
limit of fatty acid levels has never been clearly defined. An 
advised limit is 1 mg KOH/g oil (fatty acid mass fraction of 
0.5%)  [5] ; however, reactions have been performed at 3 mg 
KOH/g oil (fatty acid mass fraction of 1.5%)  [5, 7] . Water 
content is limited to 0.05%vol. (ASTM D6751 standard), 
because it forms inactive alkaline soaps  [8] . 
1.2   FAME production from WCOs 
 When producing biodiesel from WCOs, the first required 
step is to reduce the acidity of the oil. For this, both physi-
cal (drying, filtration or distillation  [9] ) and chemical pre-
treatments can be used. Chemical pretreatment with the 
acid-catalyzed esterification reaction will be the focus 
in this paper. In this reaction, which is a mass-transfer-
limited reaction due to the immiscibility between the two 
reactants  [10] , the fatty acids in the oil are transformed 
into methyl esters and water, as presented in Scheme  1 . 
 At this stage after the esterification pretreatment step, 
the oil contains mainly tri-, di- and mono-glycerides and its 
acidity is generally below 1.5%. After a subsequent water 
removal step, the pretreated oil is then transformed with base-
catalyzed transesterification, where the products are FAME 
and glycerol, as given in Scheme  2 . The transesterification 
 Scheme 1   Reaction scheme for the esterification of fatty acids with 
methanol to methyl esters and water. 
 Scheme 2   Transesterification reaction scheme. 
reaction is mass-transfer-limited at the beginning because 
of the immiscibility between triglycerides and methanol and 
also at the end of the reaction because most of the catalyst 
is in the glycerol phase  [11] . After treatment of the product: 
recovery of the oil phase, removal of methanol, neutraliza-
tion of the catalyst, FAME meet requirements to be used 
as a biodiesel if European norm EN 14214 is respected, i.e., 
the mass fraction of esters is  > 96.5%, the mass fraction of 
methanol  < 0.2%, water and sediments  < 0.05% (vol.), free 
glycerin  < 0.02% (wt.), mono-glyceride  < 0.8% (wt.), and 
di- and triglycerides  < 0.2% (wt.). Several types of reactors 
have been used to carry out WCO transformations and these 
have been reviewed in our previous work  [12] . Technologies 
include microstructured, cavitational, microwave oscilla-
tory flow and membrane reactors, as well as static mixers 
and reactive distillation. Microstructured and oscillatory 
baffled reactors show promising results since the reaction 
times are significantly reduced. The objective of this work 
is to experimentally study the feasibility and intensification 
of transesterification and esterification reactions in micro-
structured and oscillatory baffle reactors, and compare the 
results obtained in a conventionally heated and mechani-
cally stirred reactor. 
2   Materials and methods 
2.1   Products 
 WCO was collected, filtrated at 400  μ m and supplied by Coreva Tech-
nologies (Auch, France). Four WCOs are studied: two oils with a low 
fatty acid content (0.4% and 2%) and two oils with a higher fatty acid 
content (39% and 73%). These four different oils have 0% water and 
0% solid wastes, and the profiles of the carbon chains are character-
ized as follows.
 –  Oil with 0.4% FFA: myristic C14:0 (0.2%), palmitic C16:0 (6.2%), 
stearic C18:0 (4.0%), oleic C18:1 (31.3%), linoleic C18:2 (56.3%), 
alpha-linoleic C18:3 (0.57%), arachidic C20:0 (0.35%), behenic 
C22:0 (0.78%) and lignoceric C24:0 (0.3%); 
 –  Oil with 2% FFA: palmitic C16:0 (6.7%), palmitoleic C16:1 (1.6%), 
stearic C18:0 (1.3%), oleic C18:1 (47.7%), linoleic C18:2 (29.7%), 
arachidic C20:0 (7.4%) and behenic C22:0 (5.6%); 
Bereitgestellt von | De Gruyter / TCS
Angemeldet
Heruntergeladen am | 13.10.14 16:39
70
A. Mazubert et al.: Biodiesel production intensified in oscillatory baffled and microstructured      3
 –  Oil with 39% FFA: palmitic C16:0 (13.1%), stearic C18:0 (3.7%), 
oleic C18:1 (54.3%), linoleic C18:2 (24.6%) and arachidic C20:0 
(4.3%); 
 –  Oil with 73% FFA: caprylic C8:0 (7.3%), capric C10:0 (4.6%), lau-
ric C12:0 (2.7%), myristic C14:0 (1.4%), palmitic C16:0 (19.4%), 
palmitoleic C16:1 (3.3%), stearic C18:0 (3.9%), oleic C18:1 
(40.3%), linoleic C18:2 (11.3%) and alpha-linoleic C18:3 (0.53%). 
 Methanol (99% HPLC grade), sodium hydroxide pellets, sulfuric acid 
(96%), cyclohexane (analytical grade) and ethanol (absolute, 99.9%) 
were supplied by VWR (Fontenay-sous-Bois, Val-de-Marne, France). 
Phenolphthalein and KOH-ethanol solution (1  m or 0.1  m ) were sup-
plied by Sigma-Aldrich (Saint-Quentin Fallavier, Isère, France). Meth-
ylimidazole (MI) was supplied by Alfa Aesar (Schiltigheim, Bas-Rhin, 
France).  N -Methyl- N -trimethylsilyl-heptafluorobutyramide (MSHFBA) 
was supplied by Marcherey-Nagel (Hoerdt, Bas-Rhin, France). 
2.2   Experimental systems 
 Reaction performance in three different experimental systems  – 
namely a batch reactor, a microstructured reactor and a continuous 
oscillatory baffled reactor  – has been compared. 
 The batch reactor, described in  Figure 1 , is a 1 l jacketed vessel, 
equipped with a cooling system to avoid methanol vaporization, a 
mercury thermometer and a mechanical agitator. The agitator is a 
curved bladed paddle 35 mm in diameter rotating at 300 rpm. Experi-
ments using a Rushton turbine (40 mm diameter, 700 rpm) with baffles 
have also been used to study the effect of the agitation on the reac-
tion performance. The transesterification and esterification reactions 
are carried out at 40 ° C and 60 ° C, respectively. For the transesterifica-
tion reaction, the methanol-to-oil ratio is 6:1 and the mass fraction of 
catalyst (with respect to the mass of oil) is 1%. An initial mass of 600 
g of oil (2% FFA) is preheated in the reactor before adding the solu-
tion containing methanol and catalyst, potassium hydroxide. For the 
esterification reaction, the methanol-to-oil ratio is respectively 15.4:1 
and 29.4:1 for oil with 73% and 39% of FFA and the molar ratio of cata-
lyst to fatty acid is respectively 0.179 and 0.512 for oil with 73% and 39% 
of FFA. Methanol and the catalyst, sulfuric acid, are preheated in the 
reactor. The oil is also preheated in a thermal bath. 
 The microstructured reactor is the Corning  ®  Advanced Flow TM 
glass reactor. Two types of Corning  ®  plates were used in series. In 
the first type, the immiscible fluids mix in a heart-shaped channel, 
as shown in  Figure 2 B. The second plate type, shown in Figure 2C, 
has a simpler design and consists of a meandering channel, which 
 Figure 1   Schematic diagram of (A) the batch reactor that is used as 
the reference technology and (B) the curved bladed paddle impeller. 
allows longer residence times. The hydraulic diameter of the channel 
is 2 mm. The plates are composed of three layers: the process fluid 
flows in the middle layer, whilst the upper and lower plates allow 
circulation of the utility fluid, which is thermal oil and enables the 
temperature in the reactor to be regulated. The entire experimental 
setup, which is composed of eight plates, is depicted in Figure 2A. All 
the plates are mixing plates with hearts (first type) except for plate 3 
(second type), which is a serpentine channel. The total reactor volume 
is 120 ml. The maximum allowed pressure drop is 15 bars. Tempera-
ture is monitored at three points by thermocouples, which are placed 
after the first, fourth and last plates. The reactants are injected in the 
first plate. The mobile Zeton  ®  unit allows operation of the reactor. The 
rig is composed of two lines; one is fed with oil and the other is fed 
with the solution of catalyst in methanol. Each line is constituted by 
one solenoid valve, three more valves, an online densimeter, a flow 
meter, a pressure transducer and two pumps before entering the first 
Corning  ®  plate. At the reactor outlet, a three-way valve allows sample 
collection. The possibility to work at pressures up to 15 bars theo-
retically enables higher operating temperatures than those at atmos-
pheric pressure since the boiling point of methanol is increased. Flow 
rates vary from 3.2 to 7.1 kg/h for the transesterification reaction and 
from 2.2 to 5.2 kg/h for the esterification reaction. 
 The continuous oscillatory baffled reactor (COBR) is a device 
developed by NiTech  ®  technologies. It is a tube equipped with orifice 
baffles along its length; instead of feeding the tube with a fixed flow 
rate, an oscillatory flow rate is applied, creating complex flow.  Figure 
3 shows a schematic diagram of the reactor; three baffled tubes are 
used for the transesterification reaction, whereas six baffled tubes 
are used for the esterification reaction to increase the residence time. 
Each tube is composed of four 70 cm long elements and comprises 25 
cells. A cell is the space between two baffles, which is 26 mm long. 
The open area or orifice of the baffle is 8 mm in diameter for an inner 
tube diameter of 15 mm. The tubes are connected by elbows, which 
comprise six cells. Oscillations are generated by a piston with ampli-
tude varying from 1.5 to 25 mm and frequency from 0.4 to 1.4 Hz. It 
corresponds to oscillatory flow rates varying from 21 to 69 kg/h for 
the transesterification reaction and from 79.4 to 104.9  kg/h for the 
esterification reaction. 
 Net flow rates vary from 4.9 to 8.1 kg/h for the transesterification 
reaction and from 2.1 to 8.4 kg/h for the esterification reaction. Tem-
perature is measured at four points (T1 to T4) and samples are taken 
at three points along the reactor. Unlike the Corning  ®  reactor, the 
maximum temperature is limited in the COBR used here. Indeed, the 
flow oscillations generate low-pressure zones due to fluid accelera-
tion around the baffles and thereby decrease the boiling points of the 
compounds, especially methanol. Vaporization of fluids is not rec-
ommended in this type of reactor since the gas absorbs the flow oscil-
lations and decreases the performance of the reactor. Considering the 
thermal losses and fluid vaporization, the maximum attainable tem-
peratures in the COBR are 44 ° C and 38 ° C for the transesterification 
and esterification reactions, respectively. 
2.3   Characterization 
 The composition of FAME produced from the transesterification 
and esterification reactions was characterized by gas chromatog-
raphy (GC) using a Perkin Elmer instrument based on the EN-14103 
method. The chromatograph is equipped with a flame ionization 
detector. The column used was Restek (CP-Sil 8 Rtx-5: 5% diphenyl, 
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95% dimethylpolysiloxane) 15 m × 0.32 mm × 0.25  μ m. The injection is 
 “ on-column ” because the di- and triglycerides are not vaporized in 
the injector and are injected as liquids in the column. One internal 
standard (heptadecane) and six reference materials (triolein, mono-
olein, diolein, triolein, oleic acid, methyl oleate) supplied by Sigma-
Aldrich were used for the GC calibration. The samples are diluted in 
cyclohexane (analytical grade) supplied by VWR (France). The operat-
ing conditions used for the oven were 55 ° C for 30 s, 45 ° C/min to 80 ° C, 
10 ° C/min to 360 ° C and hold for 11 min. The carrier gas was helium at 
a constant pressure at the top of the column of 15 psi. The hydrogen 
flow was kept at 45 ml/min and the air flow was kept at 450 ml/min. 
The hydroxyl compounds (fatty acids, mono-, di- and triglycerides) 
 Figure 2   (A) Schematic diagram of the Corning module composed of eight plates. The sensors T1 to T3 are thermocouples. The reactants 
are introduced in the first plate and flow in series through the eight plates that are all mixing plates (B) except for plate 3, which is a serpen-
tine channel (C). 
 Figure 3   Experimental set-up of the COBR for (A) three tubes for the transesterification reaction, (B) six tubes for esterification reaction and 
(C) with the corresponding dimensions. 
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are silyled by a mixture of MSHFBA and MI. This reaction increases 
the volatility and the stability of injected hydroxyl compounds to 
enhance their detection. Composition of samples is determined with 
the internal standard method; mass fractions of methyl esters in the 
samples are also determined, related to fatty acids, mono-, di- and 
triglycerides. Intervals of confidence were calculated based on a 
repeatability study involving five replicates. 
 The fatty acid level is determined by titration with a 0.1 N KOH-
ethanol solution using a Mettler Toledo DL50 titrator based on the 
ISO 660 norm. The sample (about 1 ml) is diluted in ethanol (about 
30 ml). The titrator gives the exact volume added at the equivalence 
point, which is determined by a pH sensor. Phenolphthalein is used 
as the colored indicator to detect the equivalence point. The percent-
age of acidity,  Ac , is given by the relationship  Ac = ( V eq M C18 C KOH )/mass 
of oil, where  V eq is the volume at the equivalence point,  M C18 the molar 
mass of fatty acids and  C KOH the concentration of the KOH-ethanol 
solution. The percent conversion is given by the relationship  X = (Ac ini-
tial - Ac final )/ Ac initial , where  Ac initial = 39% or 73%. Intervals of confidence 
were calculated based on two titrations. 
3   Results and discussion 
3.1   Transesterification 
3.1.1   Corning  ®  reactor 
 Figure 4 A shows the effect of flow rate on the amount of 
methyl ester produced at 55 ° C. Note that an increase in 
flow rate increases the Reynolds number but decreases the 
residence time in the reactor. Clearly, the influence of flow 
rate on the reaction is not significant for the range of Reyn-
olds numbers ( Re = 30 – 70) and residence times (0.9 – 2 min) 
studied. On the other hand, the influence of temperature 
on the course of the reaction is more important, as shown 
in Figure 4B. For a fixed flow rate of 4.8 kg/h (residence 
time equal to 1.4 min), the mass fraction of methyl ester 
increases rapidly with temperature (because the kinetics 
are increased) until about 95%, after which any increase 
in temperature has little effect (because the thermody-
namic equilibrium has been reached). It can be noted that 
the increase in the Reynolds number, due to the decrease 
in viscosity with rising temperature, has no effect on the 
reaction. The reaction is controlled principally by kinet-
ics, and the hydrodynamics of the two-phase flow have 
little effect in this reactor design. 
3.1.2   NiTech  ®  reactor 
 Preliminary experiments were first carried out to deter-
mine the optimum conditions of oscillations; these exper-
iments were performed at low temperature (27 ° C) such 
that the reaction was limited by the kinetics.  Figure 5 pre-
sents the mass fraction of esters obtained as a function of 
the oscillatory Reynolds number  Re o and Strouhal number 
 Str , which are defined by Eqs. (1) and (2), respectively. It 
appears that the reaction is not directly influenced by  Re o , 

















 The results associated with Figure 5 are given in 






























































































 Figure 4   Influence of (A) flow rate at 55 ° C and (B) temperature at a fixed flow rate of 4.8 kg/h on the mass fraction of methyl ester. Mass 
fractions of esters (left  y -axis) are represented with triangles and Reynolds numbers (right  y -axis) with stars. 
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mass fraction of esters is between 82.3% and 87.3% for 
all oscillation conditions, except for the experiment with 
low amplitude ( A = 7.5 mm) and high frequency ( f = 1.4 Hz). 
In Figure 5A and B, it can be seen that this mass fraction 
is reached most quickly at  Re o = 42 with  A = 12.5  mm and 
 f = 1.05 Hz. At low amplitude ( A = 7.5 mm) however, the 
mass fraction of esters is only 38.1%, which is low com-
pared with other experiments at similar  Af values. No 
other similar experimental data have been collected to 
confirm this result. Hamzah et al.  [13] report an increase 
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 Figure 5   (A, B) Influence of the oscillatory Reynolds number and (C) Strouhal number on the mass fraction of esters at  T = 27 ° C. 
 Table 1   Different amplitudes and frequency tested at 27 ° C for three 
different residence times (3.7, 7.3 and 9.8 min). 
 A (mm)    f (mHz)   %ME    Af (m/s)    Re (-)    Str (-) 
7.5   1400   –   –   38.1%   1.1E-02   34   0.159 
12.5  700  71.6%  78.9%  82.3%  8.8E-03  28  0.095
  1050  83.0%  85.6%  84.4%  1.3E-02  42  0.095
16.5  350  –  –  84.9%  5.8E-03  19  0.072
  700  –  –  87.3%  1.2E-02  37  0.072
   1050   75.7%   80.3%   84.4%   1.7E-02   56   0.072 


























R=6 A=16.5 mm f=1400 mHz
 Figure 6   Variation of the methanol-to-oil molar ratio at 44 ° C, 
 A = 16.5 mm and  f = 1050 mHz. An experiment was also carried out at 
 A = 16.5 mm and  f = 1400 mHz. 
but the increase of the Strouhal number (Figure 5C) seems 
to decrease the mass fraction of esters in this case. The 
low value should be explained by poor liquid-liquid dis-
persion, visible to the naked eye, due to the decrease of 
the probability for the reactive mixture to meet baffles, 
spaced with 26 mm, with too low amplitude. 
 Figure 6 presents the mass fraction of esters obtained 
at the maximum operating temperature, 44 ° C, as a 
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function of the residence time. The oscillation conditions 
are fixed at  A = 16.5 mm and  f = 1.05 Hz. For the methanol-
to-oil molar ratio of 6, the mass fraction of esters is con-
sistently  < 94 wt.%, regardless of the residence time or 
oscillation conditions, and this value does not meet the 
ASTM standard of 96.5 wt.%. To verify whether the mass 
fraction of esters obtained is limited by thermodynamics 
rather than chemical kinetics, the molar ratio of methanol 
to oil has been modified to shift the reaction equilibrium. 
It can be seen that as the molar ratio is increased from 
6 to 9 and 12, higher reaction conversions are obtained. 
Indeed, increasing the methanol-to-oil ratio from 9 to 12 
does not significantly increase the mass fraction of esters, 
but it allows values that reach the ASTM standard to be 
obtained. Although temperatures are low, it is possible 
to obtain satisfactory methyl esters ’ mass fractions and 
reach the thermodynamic equilibrium. A comparison of 
reaction performance obtained at different oscillation fre-
quencies shows once again that conversion is independ-
ent of this parameter in the studied range. 
3.1.3   Comparison with the batch reactor 
 Figure 7 compares the mass fraction of esters obtained 
with the microstructured reactor, the COBR and the batch 
reactor at various operating temperatures. The results 
clearly show that the reaction is accelerated in the micro-
structured reactor and the COBR. The thermodynamic 
equilibrium of the transesterification reaction is at a mass 
fraction of methyl esters between 90% and 95%. At 40 ° C, 
equilibrium is reached in 30  min in the batch reactor 
with the glass agitator. At 60 ° C, the equilibrium value is 
reached in 15 min in the batch reactor with the glass agi-
tator and in 10 min in the batch reactor stirred with the 
Rushton turbine. This is due to the higher shear rates gen-
erated by the Rushton turbine and consequently smaller 
mean drop size, which promotes mass transfer. 
 Due to the limited residence time in the Corning  ®  
reactor, it was not possible to follow the reaction perfor-
mance as a function of time or to reach equilibrium for 
some conditions. Nevertheless, the results show that 
the microstructured reactor enables conversions similar 
to those obtained in the batch reactor with the Rushton 
turbine but in much shorter times. Indeed, at higher tem-
peratures ( > 80 ° C) where the ester mass fraction is  > 95%, 
it is expected that equilibrium is almost reached after 
just 2 min. In comparison, equilibrium is reached in the 
NiTech  ®  reactor in about 6 min at 40 ° C, which is five times 
faster than that in the batch reactor. Even if the tempera-
ture is limited, it is still possible to reach high conversions 
in short times because of the good mixing generated by 
oscillations. The mentioned values are reported in  Table 2 . 
The total and ester flow rates are given and are in the same 
range. 
 Table 3 shows the time required to obtain a fixed 
amount of methyl esters in the Corning  ®  and batch reac-
tors at similar temperature and ester mass fraction. Even 
though thermodynamic equilibrium is not reached, it can 
be seen that the process is at least three times faster in the 
Corning  ®  reactor compared with the batch reactor. 
3.2   Esterification with methanol 
 Before comparing reactor performance for the esterifica-
tion reaction, a preliminary study on the effect of net flow 
rate in the COBR has been carried out with oscillation con-
ditions set at  A = 21.7 mm and  f = 1.4 Hz.  Figure 8 shows the 
conversions obtained for different net flow rates but equal 
residence times. The main advantage of the COBR is illus-
trated here: the net flow rate value has no effect on the 
conversions. Mixing is promoted by the oscillations, not 
flow rate, and this provides great flexibility in the opera-
tion of the reactor and choice of the residence time. 
 Figure 9 A and B and  Table 4 compare reaction conver-
sion in the different reactor types for oils with initial fatty 
acid levels of 73% and 39%, respectively. The thermody-
namic equilibrium of the reaction is around 98% of conver-
sion for both oils regardless of the fatty acid content. In the 
batch reactor, equilibrium is reached in 50 min at 60 ° C with 
the oil with 73% of FFA. However, when using the oil with 
39% of FFA, equilibrium is reached in 50 min at 40 ° C and in 
just 15 min at 60 ° C. This shows that the initial oil composi-
tion has a non-negligible effect on reaction time. 
 In the Corning  ®  reactor, using oil with 73% of FFA at 
60 ° C, equivalent conversion is reached much faster than 
in the batch reactor: 63% conversion is reached in 1.7 min 
compared with 8  min in the batch reactor. An increase 
in temperature brings the reaction closer to equilibrium 
in short times: 92% conversion in 2.5 min. It is noted 
that after an hour of processing time, the high-level FFA 
oil blocked the channels in the Corning reactor and no 
further investigations were possible. However, no clog-
ging problems were experienced when using the oil with 
39% of FFA. Like in the previous results, at most tempera-
tures, equilibrium was not reached in the limited resi-
dence time provided by the Corning. Nevertheless, a fixed 
level of conversion is obtained much more quickly in the 
Corning  ®  reactor compared with the batch reactor. In the 
NiTech  ®  reactor, equilibrium is reached in just 13.3 min at 
38 ° C compared with 50 min at 40 ° C in the batch reactor. 
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4   Conclusions 
 A microstructured reactor and a continuous oscillatory 
baffled reactor have been tested with the aim of demon-
strating the feasibility and the intensification of transes-
terification and esterification reactions in the continuous 




































































 Figure 7   (A) Comparison of the time evolution of methyl ester mass fraction in the batch, Corning and NiTech reactors. (B) A zoom has been 
made for Corning results at high temperatures. 
 Table 2   Comparison of methyl ester mass fractions obtained in the 
three reactors for the transesterification reaction. 
   %ME 
(max) 
   t (min)    F total 
(kg/h) 
   F esters 
(kg/h) 
   T ( ° C) 
Batch (glass agitator)  93.5  15  –  –  60
Batch (Rushton)   94.8  10  –  –  60
Corning   89.7  1.2  5.6  4.0  55
Corning   96.8  1.4  4.0  3.0  97
NiTech   92.1   6.0   5.0   3.7   44 
 Table 3   Comparison of time required to obtain a certain mass frac-
tion of esters in the Corning  ®  and batch reactors. 
   %ME    t (min)    F total 
(kg/h) 
   F esters 
(kg/h) 
   T ( ° C) 
Batch (glass agitator)  89.9  8  –  –  60
Batch (Rushton)   89.7  4  –  –  60
Corning   89.7   1.2   5.6   4.0   55 
reactors achieve significant reaction conversion in much 
shorter time than in a batch reactor:
 –  For the transesterification reaction, 96 wt.% of esters 
are obtained in 1.4 min at 97 ° C in the Corning  ®  reactor 
and 92.1 wt.% of esters are obtained in 6 min at 44 ° C 
in the NiTech  ®  reactor (96.3 wt.% with a higher molar 
ratio in 7.3 min), compared with 94.8 wt.% obtained in 
10 min at 60 ° C in the batch reactor with the Rushton 
turbine. 
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 –  For the esterification reaction, 92% conversion is 
obtained in 2.5  min in the Corning  ®  reactor at 75 ° C 
compared with 20 – 30  min in the batch reactor at 
60 ° C; 96.8% of conversion is reached in 13.3  min in 
the NiTech  ®  reactor compared with 30  min in the 
batch reactor at 40 ° C. 
 The Corning  ®  reactor has the advantage of being able to 
operate at higher pressures, and therefore a wider range of 
temperatures can be reached. This allows high conversion 
to be obtained in relatively short times compared with the 
































































 Figure 8   Reaction conversion in the COBR for different net flow 
rates but constant residence time. 
the Corning  ®  reactor has limited residence time, but this can 
be increased by the addition of more reactor plates. However, 
with oils with high fatty acid levels, the Corning reactor was 
clogged, thereby has shown some lack of robustness. 
 Although the glass NiTech  ®  reactor used in this work 
cannot operate under pressure due to limited mechanical 
resistance, it has been demonstrated that reaction equi-
librium can be rapidly reached even at low temperatures 
( < 40 ° C) and globally shows better performance than the 
batch reactor. Moreover, this reactor type shows high flex-
ibility in the choice of the residence times, since mixing is 
dependent on the oscillation conditions and not the net flow 
 Table 4   Comparison of esterification reaction performance 
obtained in the Corning  ®  , NiTech  ®  and batch reactors at fixed tem-
peratures and conversions. 
   Conversion 
(%) 
   t (min)    F total 
(kg/h) 
   F esters 
(kg/h) 
   T ( ° C) 
73% FFA
   Batch   63.3  8  –  –  60
   Corning  62.1  1.7  2.9  0.514  60
   Batch   94.3  30  –  –  60
   Corning  92.0  2.5  2.9  0.86  75
39% FFA
   Batch   89.0  5  –  –  60
   Corning  89.3  2.5  2.9  0.84  60
   Batch   98.1  50  –  –  40
   NiTech   96.8   13.3   3.3   0.70   38 
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rate. Indeed, it is expected that if the COBR were made from 
more resistant materials, such as stainless steel or other 
alloys, higher operating pressures and temperatures could 
be achieved, resulting in improved reaction performance. 
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The comparison of microstructured, oscillatory baffled and batch reactors has first shown the 
enhancement of  transesterification a nd e sterification r eactions i n the two i ntensified p rocess 
technologies c ompared with the batch r eactor. T he two continuous i nnovative process technologies 
have a d ifferent range of operating conditions, especially in terms of temperature, making the direct 
comparison of the different experimental data complex, but still sufficient to orientate the rest of the 
research w ork. This experimental w ork h ighlights the ex cellent p erformance o f t he microstructured 
Corning® reactor, where conversions are a ttained in short residence t imes for the transesterification 
and esterification reactions with methanol with oil with 39% of FFA. However, oil with a high level of 
FFA (73%) used for esterification reaction caused fouling in the reactor. This was not the case in the 
glass o scillatory b affled Nitech® r eactor, w hich also presents g ood p erformance, ev en a t l ow 
temperature. An increase in the range of  operating conditions for t his reactor is r equired t o achieve 
higher performances and this is possible by changing the reactor material (glass) for a more pressure-
resistant material in order to increase pressure, increase boiling points of reactants and then increase 







Esterification with glycerol in 















The esterification reaction of fatty acids with glycerol is detailed in the Part I, Section 1.3. The 
reaction sch eme i s r ecalled in Fig. 1 . This reaction i nvolves w aste co oking o il w ithout a ny 
pretreatment that contains high level of fatty acids and glycerol which is a co-product of the biodiesel 
formed during the transesterification reaction. The interest of such a reaction is to decrease the level of 
free fatty acids in the oil to carry out a base-catalyzed transesterification afterwards to obtain FAME. 
A more specific interest is the formation of monoglyceride, which is of interest for the formulations 
developed in the AGRIBTP project. 
 
Fig. 1. Reaction scheme of the esterification of fatty acids with glycerol to glycerides and water. 
The r esults found i n the l iterature described in P art I , which a re now  summarized an d 
completed in Table 1, indicate that temperatures up to 180°C are needed to reach conversions up to 
95%. The increased temperature not only enhances kinetics, but it also decreases the viscosity of the 
reactive solution (see Table 2 and Fig. 2), thereby increasing the Reynolds number and improving the 
contact between phases. The authors of the publications provided in Table 1 use a system to remove 
the water to shift the equilibrium when operating pressure is low. Pressure is an important parameter 
because the presence of water influences the boiling point of the mixture, which has been measured 
experimentally at atmospheric pressure to be 120°C. Simulations have also been carried out to predict 
the boiling point of a binary mixture of glycerol/water 70/30 wt.%. to be 112°C with Aspen and 122°C 
with ProPhyPlus (model SRK-MHV2-UNIFAC). A small excess of glycerol is chosen to minimize the 
viscosity of the reactive media and to reduce the recycle stream. Temperatures superior to 180°C are 
chosen to d ecrease t he v iscosity below 5 c P. The m aximal temperature i s 250 ° C. B eyond t his 









Table 1. Operating conditions for direct esterification with glycerol used in literature. R is the molar ratio of glycerol to fatty acids, w is the 
mass fraction of catalyst to fatty acids, c is the conversion rate and t is the reaction time. 
RGly/FFA catalyst wcata/FFA T (°C) P (bar) X (%) t (h) Reference 
3 NaOH 0.1 180 
Fill with 
N2 
70-90 6 [1] 
 1.04 Zn 0.2 
180-
230 
N/A 95 0.8 [2] 
2 HSO3SBA-15 1-5 
140-
160 
0.68 90 5 [3] 





0.3 200 0.05 98.4 4 [5] 
0.33 LipozymeTM - 40 0.07 65 23 [6] 
 
Table 2. Data for temperature from 0 to 100 °C obtained in the work of Dorsey[7], and based on the parameterization of the work of Cheng 
[8] for temperatures from 100 to 190°C. 
T (°C) 0 10 20 30 40 50 60 70 
µ (cP) 12070 3900 1412 612 284 142 81.3 50.6 
T (°C) 80 90 100 110 120 130 140 190 
µ (cP) 31.9 21.3 14.8 10.8 8.2 6.3 5.1 2.4 
 
The opposite reaction, the hydrolysis reaction or fat-splitting reaction, has also been studied. 
This reaction i s o f interest when one  wants to produce fatty acids, which are also of interest in the 
AGRIBTP p roject. The l iterature d ata f rom P art I  highlights th at high t emperatures (>250°C) and 
pressures (>50 bar) are needed to perform this reaction, like the Colgate-Emery process described in 
[9]. 
The ob jective of  t his ch apter i s to investigate the f easibility an d p erformance of t he 
microstructured, oscillatory baffled and microwave reactors for conducting the esterification reaction 
with glycerol and the hydrolysis reaction. 
 
1. Material and methods 
1.1.  Products 
Waste cooking oi l w as c ollected, f iltrated a t 4 00 µm a nd s upplied by  the c ompany Coreva 
Technologies (Auch, France). Two WCOs are studied with content of fatty acids of 39% and 73%. 
These two different o ils are the same as those used in the previous chapter for esterification 
with methanol in the microwave (Chapter 1, Part II), microstructured and oscillatory baffled reactors 
(Part II , Chapter 2 ). T he pure o ils (0% w ater, 0 % solid w astes) have been c haracterized and the 
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profiles of the carbon chains are as follows: palmitic C16:0 (13.1%), stearic C18:0 (3.7%), oleic C18:1 
(54.3%), l inoleic C 18:2 (24.6%), a rachidic C 20:0 ( 4.3%) f or the oil w ith 39% FFA; c aprylic C 8:0 
(7.3%), capric C 10:0 (4.6%), lauric C 12:0 ( 2.7%), myristic C 14:0 ( 1.4%), pa lmitic C 16:0 ( 19.4%), 
palmitoleic C 16:1 ( 3.3%), s tearic C 18:0 ( 3.9%), o leic C 18:1 ( 40.3%), linoleic C18:2 ( 11.3%) a nd 
alpha-linoleic C18:3 (0.53%) for the oil with 73% FFA. Sulfuric acid (96%), cyclohexane (analytical 
grade) a nd e thanol (absolute, 99.9 %) w ere s upplied by  VWR, F rance. Glycerol ( BioXtra,>99%), 
phenolphthalein, KOH-ethanol solution (1M or 0.1M) and Scandium triflate f ixed on pol ymer beads 
(ScTf3) were supplied by Sigma-Aldrich, France. Methyl imidazole (MI) was supplied by Alfa Aesar. 
N-méthyl-N-trimethylsilyl-heptafluorobutyramide (MSHFBA) was supplied by Marcherey-Nagel.  
1.2.  Experimental systems 
 
The conventionally heated reactor consists of a 1L jacketed vessel, a cooling system to avoid 
methanol vaporization, a mercury thermometer and a mechanical stirring unit. The agitation speed is 
fixed a t 300 rpm. The esterification with glycerol reaction is carried out at  90°C. Methanol and the 
sulfuric ac id catalyst are p reheated i n t he r eactor. T he oi l i s a lso pr eheated i n a  t hermal ba th. The 
effect of agitation has been studied by varying the agitation system. The reaction performance using a 
70 mm diameter three-bladed curved paddle is compared with that obtained in the same vessel stirred 
with a 4 0 mm d iameter 6 -bladed Rushton a nd t hree ba ffles to prevent the formation of a  vortex. 
Indeed, in such two-phase systems, stirring has an effect on the dispersion of methanol in the oil. The 
smaller the droplets of one phase in an other are, t he h igher the mass transfer is, implying faster 
kinetics. 
The t hree innovative p rocess technologies that ar e t ested are t he same as t hose used in t he 
previous chapters (Part II, chapters 1 and 2): 
- the microstructured reactor is the Corning® Advanced FlowTM glass reactor; 
- the continuous oscillatory baffled reactor (COBR), NiTech® technologies; 
- the microwave reactor is a CEM® Discover SP 
In the previous chapter, a 100 mL round flask vessel was used in the microwave reactor. In 
this chapter, a reactor vessel of 10 mL has also been used (See Fig. 2). This setup is advantageous as 
the v essel i s closed, thereby a llowing ope ration under p ressure and the pos sibility to attain 
temperatures higher than 120°C before the boiling point is reached. Secondly, the small volume of the 
reactor allows the use of small amounts solid catalyst (ScTf3), which is expansive. The agitation in this 
system is ensured by a magnetic stirrer rotating at 300 rpm. 
 
Fig. 2. CEM microwave reactor in its closed configuration with a 10 mL tube. 
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Due to high viscosity of  glycerol, a  heating plate is used to preheat the glycerol in order to 
decrease its viscosity and facilitate pumping in the Corning® and Nitech® setups. An insulated tube is 
used from the pumps to the Nitech® reactor to maintain the temperature attained with the thermostatic 
bath. Molar ratios of glycerol to fatty acid ranging from 0.85 to 29.4 have been used. Due to technical 
constraints, t he m aximum a ttainable temperature is  8 0°C, 60°C and 190 °C respectively for t he 
Corning®, Nitech® and microwave reactors.  
The method for characterizing the obtained products is given in the Part II, Chapter 1, Section 
2.3. GC analysis is used to determine monoglyceride selectivity. Titrations are used to determine the 
conversion of fatty acids. 
2. Results and Discussion 
2.1.  Esterification with glycerol in the batch reactor 
 
Esterification with glycerol was firstly performed in the batch reactor using the three-bladed 
curved paddle at a rotational speed of 300 r pm and at 90°C. Interestingly the reaction did not occur, 
with no conversion of fatty acids whatsoever. With the Rushton turbine at 700 rpm and baffles and at 
higher t emperature, 11 3°C, hi gher c onversions a re obtained, but still i nsufficient. The results ar e 
represented in Fig. 3 for two molar ratios of glycerol to fatty acids and a molar ratio of catalyst to fatty 
acids of 0.22. It can be seen that after 3 h of reaction time, the conversions are still increasing and the 
thermodynamic equilibrium is still not reached. Indeed, at 113°C, the chemical kinetics still limits the 
progress of the reaction.  
 
 
Fig. 3. Conversion of fatty acids as a function of time for two different molar ratios of glycerol to fatty acids.  































2.2.  Esterification with glycerol in the microstructured and oscillatory baffled reactors 
 
The performance of t he esterification reaction with g lycerol h as also been tested i n t he 
Corning® and the Nitech® reactors (see description in Part II, Chapter 2, section 2.2.). The reactants 
are pure glycerol and oil with 39% of free fatty acids. This level has been chosen due to the blockage 
issues encountered when using higher fatty acid level oil in the Corning® reactor. Moreover, collected 
waste c ooking oi ls generally have a maximum a mount of  free f atty a cids of  4 5% and the ultimate 
objective is to directly transform this type of oil without pretreatment, as for example by increasing the 
level o f f atty aci ds through an  e xtraction w ith m ethanol, a s tep m astered b y t he co mpany Coreva 
Technologies. 
The operating conditions, including estimations of net and oscillatory Reynolds numbers, and 
the conversions obtained in the two reactors are given in the Table 3. Definitions of net and oscillatory 
Reynolds number are given below and are used more in details in Part III: 
Net Reynolds number: 𝑅𝑅𝑅𝑅𝑛𝑛𝑛𝑛𝑛𝑛 = 𝜌𝜌𝜌𝜌𝜌𝜌µ       Eq. 2.2-1 
Oscillatory Reynolds number: 𝑅𝑅𝑅𝑅𝑜𝑜 = 2𝜋𝜋𝜋𝜋𝑥𝑥0𝜌𝜌𝜌𝜌µ      Eq. 2.2-2 
Clearly the conversions are low, being less than 10%. Two effects can be given. Firstly, the 
presence of glycerol increases the viscosity of the mixture, thereby decreasing the Reynolds number 
under the range of Reynolds number obtained for transesterification and esterification with methanol 
reactions (See Table 4). The viscosities used to calculate Reynolds numbers have been estimated from 
data using triolein a nd oleic acid a s model fluids [10], [ 11]. To obtain an approximate range of  
Reynolds num bers, t he viscosity o f a  binary m ixture is simply estimated to be equal to: 𝜇𝜇 =
𝜇𝜇1µ1+𝜇𝜇2µ2, where wi is the mass fraction of the compound i . The second effect is the nature of the 
reactants o r i ntermediary p roducts d epends o n t he r eaction in qu estion. Concerning the 
transesterification reaction, di  a nd m onoglycerides are f ormed as i ntermediates; t hese act as 
emulsifiers and t hereby facilitate t he d ispersion o f t he po lar pha se i n the oil. Concerning the 
esterification with methanol, it should be pointed out that methanol is far less viscous than glycerol, 
thereby making it possible t o operate w ith excess methanol without an increase in viscosity a nd 
decrease in Reynolds numbers. 
Table 3. Operating conditions and conversions obtained in the Corning® and Nitech® reactors. Estimation of net and oscillatory Reynolds 
numbers are given. 
Reactor T (°C) Residence time (min) 




Re o (-) X (%) 
Corning® 
84.8 2 3.6 43 - 4.3 
80.4 3 2.3 28 - 9.0 
Nitech® 62.0 20 4.3 24 70 5.9 
 
Table 4. Comparison of Reynolds numbers for esterification reaction with glycerol. Comparison with experimental conditions for 
transesterification and esterification reactions.  
89 
 




 Corning® Nitech® 
Reaction Re net Re net Re o 
Esterification with glycerol 25-50 25 70 
Transesterification 40-90 10-15 100-140 
Esterification 50-150 180-470 750-1000 
 
To overcome the effect of the high viscosity of glycerol, the temperature of the medium can be 
increased to d ecrease viscosity ( see Table 2). D ue t o the th ermal resistance of t he C orning® a nd 
Nitech® setups, t he maximum operating temperature was fixed at 12 0°C. W ith the thermostat set 
point set to 110°C, the temperature in the Corning® and Nitech® reactors is around 80°C and 60°C. 
Increasing the temperature in Nitech® would have been possible by insulating the reactor, but only up 
to a certain limit, since the production of water by the reaction leads to boiling points of around 120°C. 
Moreover, depressurizations generated by oscillations can reduce this boiling point. Ideally, a system 
to increase pressure is needed, however the maximum permitted pressure in the glass Nitech® reactor 
is only 5 ba r. Therefore, an increase in temperature in the Nitech® reactor is only possible by using 
more r esistant material t han g lass, e.g. stainless st eel (existing Nitech® D N221, see Fig. 4). 
Nevertheless, tests at higher temperatures are possible in the microwave reactor. 
 
Fig. 4. DN22 pilot-scale Nitech® reactor. 
2.3. Esterification with glycerol in the microwave reactor 
 
The potential ex istence o f non-thermal effects o ccurring in microwave r eactors have been 
discussed in the previous chapter and it was concluded that such effects do not exist for homogenous 
catalyzed esterification reaction. Nevertheless, the microwave reactor can still provide fast heating and 
allow high temperatures to be reached in the closed 10 mL vessel. Heterogeneous catalysis has shown 
interesting results in the literature data [2], [3], [4], [5], [6] for the esterification reaction with glycerol 
in Table 1. An example of heterogeneous catalysis coupled with microwave irradiation has been found 




                                                     




addition to  te sts using su lfuric ac id cat alyst in the microwave r eactor, scandium tr iflate catalyst 
supported on polymer beads has also been tested. Both oils with 39% and 73% FFA have been used. 
2.3.1. Homogenous catalysis: sulfuric acid 
The r eaction pe rformance us ing t he hom ogenous c atalyst a nd m icrowave i rradiation are 
presented in Table 5. Oil with 73% of FFA has been used as feedstock and the homogenous catalyst is 
sulfuric acid. The magnetic agitation speed is set to 300 rpm. Temperature is limited to 180°C due to 
the degradation of products in presence of acids and excessively high temperatures. The best results 
are obtained with a glycerol to fatty acids molar ratio of 1.85 and a molar ratio of catalyst to fatty acid 
of 0.0 77. An i ncrease temperature h as a  p ositive e ffect on c onversions, w ith 20.5% a nd 36.9% o f 
conversion obtained respectively a t 90°C and 140°C. These conversions are s till r elatively l ow, but 
significantly higher than those obtained in the microstructured and oscillatory baffled reactor and this 
is due to the possibility to reach higher temperatures in the microwave reactor. 
2.3.2. Heterogeneous catalysis: Scandium triflate 
Table 6 and Fig. 5 summarize t he r esults o btained u sing h eterogeneous c atalysis a nd 
microwaves. The reaction has been carried out using oil containing 73% of FFA and the solid catalyst, 
scandium triflate, is fixed on polymer beads. The amount of catalyst is expressed in terms of the mass 
fraction of c atalyst (scandium t riflate a nd po lymer beads) related to f atty acids (w) since the molar 
quantity of catalyst fixed on a polymer bead is not known..  
Table 5. Experimental data obtained for esterification with glycerol reaction. Conversions (X) are calculated with their confidence interval I 
at different temperatures (T) and residence t imes (t). Two sets of parameters, molar ratio of glycerol to fa tty acids (R) and molar ra tio of 
catalyst to fatty acids (x) have been tested. 
  
T (°C) 90 90 90 140 190 
R (-) 15.1 1.85 1.85 1.85 1.85 
x (-) 0.179 0.077 0.077 0.077 0.077 
t (min) 50 2 50 50 50 
X (%) 0 0 20.5 36.9 
Degradation 
(black deposit) 
I (%) - - 18.0 13.8 - 
 
 
Table 6. Experimental data for the esterification reaction with glycerol. Conversions (X) are calculated with their confidence interval I at 
different temperatures (T) and residence times (t). Two sets of parameters, glycerol to fatty acids molar ratio (R) and mass fraction of catalyst 
to fatty acid (w), have been tested. 
T (°C) 90 90 140 190 190 190 190 190 190  
R (-) 1.85 15.4 1.85 1.85 15.4 15.4 15.4 15.4 15.4  
w (%) 0.04 0.10 0.04 0.04 0.04 0.04 0.04 0.04 0.04  
t (min) 50 50 50 50 2 5 15 30 50 I (%) 










Fig. 5.  Esterification with glycerol under heterogeneous catalysis (scandium triflate): study of the conversion as a function of residence time.  
Two different sets of parameters R and w have been tested. 
Table 7 and Fig. 6 show the conversions and acid values for the esterification with glycerol 
using the heterogeneous scandium triflate catalyst and microwaves (T=190°C) as a function of time. A 
comparison with the literature data by [2] has been made. In their work, a batch reactor at 220 °C was 
used with a solid catalyst Zn (0.3 %wt). Their oil feedstock contains 30% of FFA. The results obtained 
in th is work are r elatively cl ose to t hose of  [2], but  l ower a cidity i s obt ained f aster w ith s candium 
triflate and the oil containing more fatty acids (73%). 
Heterogeneous ca talysis o ffers h igher co nversions t han t hose obt ained w ith homogenous 
catalysis. At 90°C for the same molar ratio of  reactants, a  25.9% conversion is obtained with ScTf3 
whereas 0% conversion is obtained with sulfuric acid. At 140°C, the conversion is clearly higher with 
ScTf3 , being 57.4% compared with 36.9% with sulfuric acid. Indeed, in this case the molar ratios of 
reactants are not the same; the conversions are higher with a low molar ratio between the reactants for 
homogenous catalysis whereas the opposite effect is observed for ScTf3 as conversions are higher with 
a high molar ratio between the reactants. 
Table 7. Comparison of results obtained in esterification with glycerol using scandium triflate as a catalyst at 190°C under microwave 
irradiation and a study by [2] made with zinc as a catalyst at 220°C using conventional heating. 
t (min) 0 2 5 15 28 30 50 58 
X (%) - 31.6 63.8 77.1 - 83.8 98.8 - 
Acid value (mg KOH/ g d’huile) - 94.3 49.9 31.5 - 22.3 1.7 - 




































Fig. 6. Direct esterification with glycerol in microwave batch reactor. The acid values (AV) obtained in this work (dark diamonds) are 
compared to the work of Felizardo et al. [2]. 
 
Table 8 and Fig. 7 present the esterification reaction performance using an oil containing 39% 
of FFA as feedstock for the reaction in the 100 mL vessel at  atmospheric pressure and 120°C. The 
reaction under the same conditions has also been performed in the 10 mL vessel reactor and the results 
are similar, with a 18.5% conversion obtained in a reactor volume of 100 mL and a 21.3% conversion 
obtained i n a  reactor v olume o f 10 m L. The increase o f v olume h as n o s ignificant e ffect o n 
conversions. The 71.7% conversion using the 3 9% FFA oil are inferior to t he 9 8.8% conversion 
obtained with the oil containing 73% of FFA at 190°C (98.8%). The initial level of FFA of the oil has 
an e ffect on c onversions, as t he ot her p art of  oil i s composed of  p roducts o f t he r eaction, shifting 
equilibrium i n t he oppo site direction. After 50 m in, the conversion equals 18 .5% f or R =2.45 and 
w=0.08% and seems to have reached the equilibrium. This result is similar to the result obtained in the 
batch reactor with sulfuric acid at 113°C, where the conversion is 12.2% after 60 min for R=2.45.  






























T (°C) 120 120 120 120 120 120 120 190 
R (-) 2.45 2.45 2.45 2.45 2.45 2.45 2.45 29.4 
w (%) 0.08 0.08 0.08 0.08 0.08 0.08 0.08 0.18 
t (min) 2 5 10 15 30 50 50 50 
X (%) 11.4 13.8 16.0 17.5 17.4 18.5 21.3 71.7 
A (%) 34.5 33.6 32.8 32.2 32.2 31.8 30.7 11.0 
Vreactor (mL) 100 100 100 100 100 100 10 10 
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Fig. 7. Heterogeneous catalyzed esterification with glycerol reaction with 39% FFA oil.  
The c omposition of  a sample taken f rom the r eaction a t 1 90°C after 50 minutes ha s be en 
determined by  GC a nalysis. Selectivities o btained are g iven i n Table 9. The selectivities related to 
fatty acids have been calculated considering consecutive reactions as following [3]: 
• GL  + FFA    MG  + Water 
• MG  +  FFA    DG  +  Water 
• DG  +  FFA    TG  +  Water 
𝑠𝑠𝑗𝑗/𝑖𝑖 = |𝜈𝜈𝑖𝑖|
�𝜈𝜈𝑗𝑗�
 𝑛𝑛𝑗𝑗,𝜋𝜋 − 𝑛𝑛𝑗𝑗,0
𝑛𝑛𝑖𝑖,0 − 𝑛𝑛𝑖𝑖,𝜋𝜋 
 
𝑠𝑠𝑀𝑀𝑀𝑀/𝐹𝐹𝐹𝐹𝐹𝐹 =  𝑛𝑛𝑀𝑀𝑀𝑀,𝜋𝜋 − 𝑛𝑛𝑀𝑀𝑀𝑀,𝑖𝑖𝑛𝑛𝐹𝐹𝐹𝐹𝐹𝐹,𝑖𝑖 − 𝑛𝑛𝐹𝐹𝐹𝐹𝐹𝐹,𝜋𝜋 
 
𝑠𝑠𝜌𝜌𝑀𝑀/𝐹𝐹𝐹𝐹𝐹𝐹 = 𝑛𝑛𝜌𝜌𝑀𝑀,𝜋𝜋 − 𝑛𝑛𝜌𝜌𝑀𝑀,𝑖𝑖𝑛𝑛𝐹𝐹𝐹𝐹𝐹𝐹,𝑖𝑖 − 𝑛𝑛𝐹𝐹𝐹𝐹𝐹𝐹,𝜋𝜋 
 The s electivity i n monoglycerides is significantly higher than that of diglycerides and no 
triglycerides have been formed. It is higher than the selectivity obtained in the work of Kotwal et al. 
[4], w here the selectivity in  monoglycerides at 95% c onversion i s 53.6 % a t 200° C. This i s a n 
interesting result since monoglycerides are the products of interest.  
Table 9. Evolution of the compositions of oil after esterification with glycerol at 190°C with oil with 39% of FFA after 50 min. 
%mol Initial oil End of the 
reaction 
Selectivity related to FFA 
(%) 
FA 73.0 24.5 - 
MG 2.6 38.2 73.4 
DG 10.3 23.2 26.6 






















R=29.4 w=0.18 T=190°C V=10 mL
R=2.45 w=0.08 T=120°C V=10 mL
R=2.45 w=0.08 T=120°C V=100 mL
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2.4.  Hydrolysis reaction 
 
Results obtained for the hydrolysis reaction are summarized in Table 10. Higher temperatures 
(250°C) and higher pressures (50 bar) are required to achieve high conversions for this reaction [9]. 
Moreover, other physical treatments exist to separate fatty acids from oil. In addition, the interest of 
fatty aci ds h as d ecreased with t he p rogress o f the p roject in the de velopment of  f ormulations f or 
building and public works. Consequently, the study of this reaction in a single intensified reactor was 
no longer pursued and work was focused on the transesterification, esterification with methanol and 
esterification with methanol reactions only. 
Table 10. Increase of acidity of the oil (Ac) during the hydrolysis reaction in the different reactors with corresponding operating conditions 
(T: temperature, P: pressure, A: oscillation amplitude, f: oscillation frequency, R: molar ratio of water to oil, w: mass fraction of catalyst to 
oil, t: time). 
 Batch Corning OBR Microwaves 
Catalyst H2SO4 H2SO4 H2SO4 H2SO4 TPAB Triton 
P (bar) 1 8.2 3.2 1     
T (°C) 90 118 51 100 140 140 140 140 
A (mm)   22      
f (Hz)   0.7      
R (water : oil) 30 30 30 30 30 30 30 30 
w (%) 5 5 5 5 5 5 5 5 
t (min) 60 1.1 21.0 60 120 240 240 240 
Acinitial (%) 2 0.4 2 2 39.0 39.0 39 39 




This chapter has shown that high temperatures are needed for esterification reaction with 
glycerol even in intensifed process equipment, which confirms the results in the literature obtained in 
conventional r eactors. The r esults show t hat t he microstructured a nd os cillatory ba ffled r eactors 
operating at mild temperatures (80 and 60°C) did not  provide good reaction conversion; the highest 
conversion b eing only 9 % ( Corning® reactor with a r esidence t ime of 3  min). T his result i s 
nevertheless h igher t han the z ero c onversion obtained in t he batch reactor at 90° C, s howing t he 
potential o f s uch t echnologies. This co nfirms the results obt ained i n C hapter 1, w here t he 
microstructured and oscillatory baffled reactors showed better performance than the batch reactor for 
the transesterification and e sterification reactions, due to h igher m ixing a nd hi gher c apacity to 
generate em ulsions w ith s mall d roplets. However, t he r ange o f t ested t emperatures was limited i n 
these equipment, thereby leading to low conversions. The tests carried out in the microwave reactor at 
higher temperature confirm this need of higher temperatures, as demonstrated in the literature results. 
In addition, these tests show the non-negligible influence of the initial amount of fatty acid in the oil 
and of the nature of the catalyst on the conversion. With a solid catalyst, scandium triflate immobilized 
on polymer beads, good conversion and satisfying selectivity in monoglycerides have been at tained 
with the esterification reaction with glycerol. Finally, the hydrolysis reaction requires a higher range of 
temperature and pressure even with the use of intensified technologies. Due to the limited interest of 
this reaction for the AGRIBTP, the study of hydrolysis reaction was not further pursued.   
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Part II: Screening of intensified technologies 
  
 
Conclusions of Part II 
 
Part I I h as i nvestigated t he p erformance o f t hree i ntensified p rocess technologies –
microstructured, o scillatory b affled and m icrowave r eactors – for F AME producing reactions: 
transesterification, e sterification w ith methanol an d e sterification w ith g lycerol reactions. C hapter 1 
and Chapter 2 focus on the transesterification and esterification reactions. In Chapter 1, these reactions 
have been carried out in a microwave reactor. Chapter 2 investigated intensification of these reactions 
in in a  m icrostructured C orning® reactor a nd an  o scillatory b affled N itech® r eactor. F inally, i n 
Chapter 3 , same ex perimental se tups h ave b een u sed t o study t he performance o f t he e sterification 
with glycerol reaction. 
Chapter 1 has shown the non-effect of microwave i rradiation on reaction rates, which i s an 
important r esult. This, i n addition to t he di fficulty of  transposing t he batch microwave process to a 
scaled-up c ontinuous one  f or a pr oduction of  around 100 k g/h, ha s o rientated us t o f ocus on 
commercially developed co ntinuous i ntensified t echnologies. F inally, C hapter 3 showed the 
limitations o f t he d ifferent in tensified te chnologies f or th e e sterification w ith glycerol r eactions in 
terms of temperatures and pressures. The microwave reactor is indeed a well-adapted tool to rapidly 
confirm the literature results, i.e. that higher operating temperatures and conversions can be obtained 
rapidly and the use of a solid catalyst improves conversion. 
In Chapter 2, the experimental c omparison of  t he m icrostructured a nd os cillatory b affled 
reactors shows not only the feasibility of the continuous process for the different FAME reactions, but 
also the enhancement of reactions with conversions reached in shorter residence times compared with 
that required by a conventional batch reactor. Both intensified r eactors have a different range of 
possible operating conditions. The microstructured reactor is able to work under pressure and thereby 
reach higher temperatures before the reactants reach their boiling points. The glass oscillatory baffled 
reactor is limited to temperature inferior to 45°C and pressure inferior to 5 bars but regardless of this, 
it still provides good conversions for the transesterification and esterification reactions. The study of 
esterification w ith g lycerol, w hich i s a s lower r eaction, h as h ighlighted t he limitations o f the g lass 
oscillatory ba ffled r eactor due t o t he impossibility t o work under pr essure and higher t emperatures. 
Since this reaction is one of the priorities of the AGRIBTP project, the final process technology should 
be able to perform this reaction. Indeed, the work presented in Chapter 3 shows that this reaction is 
possible, but at higher temperatures.  
The most p romising r eactors f or i ndustrial p urpose are h owever t he microstructured reactor 
and the continuous oscillatory baffled reactor as these apparatus have higher processing capacity. The 
choice then between these two reactor types is not a straightforward task. Ultimately, oscillatory 
baffled reactors may be preferred for several reasons; there are no risks of tube clogging when high-
level F FA o ils a re us ed a nd a  w ider range of  ope rating c onditions i s po tentially pos sible. I ndeed, 
oscillatory baffled reactors can  be manufactured in stainless steel, offering a higher r esistance t o 
pressure a nd t he p ossibility t o ope rate at h igher t emperatures be cause t he b oiling poi nts of  the 
reactants a re increased. This technology i s not  a vailable a t t he L GC; how ever, a n international 
collaboration was se t up between LGC Toulouse (France) and TNO Delft (Netherlands) to test this 
reactor with the esterification of fatty acids with glycerol, the main limiting reaction. 
 In addition, the comprehension of reaction enhancement in oscillatory baffled reactors justifies 
the development of new tools for i ts characterization, as w ell as s tudies oriented to improve reactor 
geometry a nd ope rating c onditions. T his is t he s ubject of  the ne xt p art, w hich f ocuses on t he 
characterization and improvement of the intensified technology of oscillatory baffled reactors through 
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Part III: Characterization and improvement of oscillatory baffled reactor technology 
 
Introduction 
 At t he en d o f P art I I, o scillatory b affled reactor h as been c onsidered as t he m ost suitable 
technology. C hapter 1  shows microwave r eactors did n ot en hance p articularly r eaction using 
homogenous c atalysts. Chapter 2 shows os cillatory ba ffled a nd m icrostructured r eactors pe rform a  
given conversion for transesterification and esterification reactions with shorter residence times. These 
two reactors are suitable for these reactions, however the oscillatory baffled reactor has been preferred 
to microstructured r eactor as t he latter h as been bl ocked f or oil w ith h igh level of f ree f atty acids.  
Finally, c hapter 3  s hows t he l imitation o f the two i ntensified t echnologies to  perform e sterification 
reaction w ith g lycerol d ue t o a t emperature l imitation. H igher t emperature i s required, an d 
modifications of the experimental setup of the oscillatory baffled reactor have to be made to increase 
conversions, and consequently increase the flexibility and multi-reaction capacity of the reactor.    
This i s t he objective of  this P art I II w hich f ocus on the c haracterization and po ssible 
improvements o f o scillatory b affled reactors. P art III is divided in two chapters. The first one is 
treating of the experimental tests carried out o n the oscillatory baffled reactor working at higher 
temperatures. In the second chapter, a  s tudy of  hydrodynamics in the oscillatory baffled reactor has 
been realized, including numerical simulations and instantaneous velocities measurements, for a better 
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At the end of Part II, good results have been obtained for transesterification and esterification 
(with m ethanol) reactions, w ith h igh m ass f raction of m ethyl est ers an d conversions o btained in 
shorter residence t imes than in batch reactor in microstructured and oscillatory baffled reactors. The 
microstructured C orning® r eactor s hows e xcellent pe rformance, high pr essure d rop (5-15 ba r 
depending on the flow rate) allows to increase temperature, keeping the more volatile reactant in the 
liquid s tate and increasing r eaction r ates. The glass Nitech® oscillatory ba ffled r eactor shows good 
results, however oscillations generates local zones of low pressure leading to unwanted evaporation of 
reactants. To remain i n t he l iquid st ate, t emperature h as b een co nstrained to 40° C f or 
transesterification and esterification reactions, as increase of pressure is limited by the resistance of the 
glass r eactor ( 5 bar). Concerning esterification with glycerol reaction, high t hermal losses l ead to a 
temperature in the glass Nitech® oscillatory baffled reactor of only 60°C and 80°C in the Corning® 
reactor, leading to conversions of only 4.3% in the glass Nitech® oscillatory baffled reactor in 20 min 
and 9%  in t he C orning® microstructured r eactor i n 3 min ( see P art I I, C hapter 3) . Tests at  h igher 
temperature have been carried out with sulfuric acid as a catalyst in the batch reactor, leading to a 39% 
conversion in 3 h at 113°C, and in the microwave reactor, leading to a 37% conversion in 50 min at 
140°. With a solid heterogeneous catalyst, scandium t riflate, higher conversions (> 98%) have been 
obtained at 190°C in 50 min. 
The reaction appears to be possible at higher temperatures. The objective is then to transpose 
the good results obtained at higher temperatures in a technology intensifying mixing in order to get a 
better contact b etween t he t wo p hases. A n i mprovement o f t he p revious o scillatory b affled r eactor 
setup appeared possible i f a more p ressure-resistant material i s used, as s tainless steel, with a good 
insulation for a n e ffective he ating. S howing t he i mprovement of  t he s etup i s then pos sible on t his 
esterification w ith g lycerol r eaction, reaction w ith l ow c onversions i n t he two t ypes of reactors 
working a t low temperatures. I ndeed, th e m ain limitation o f th is r eaction i s the high vi scosity o f 
glycerol, decreasing with temperature increase and then leading to low Reynolds numbers. Achieve an 
experimental s etup w ith the os cillatory ba ffled technology a ble t o w ork unde r pr essure a nd h igh 
temperature should improve the flexibility of reactors and extend its use to more reactions, especially 
reactions involving viscous reactants. 
After some investigations to find a welcome laboratory, enterprise or company, an agreement 
has been found with the department of Process Intensification at TNO, Netherlands, localized in Delft, 
to bu ild an international collaboration be tween t hem a nd I NP T oulouse. This independent r esearch 
organization, with more than 3500 employees, have projects in collaboration with companies in a wide 
range of expertise domains (health, industrial innovation, defense, energy, transport, building…) [1]. 
Their interest in this collaboration is the building of the experimental setup of such a reactor, and ours 
is to test the oscillatory baffled reactor setup able to work at higher pressure and temperature.  
This work is the synthesis of the 3 months of international mobility (April-July 2014) and has 
been s upported by INP T oulouse f or i nternational mobility f unding, a s w ell as t he R éseau F ranco-
Néerlandais, w ho pr ovided E OLE s cholarship. This Chapter 1  is in  progress of s ubmission 
(submission in December 2014), untitled “Performance comparison of a continuous oscillatory baffled 
reactor and a Helix reactor for the esterification of fatty acids using waste cooking oil and glycerol”, 
written with the collaboration of M. Crockatt and M. Roelands from TNO, and submitted at the 
Chemical Engineering & Technology journal. 
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Part III, Chapter 1: Improvement of the robustness of oscillatory baffled reactor applied to viscous 
reactants 
 
Performance comparison of a continuous oscillatory baffled reactor and a Helix reactor for the 
esterification of fatty acids using waste cooking oil and glycerol 
1. Introduction 
Much recent research has focused on developing bio-sourced products that are renewable and 
sustainable to substitute fuels, s olvents or  f ormulations o f m ineral or igin. The m ost c ommon r aw 
material s tudied i s v irgin o r f ood-grade o il, w hich are m ainly u sed to pr oduce bi ofuels t hat a re 
constituted of fatty acids methyl esters. One drawback associated with this additional demand of food-
grade oils for biofuel production is that i t can lead to deforestation and desertification [2]. To avoid 
this competition, non-edible oils, such as jatropha or castor oil, have been also been studied but these 
do still need very large plantation areas [3]. Waste cooking oils are consequently of particular interest 
as a r enewable raw material for several reasons: they two to three times cheaper than virgin oils [4], 
and t he r e-use a nd t he t ransformation o f W CO, instead of  di scarding it into s ewers, s ignificantly 
decreases water treatment costs [5]. 
WCO c an be  t ransformed i nto bi ofuels by  ba se-catalyzed t ransesterification r eactions, b ut 
these oi ls c ontain a  p roportion ( between 3 % a nd 45%) o f f ree fatty a cids, w hich m ust f irst be  
transformed b y an  ac id-catalyzed e sterification r eaction t o a void the unde sirable s aponification 
reaction that may occur in the presence of an alkali catalyst. The reactant for the esterification of fatty 
acids i s o ften m ethanol, w hich p roduces f atty aci d methyl est ers, o r g lycerol, a co product o f t he 
transesterification reaction, w hich t o p roduces m ono, di  a nd t riglycerides. Following t he l atter 
reaction, the oil is considered to be regenerated since its quantity of fatty acids has been decreased and 
the base-catalyzed t ransesterification is then possible [6]. The production of monoglycerides via the 
esterification r eaction is also i nteresting s ince these c ompounds ha ve v arious a pplications i n 
cosmetics, p harmaceutical formulations a nd d rug de livery s ystems [7]. The reaction s cheme o f 
esterification of fatty acids reaction with glycerol is given in Fig. 1.  
 
Fig. 1. Reaction scheme of the esterification of fatty acids with glycerol to glycerides and water. 
Due to the high viscosity of glycerol at room temperature, operating temperatures greater than 
130°C are t ypically n eeded f or glycerol esterification in order to decrease the viscosity and then 
enhance the contact between immiscible the fatty acids and glycerol. This reaction has been performed 
a f ew t imes p reviously an d t he literature r esults a re su mmarized i n Table 1 . Solid a cid c atalysts, 
including zinc (Zn), sulfonic acid f ixed on or dered mesoporous s ilica (HSO3SBA-15), double metal 
cyanide Fe-Zn and solid superacid SO4
2–/ZrO2–Al2O3 have been used and high conversions have been 
attained in several hours. In some cases, systems with nitrogen supply are used to remove water, which 
is p roduct of  t he r eaction, and to shift equilibrium. S electivities obtained a re between 42 and 70%. 
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Kotwal et al. [8] show the increase of selectivity in monoglycerides with an increase of molar ratio of 
glycerol to fatty acids, and a decrease of the residence time. The range of temperature studied is 140-
230°C. 
Table 1. Operating conditions for direct esterification with glycerol used in literature. R is the molar ratio of glycerol to fatty acids, w is the mass 














3 NaOH 0.1 180 Fill with N2 70-90 42 6 [9] 
1.04 Zn 0.2 
180-
230 
N/A 95 N/A 0.8 [10] 
2 HSO3SBA-15 1-5 
140-
160 
0.68 90 70 5 [7] 





0.3 200 0.05 98.4 59 4 [11] 
 
 
The objective of this work is to compare two different oscillatory flow reactors on a reaction 
which ha s a thermodynamic e quilibrium a nd k inetically l imited b y m ass tr ansfer, the esterification 
reaction of fatty acids with glycerol. Sulfuric acid (H2SO4) and dodecylbenzene sulfonic acid (DBSA) 
catalysis ha ve been tested; t he l atter ha ving s hown good pe rformance for the e sterification reaction 
[12]  since w ater i s en capsulated in m icelles and t hereby sh ifts t he eq uilibrium i n t he d irection o f 
monoglycerides formation .  The reactor types studied are the continuous metallic oscillatory baffled 
reactor (OBR) and the pulsed Helix reactor. The OBR provides sufficiently long residence times, good 
mixing pe rformance [13] and can eas ily generate l iquid-liquid d ispersions [14]. The H elix r eactor 
provides radial mixing in laminar flow conditions, which is ensured by formation of Dean vortices. It 
also presents a near plug-flow behavior, high heat transfer rates and the absence of internals to ensure 
mixing limit the fouling or clogging issues. The reaction performance has been compared for different 
molar ratios of glycerol to fatty acids, operating temperatures, residence times and using two different 
acid catalysts. 
The O BR i s co mpared t o a H elix r eactor f or t his m ass-transfer lim ited reaction. T he 
comparison has been made at different molar ratio of glycerol to fatty acids, temperatures, residence 
times and using two different acid catalysts. 
2. Materials and methods 
2.1. Continuous oscillatory baffled reactor (OBR)  
The OBR is made of stainless steel, with a 24 mm diameter, composed of two tubes of 1.5 m 
each connected by a bend. The opening diameter of periodically spaced baffles is 12 m m. The OBR 
has a total of 80 baffles, and is represented in Fig. 2. It has been operated in the horizontal position 
under pressure in order to attain temperatures up to 150°C. The wide the range of applications of this 
reactor, us ually more s pecific t o pol ymerization or  crystallization operations, t o r eactions involving 
viscous reactants, as high temperatures decrease the viscosity of glycerol which could limit the mass 
transfer i n t he reactor. I n t he l iterature, su ch a m etallic v ersion o f O BR h as b een st udied u nder 
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atmospheric pr essure c onditions onl y [15]. Met allic O BRs ar e co mmercially av ailable 
(www.nitechsolutions.co.uk).  
 (a)   (b) 
Fig. 2. (a) 24 mm diameter OBR with single orifice baffles. Three threads maintain the baffles together. (b) A bend without baffles is used to 
connect the two tubes of 1.5 m. 
 
2.2. Pulsed Helix reactor 
The 16 mm diameter Helix reactor of 6 m length, coiled 92 times, is represented in Fig. 3. It 
has been operated with the same operating conditions than the OBR.  
 
Fig. 3. 16 mm diameter Helix reactor. The total length of this coil is 6 m. Mixing is ensured by the formation of Dean vortices. 
2.3. Experimental rig 
The oscillatory motion of the flow occurs in the two compared reactors: a continuous 
oscillatory b affled r eactor ( OBR) an d a H elix r eactor. B oth r eactors h ave b een i nsulated w ith 
Rockwool to prevent thermal losses. The associated experimental setup to generate an oscillating flow 
is d escribed i n Fig. 4. A s ystem i ncluding a  pu lsation da mpener filled with n itrogen a nd a 
backpressure regulator is used to increase minimal pressure in the reactor. This pressure is necessary 
to keep compounds in the liquid state. Indeed, the apparition of water during reaction decreases the 
boiling point of the mixture. Moreover, the oscillation of pressure implies sub-atmospheric pressure, 
thereby reducing the boiling point of the reactive mixture. A heat exchanger cools the mixture at the 
after reactor t o avoid r e-vaporization a t the ou tlet of  t he ba ckpressure regulator. The m aximum 
temperature u sed in t his work i s 150° C, a nd t he maximum pr essure a dmitted i s 10 ba r. The pump 
generating t he oscillations i s a  L DE L EWA pum p os cillating f rom 0.1 t o 10  H z. A mplitudes a nd 
corresponding displaced volumes are given in Table 2. The maximum value of oscillations, regarding 
resistance of the setup to strokes, corresponds to amplitude (A) of 6.5 mm and a frequency (f) of 1.4 
Hz. 
Net flow range for the OBR and H elix reactor is f rom 1.7-3.8 L/h, corresponding to n et 
Reynolds numbers of 7-15. In the OBR, for A = 88 mm and f = 1 Hz, the oscillatory flow rate is 900 
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L/h c orresponding t o os cillatory R eynolds num bers of  3000. F or A  =  59 mm a nd f  =  1 H z, the 
oscillatory flow rate is 600 L/h corresponding to oscillatory Reynolds number of 2000, and finally, for 
A = 96 mm and f = 1.4 H z, the oscillatory flow rate is 1370 L/h and oscillatory Reynolds number is 
3000. In the Helix, for A = 298 mm and f = 1 Hz the oscillatory flow rate is 1350 L/h corresponding to 
oscillatory Reynolds numbers of5100. For A = 198 mm and f = 1 Hz, the oscillatory flow rate is 900 
L/h corresponding to oscillatory Reynolds number of 3400, and finally, for A = 298 mm and f = 1.4 
Hz, oscillatory flow rate is 1890 L/h and oscillatory Reynolds number is 7100. 
Net Reynolds number: 𝑅𝑅𝑅𝑅𝑛𝑛𝑛𝑛𝑛𝑛 = 𝜌𝜌𝑣𝑣𝑛𝑛𝑛𝑛𝑛𝑛𝐷𝐷µ        Eq. 2.3-1 
Oscillatory Reynolds number: 𝑅𝑅𝑅𝑅𝑜𝑜 = 2𝜋𝜋𝜋𝜋𝑥𝑥0𝜌𝜌𝐷𝐷µ       Eq. 2.3-2 
 
Fig. 4. Experimental setup of the oscillatory baffled reactor generating oscillations, work under pressure and reach temperatures up to 160°C. 
Table 2. Amplitude of oscillations and corresponding displaced volume in each reactor. The diameter of the plunger is 92 mm. The oscillatory flow rates are 
calculated for a frequency of 1 Hz. 
 
Displaced volume (mL) 6.6 13.3 19.9 26.6 33.2 39.9 46.5 53.2 59.8 66.5 199.4 
Oscillatory flow rates (L/h) 150 300 450 600 750 900 1050 1200 1350 1500 4510 
Amplitude LEWA pump (mm) 1 2 3 4 5 6 7 8 9 10 30 
Amplitude OBR (mm) 15 29 44 59 73 88 103 118 132 147 441 
Amplitude Helix (mm) 33 66 99 132 165 198 231 264 298 331 992 
 
 
Two additional runs have been carried out in a conventionally heated and mechanically stirred 
reactor at  1 10°C, an d i n a co mmercially av ailable N itech® r eactor, w ith a 1 5 mm d iameter. The 
description of these two setups is described in our previous work [16].  
2.2. Products 
Waste c ooking oi l was collected, f iltrated at 400 µ m a nd t hen s upplied by  t he c ompany 
Coreva T echnologies ( Auch, F rance). Oil with a  40% level of fatty aci ds is u sed i n t he m etallic 
oscillatory baffled reactor (OBR). It has been characterized (0% water, 0% solid wastes). The profile 
of t he c arbon c hains is: myristic C 14:0 ( 0.1%), palmitic C 16:0 ( 8.4%), palmitoleic C16:1 ( 0.1%), 
stearic C18:0 (3.9%), oleic C18:1 (31.9%), linoleic C18:2 (54.8%), arachidic C20:0 (0.3%), gadoleic 
C20:1 (0.2%), behenic C22:0 (0.4%). Oil with 40% level of fatty acids is used in the Helix reactor. It 
has been ch aracterized ( 0% w ater, 0 % solid w astes). T he p rofile o f t he c arbon c hains is: p almitic 
C16:0 ( 4.3%), stearic C18:0 ( 2.4%), ol eic C 18:1 (87.1%), l inoleic C 18:2 (6.2%). C yclohexane 
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(analytical grade) and was supplied by VWR, France. Sulfuric acid (96%), glycerol (BioXtra,>99%), 
ethanol ( absolute, 99 .9%) a nd dode cylbenzenesulfonic acid ( DBSA) were supplied by Fisher, 
Belgium. Phenolphthalein and KOH-ethanol solution (0.1M) were supplied by Sigma-Aldrich, France. 
Methyl imidazole (MI) was supplied by Alfa Aesar. N-méthyl-N-trimethylsilyl-heptafluorobutyramide 
(MSHFBA) was supplied by Marcherey-Nagel.  
2.3. Characterization 
The c omposition of  oil p roduced f rom the esterification w ith g lycerol reaction was 
characterized by gas chromatography (GC) using a Perkin Elmer Instrument based on the EN-14103 
method. The chromatograph is equipped with a flame ionization detector (FID). The column used was 
Restek (CP-Sil 8 Rtx-5: 5% diphenyl, 95% dimethylpolysiloxane) 15 m x 0.32 m m x 0.25 µm . The 
injection i s “on-column” b ecause t he d i- and t riglycerides a re not  vaporized i n the i njector a nd are 
injected as liquids in t he co lumn. O ne i nternal s tandard ( heptadecane) an d s ix r eference m aterials 
(triolein, monoolein, diolein, triolein, oleic acid, methyl oleate) supplied by Sigma-Aldrich were used 
for the GC calibration. The samples are diluted in cyclohexane. The operating conditions used for the 
oven w ere 55° C f or 30 s econds, 45° C/min t o 80° C, 10° C/min t o 360° C a nd hol d f or 11 m in. T he 
carrier gas was helium at a constant pressure at the top of the column of 15 ps i. The hydrogen flow 
was kept at 45 m L/min and the air flow was kept at 450 mL/min. The hydroxyled compounds (fatty 
acids, m ono, di - and tr iglycerides) a re s ilyled by a  mixture o f N -methyl-N-trimethylsilyl-
heptafluorobutyramide (MSHFBA) a nd methylimidazole ( MI). T his reaction increases the volatility 
and t he s tability of  i njected hy droxyled compounds t o enhance their de tection. C omposition of 
samples is determined with the internal standard method, mass fractions of mono, di, triglcyerides are 
determined, then selectivities in monoglycerides are deduced.  
The f atty a cid level is d etermined b y t itration w ith a  0 .1 N  KOH-ethanol s olution with 
phenolphthalein as colored indicator, based on the ISO 660 norm. The sample (about 1 mL) is diluted 
in e thanol (about 30 m L). The p ercentage o f ac idity A c is g iven b y th e r elationship: A c = 
(Veq.MC18.CKOH)/moil, where Veq is the volume at the equivalence point, MC18 the molar mass of fatty 
acids, CKOH the concentration of the KOH-ethanol solution and moil is the mass of oil of the sample. 
The percent conversion is given by the relationship:  X = (Acinitial – Acfinal)/Acinitial. 
3. Results and discussion 
3.1. Repeatability study 
In each reactor, the esterification reaction with glycerol was performed three times using the 
same operating conditions: a molar ratio of glycerol to fatty acids of 6, a molar fraction of catalyst to 
fatty acids of 0.11, a residence time of 22 min, temperature fixed at 150°C, and oscillation amplitude 
and f requency e qual t o 6 mm a nd 1 H z, r espectively. T he r esults are g iven i n Table 3 . Reaction 
conversion an d se lectivities varies very l ittle b etween experiments i n each  reactor and t he standard 
deviations are small. The experiments are therefore considered repeatable, considering the intervals of 
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Table 3. Conversion for the esterification reaction repeated 3 times with identical operating conditions (R = 6 (± 0.6), x = 0.1 (± 0.02), t = 22 
min (±0.6), T = 150°C, f =1 Hz, A = 6 mm) in each reactor. 
 OBR Helix reactor 
















 6.7 0.081 21.7 41.0 87 13 6.7 0.111 21.7 31.5 84 16 
 5.9 0.119 22.8 43.3 88 12 5.9 0.119 22.8 30.1 82 18 
 5.6 0.105 22.6 43.8 84 16 5.6 0.116 22.6 33.2 89 12 
Average (%) 6.1 0.102 22.4 42.7 86 14 6.1 0.115 22.4 31.6 85 15 
Standard 
deviation (%) 
0.6 0.019 0.6 1.5 2.1  0.6 0.004 0.6 1.6 3.7  
 
3.2. Influence of oscillatory conditions  
The e ffect o f os cillatory c onditions ha s be en i nvestigated by  testing th ree v alues o f th e 
amplitude and two values of the f requency, thereby changing the amplitude-frequency product (Af). 
The results obtained for both reactors are given in Table 4 and Fig. 5. The best conversion in each 
reactor i s obtained with an amplitude of 88 m m and a f requency of  1 H z for the OBR and with an 
amplitude of 298 m m and a frequency of 1 H z for the Helix reactor; these conditions have therefore 
been kept for the following experiments. The selectivities of  monoglycerides are in the same range, 
between 80 and 90%.  




x (mol cata/ 
mol FFA) 





c (%) sMG/FFA (%) 
OBR 5.9 0.12 150 22.8 59 1 59 41.0 91 
OBR 5.6 0.12 150 22.6 88 1 88 43.3 85 
OBR 5.4 0.10 150 22.0 96 1.4 134 35.9 82 
Helix 5.9 0.12 150 22.8 198 1 198 30.1 82 
Helix 5.6 0.12 150 22.6 298 1 198 33.2 89 
Helix 5.4 0.10 150 22.0 298 1.4 417 27.8 90 
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3.3. Influence of the molar ratio and temperature on the reaction catalyzed with sulfuric acid 
in the OBR 
The effects o f the g lycerol t o f atty aci ds m olar r atio, R , an d o f temperature o n t he 
esterification reaction catalyzed with sulfuric acid in the OBR have been investigated and the results 
are summarized in Table 5 and represented on the Fig. 6 synthesizing the results of section 3.3, 3.4, 
3.5 and 3.6.  A n increase in the molar ratio at a  f ixed temperature and residence t imes (22 min ± 2 
min) i n pr esence of  sulfuric acid leads to an i ncrease in r eaction conversion. At 130°C, conversion 
increases from 5.4% to 23.2% when the molar ratio increases from 1.5 to 14.2. At 150°C, conversion 
increases from 43.3% to 50.2% when the molar ratio increases from 5.6 t o 13.4. The increase in the 
molar ratio at a f ixed temperature seems to shift the reaction equilibrium slightly, but not sufficiently 
to r each high c onversions. B y i ncreasing t he t emperature, the thermodynamic e quilibrium of  t he 
reaction i s m ore eas ily r eached.  Increasing t he t emperature up to a bout 15 0°C e nhances r eaction 
conversion, how ever w ith f urther increase i n temperature the co nversion r emains c onstant ar ound 
47%. The reaction is therefore not limited by reaction kinetics but by the thermodynamic equilibrium. 
Good selectivities are obtained at 150°C, in the range of 85-88%. A slight increase of the selectivity is 
obtained w ith an  increase o f t he m olar ratio. A  sl ight d ecrease o f t he selectivity i s o btained i f 
temperature is i ncreased f rom 1 50 t o 1 60°C. T he se lectivities a ssociated to co nversions inferior to 
20% have not been calculated due to too high uncertainties. 












f (Hz) c (%) 
sMG/FFA 
(%) 
5.4 0.22 100 22.0 6 1 9.9 / 
1.5 0.06 130 23.7 6 1 5.4 / 
2.5 0.10 130 22.4 6 1 13.7 / 
14.2 0.10 130 22.4 6 1 23.2 91 
5.6 0.12 150 22.6 6 1 43.3 85 
6.7 0.11 150 21.7 6 1 43.8 88 
8.9 0.10 150 21.5 6 1 46.6 88 
13.4 0.09 150 24 6 1 50.2 88 
8.7 0.11 160 21.4 6 1 47.6 85 
 
 
3.4. Influence of residence time 
In order to determine if the reaction is complete at the outlet of the reactor, the total flow rate 
has been decreased such that residence time is increased by a factor 2, i.e. from 22 min (± 2 min) to 48 
min (± 1 min). Reaction conversions are given in Table 5 and represented on the Fig. 6 synthesizing 
the results of section 3.3, 3.4, 3.5 a nd 3.6.  I t can be seen that conversion remains constant after an 
increase o f r esidence t ime, i ndicating t he t hermodynamic eq uilibrium i s r eached. T he se lectivity o f 
monoglycerides slightly decreases, from 88% to 81% in the OBR and from 92% to 78% in the Helix 
reactor, w ith t he increase of t he r esidence t ime, w hich i s i n agreement w ith t he r esults previously 
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Table 6. Conversion for esterification with glycerol reaction at different residence times in the OBR and Helix reactor. 
Reactor Catalyst R (-) 












OBR H2SO4 6.7 0.11 150 21.7 6 1 43.8 88 
OBR H2SO4 7.0 0.05 150 48.5 6 1 43.8 81 
Helix H2SO4 13.4 0.11 150 22 6 1 37.1 92 
Helix H2SO4 9.3 0.06 150 47 6 1 36.1 78 
 
3.5. Influence of molar ratio R and temperature on the glycerol esterification catalyzed with 
DBSA 
The previous reaction results obtained using the sulfuric acid catalyst show that the reaction is 
limited by thermodynamics, due to the increasing presence of reaction products forming in the reactive 
mixture. The DBSA catalyst also acts as a surfactant and generates the formation of reverse micelles, 
which encapsulate water (reaction product) and thereby should shift the reaction towards the formation 
of mono, di and triglycerides [12]. Table 7  shows the conversions obtained using the DBSA catalyst 
in both reactor types. These results can be found Fig. 6. Compared with the previous results obtained 
with the sulfuric acid catalyst, reaction conversion is increased from 43.8% to 72.9% in the OBR and 
from 31.6% to 87% in the Helix reactor. The physico-chemical properties of the catalyst are therefore 
extremely i mportant for the r eaction performance. I t i s i nteresting t o no te t hat higher c onversion i s 
achieved in the Helix reactor using DBSA compared with the OBR; this is the opposite of what was 
observed with sulfuric acid catalyst. Lower selectivities are obtained with this catalyst, from 88% to 
67% for the OBR, and from 84% to 66% for the Helix reactor. 
Table 7. Results obtained for esterification with glycerol with DBSA in the two reactors. 















OBR DBSA 7.8 0.06 150 23.4 6 1 72.9 67 
OBR  H2SO4 6.7 0.11 150 21.7 6 1 43.8 88 
Helix DBSA 7.8 0.06 150 22 9 1 87.0 66 
Helix H2SO4 6.7 0.11 150 21.7 9 1 30.1 84 
 
3.6. Influence of the reactor technology 
The r esults obtained i nvolving t he two reactors, OBR and Helix reactor, a re summarized in 
Table 8 and Fig. 6. They are also compared with the results obtained in a glass Nitech® reactor and a 
conventionally stirred and heated batch reactor. For same range of conditions, i.e. at a temperature of 
100°C for the OBR and 110°C for the batch reactor, the conversions are greater in the OBR by a factor 
of two. This higher performance in oscillatory baffled reactor was obtained at lower temperature, as 
the Nitech® reactor at 60°C gives similar conversions to the batch reactor at 110°C. The evolution of 
conversion as a function of the molar ratio at fixed temperature shows the same t rends for both the 
OBR an d H elix r eactors, i .e. co nversion increases with i ncreasing molar r atio. H owever, hi gher 
conversion i s obt ained i n the O BR ( 43.8-50.2%) compared with t he Helix r eactor ( 31.6-37.1%). A 
two-pass r un i n t he O BR w as also t ested. This co nsists i n co llecting t he p roduct a t t he o utlet, 
separating the two phases, then re-injecting the oleic phase as a reactant. This operating mode allows 
significantly higher conversion to be achieved, increasing from 50.2% for a single pass to 86.6% for 
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two passes. Although it requires two additional steps – decantation and reaction, a continuous process 
is still possible if the oleic phase is withdrawn at the top of the decanter. High selectivities have been 
obtained in OBR and Helix reactor, between 80 and 90% if catalyzed with sulfuric acid and 66% if 
catalyzed with DBSA, for an initial level of FFA of 40%. This is higher than selectivities obtained in 
the literature w hich w ere between 42 and 70 %, bu t w hich w ere o btained w ith onl y f atty a cids as 
starting material. 
Table 8. Conversion and selectivity for esterification with glycerol with different in the OBR and Helix reactors. 

















OBR H2SO4 5.4 0.22 100 22.0 6 1 9.9 - 
OBR H2SO4 5.6 0.12 150 22.6 6 1 43.3 85 
OBR H2SO4 6.7 0.11 150 21.7 6 1 43.8 88 
OBR H2SO4 8.9 0.10 150 21.5 6 1 46.6 88 
OBR H2SO4 13.4 0.11 150 24 6 1 50.2 88 




H2SO4 12.8 0.09 150 




1st pass: 50.2 






Helix H2SO4 6.7 0.11 150 21.7 9 1 30.1 84 
Helix H2SO4 9.3 0.06 150 47 9 1 36.1 78 
Helix H2SO4 13.4 0.11 150 22 9 1 37.1 92 
Helix DBSA 7.8 0.06 150 22 9 1 87.0 66 
Batch H2SO4 2.85 0.22 110 30 / / 5.5 / 









Fig. 6. Molar ratio of glycerol to fatty acids influence on conversions of esterification reaction with glycerol. Triangles represent the results 
obtained in the Helix reactor, diamonds represent the results obtained in the OBR, the circle represents the OBR with 2 steps, the square 
represents the results obtained in the Nitech® reactor, the cross represents the results obtained in the conventional batch reactor. Empty 
symbols corresponds to mild temperature (60-100°C), grey symbols corresponds to T = 150 °C and full symbols corresponds to results 
obtained with DBSA.  
 
4. Conclusions 
The use o f o scillatory f low u nder p ressure and at  h igh t emperatures in t he OBR a nd H elix 
reactor al lows typically viscous r eactants used i n es terification of fatty ac ids p resent in WCO w ith 
glycerol to be handled in better conditions, and allows significantly higher reaction conversion to be 
achieved t han i n r eactors operated a t l ower t emperature. This pi lot-scale reactor h as a r ange o f n et 
flow rates of 1.7-3.8 L/h.  The range o f t emperature, 130-160°C, and residence t ime, 20 -50 min, i s 
inferior to these used in literature, 140-230°C and 1-6h, but nevertheless sufficient to not be limited by 
kinetics. Indeed, the glycerol esterification reaction has a  thermodynamic equilibrium, which can be 
shifted by increasing the molar ratio of reactants, however this increases conversion and selectivities 
only slightly (from 43% to 50% conversion and from 85% to 88% of selectivity for an increase in the 
molar ratio f rom 5.6 t o 13.4) . It has been shown that this thermodynamic l imit i s achieved s ince an 
increase in residence time by a factor of two at 160°C does not increase conversion, and even reduce 
slightly t he s electivity of  monoglycerides. T he t hermodynamic e quilibrium c an a lso be  s hifted by  
removal of one of the products. DBSA is a catalyst with surfactant properties, which enable water to 
be e ncapsulated, t hereby s hifting t he r eaction e quilibrium a nd pr omoting pr oduct f ormation. U sing 





















molar ratio (mol glycerol/mol FFA) 
OBR 2 steps T = 150°C
Helix T = 150°C DBSA
OBR T = 150°C DBSA
OBR T = 150°C
Helix T = 150°C
OBR T = 100°C
Batch T = 110°C
Nitech® T = 60°C
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catalyst, going from 47.6% to 72.9% in the OBR and from 36.1% to 87.0% in the Helix reactor, but 
selectivities are reduced by 10%. Another solution to increase reaction conversion is to carry out an 
intermediary d ecantation step, w hereby t he w ater p hase i s r emoved. T his en ables the o verall 
conversion to reach 86.6% but this decreases the selectivities, and for selectivities to reach 87% after 
the 1st step, but only an overall selectivity of 53%. Reaction conversion is typically higher in the OBR 
than i n t he H elix reactor. This m ay be  e xplained by  t he g eneration of  s maller dr oplets a nd hi gher 
interfacial area due to high shear rates induced by the baffles. The higher conversion obtained in the 
Helix reactor with DBSA catalyst compared with that obtained in the OBR is difficult to explain but 
might be linked to the stability of micelles at the liquid-liquid interface. For both reactors, selectivities 
in monoglycerides are between 80 and 90% with sulfuric acid, which are superior to the selectivities 
obtained in  the literature data ( max. 7 0%), and equals t o 66 -67% w ith D BSA. This is a  p romising 
result for a monoglyceride production objective, but the starting material is oil containing 40% of free 
fatty acids, which leads to a small fraction of monoglycerides even with complete conversions. Higher 
production of  m onoglycerides m ay be  obt ained us ing onl y f atty a cids a s a  reactant. A s a g eneral 
conclusion, this w ork ha s s hown that for the g lycerol e sterification r eaction bot h t he O BR and 
oscillatory Helix reactor a llow s ignificantly h igher c onversions to be a chieved c ompared with t hat 
obtained in conventional batch reactors or the commercially available Nitech® glass reactor at lower 
temperatures. This flexibility o f operating at  higher temperatures and pressures widens the range of 
applications of the oscillatory flow reactors, with or without baffles, to reactions involving viscous and 
immiscible reactants.  
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In the previous chapter (Part III, Chapter 1) it was demonstrated that problems associated with 
the generation of localized l ow pressure zones in t he continuous oscillatory baffled reactor, such as  
reactant b oiling an d t he d ampening o f o scillations, may b e o vercome b y u sing a more r esistant 
stainless steel reactor, which allows higher operating pressure and temperature. Indeed, this has shown 
to provide higher reaction conversions than those possible in the initial glass reactor. Nevertheless, the 
underlying hydrodynamic phenomena occurring in these reactors are still not entirely understood. This 
chapter focuses on the characterization of the mixing and flow in the oscillatory baffled reactor. To 
carry out this investigation, the state of the art on flow on continuous oscillatory baffled reactors has 
been reviewed. CFD simulations have then been carried out to develop indicators to characterize the 
hydrodynamic pe rformance o f t he reactor, to d etermine t he best p rocess co nditions an d then t o 
improve the baffle design. Finally, a short experimental campaign using Particle Image Velocimetry 
has been conducted to measure velocity fields and corroborate the results obtained in simulation.   
2. State of the art 
Continuous oscillatory baffled reactors (OBR) are tubular reactors equipped with periodically 
spaced baffles and operate with an oscillating flow rate. Typical tube diameters range from 12 to 800 
mm and can be pl aced h orizontally or v ertically bend connections ( see Fig 2-1). Reactants flow 
through the reactor with a net flow like in a conventional plug flow reactor, but an oscillatory flow is 
also superimposed to this net flow. The combination of the periodically spaced baffles and the periodic 
oscillating f low cau ses u nsteadiness in t he l aminar flow. T he m ixing i n t he reactor i s then d ue t o 
vortex shedding when the oscillating flow rate is in the direction of the net flow and when the flow is 
reversed, where the liquid passes a round the vortices and f lows near the walls in opposite di rection 
(see Fig. 2-2). Unlike streamline laminar flow, mixing is greatly enhanced in OBRs since radial and 
axial velocities are generated. 
 
Fig. 2-1. Nitech® reactor previously tested in the Part II, Chapter 2. The blue circle shows a bend connection with baffles, and the purple 
circle shows the position of a straight connection. A tube is composed of periodically-spaced baffles (dark and red frames).  
The OBR technology is inspired from pulsed columns created for liquid-liquid extraction. The 
first patent for pulsed columns was published by Van Dijck in 1935 and describes a v ertical column 
equipped with an oscillating perforated sieve plate or with immobile internals. Later it was shown that 
solvent extraction could be enhanced by the oscillation of flow in a sieve plate column [1] or with the 
use of disc and doughnut internals [2]. At the end of the 80’s, the concept of using pulsed columns as 
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horizontal tubular reactors was investigated [3]–[5]. The oscillatory baffled reactors can be placed in 
any position, horizontal or vertical depending on the application. In t he 90’s, studies confirmed the 
capacity of both baffle designs to perform good mixing [6]. This reactor technology has been studied 
for a  wide range of  applications, s uch as  crystallization [7], polymerization[8], biodiesel production 
[9], bioprocesses [10], and has proven to give good results in terms of mixing, heat transfer, cooling 
rate, mass t ransfer, r eaction, s uspension o f pa rticles  and a xial dispersion [11]. Today t he O BR 
technology i s protected b y sev eral patents on the oscillatory m otion ( WO 0 60412, WO 057 661), 
baffles (sharp ed ge o r helical st rip o r strake) (US 4832500 ), reactor d esign (EP 107 6597), 
heterogeneous catalysis applications (US 5439991) or online separation (GB0706908).  
 
Fig. 2-2. Eddies shedding in baffled column [12] 
To characterize o scillatory f low r eactors, key d esign p arameters are p resented, w ith t he 
corresponding recommendations from l iterature. The influence of these parameters has been s tudied 
on hydrodynamics. This state of the art is the basis of the development of characterization tools. 
2.1.  Key design parameters 
2.1.1. Diameter of the tube 
The choice of the diameter of the tube is often dependent of the targeted production rate [13]. 
From Table 2-1, i t can be seen that with tube diameters in the range of 24-50 mm, it is  possible to 
reach flow rates in the range of 7-100 L/h, which corresponds to net Reynolds numbers (see Eq. 2.1.3-
1) up to 3000. These flow rates are suitable for industrial production in fine and specialty chemicals, 
pharmaceutical i ndustries. In c omparison, the 15 m m di ameter N itech® r eactor (used i n Part II,  
Chapter 2 a nd C hapter 3 ) i s a ble t o r each flow r ates f rom 2.4 t o 6 L /h, w hich c orresponds t o net 
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Table 2-1. Range of experimental conditions used for experiments on OBR The net flow rate is Fnet, the net Reynolds number is Renet, the 





























30-114 250-1000 0-15 0-3 40 [16] 
 
 
2.1.2. Baffle design 
The most c ommon ba ffle design i s a n e qually-spaced and sharp-edged single o rifice baffle. 
For t his ba ffle type, t he s pacing b etween b affles (L/D) is typically fixed a t 1. 5 [17] and t he baffle 
opening ratio (which equals to the ratio of the opening section out of the section of the tube : D0²/D²) is 
generally in the range of 0.2-0.4 [18], but is usually set at 0.25, which corresponds to D0 = 0.5D [19]. 
Baffle thickness, e, is generally fixed at e/D = 1/25 [15]. Other baffle designs have also been studied in 
the literature and are summarized in Table 2-2. Perforated plates have been employed to deal with an 
increase in the column diameter [14], [15]. They show similar axial di spersion  with those of single 
orifice b affles for a s ame d iameter [15]. B affles with three o rifices h ave al so b een studied in a 
horizontal c olumn, l eading t o t he f ormation a nd t he propagation o f t hree bi directional e ddies [20]. 
Finally, a study has been conducted using two immiscible liquids (oil and methanol) in a reciprocating 
plate column with perforated baffles to correlate droplet s ize with oscillatory conditions [21]. More 
recently, helicoidally-shaped baffle d esigns has been studied [18], [ 22] . These a re easy to insert in 
columns and a plug flow behavior maintained for a wider range of oscillatory conditions. For this type 
of ba ffle, geometric p arameters ar e si milar as t hose used w ith si ngle o rifice b affles as  the p itch to  
diameter r atio i s fixed at 1.5  and t he diameter the helical c oil is 1.2 m m, which c orresponds to an 
opening section ratio of 23%. These geometric parameters are used in the work of Solano et al. [22] 
and have shown good performance in terms of plug-flow behavior [18]. 
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Table 2-2. Description of experimental set-ups using different baffle designs. V/H indicates if the column is in the horizontal (H) or vertical 
(V) position. 
 










Single orifice plate 
and multi-orifice 
plate (37 x 12 mm) 
24, 54 and 
150 mm 












3.25 0.875 [20] 
V 
Perforated plates 
39 orifices of 3 mm 
of diameter 




















 6 mm 
 
1 1 [21] 
Helicoid V or H 
Helicoid 
e = 1.2 mm 
p = 7.5 mm 
 




2.1.3. Net Reynolds number 
The net Reynolds number is a dimensionless number, which compares inertial and viscous 
effects, is defined as following: 
Net Reynolds number:  𝑅𝑅𝑅𝑅𝑛𝑛𝑛𝑛𝑛𝑛 = 𝜌𝜌𝜌𝜌𝜌𝜌µ      Eq. 2.1.3-1 
where ρ and µ the density and viscosity of the fluid, v the net velocity and D the diameter of the tube. 
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In OBRs, the recommended minimum value of the net Reynolds number to achieve 
convection is 50 [13]. 
2.1.4. Oscillatory Reynolds number 
The definition of the Reynolds number that is specific to OBRs is the oscillatory Reynolds 
number, which is defined as:    
Oscillatory Reynolds number:   𝑅𝑅𝑅𝑅𝑜𝑜 = 2𝜋𝜋𝜋𝜋𝜋𝜋𝜌𝜌𝜌𝜌µ    Eq. 2.1.4-2 
where A and f the amplitude and frequency of oscillations. 
In t his de finition, the characteristic velocity is usually taken a s t he m aximal velocity o f 
oscillations since the velocity varies with time: 
𝑣𝑣 =  𝐴𝐴ωsin (𝜔𝜔𝜔𝜔)       Eq. 2.1.4-3 
 𝑣𝑣𝑚𝑚𝑚𝑚𝑚𝑚 = 𝐴𝐴𝜔𝜔 =  2𝜋𝜋𝐴𝐴𝜋𝜋       Eq. 2.1.4-4 
Alternatively, the velocity up at the smallest section of t ube at the b affle can be co nsidered 
[23]. 
 𝑢𝑢𝑝𝑝 = 𝜋𝜋𝐴𝐴𝜋𝜋 𝜋𝜋𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝜋𝜋𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝        Eq. 2.1.4-5 
The most commonly used definition in literature uses vmax; this does not take into account the 
higher v elocities a round b affles or the presence o f baffles i n t he calculations of ne t or o scillatory 
Reynolds numbers.  
The recommended minimum oscillatory Reynolds number to achieve convection is 100 [13]. 
For Reo < 250, the flow is essentially 2D axisymmetric and mixing intensity is low, for Reo >250, flow 
becomes 3D and mixing becomes more intense, finally for Reo > 2000, flow is fully turbulent [24]. 
2.1.5. Velocity ratio 
The velocity ratio, which is also used as a design parameter, is defined as following:  
ψ = Reo/Renet. 
This ratio should be greater than one for the oscillatory flow to be dominant and for the full 
effect of the vortex cycle [24]. The minimum velocity ratio required for the system to operate with a 
plug-flow behavior is 1.8-2, and the typically recommended range is between 2 and 6 [13], [24]. 
2.1.6. Strouhal number 
Physically, t he S trouhal num ber c ompares t he l ocal f low v elocity w ith t he a verage f low 
velocity. I t i s us ed t o measure t he f requency of  os cillatory phe nomena, which depend on R eynolds 
number. A well-known example of such oscillatory patterns is the periodic vortex shedding behind a 
blunt body subjected to a steady flow. 
Generally, the Strouhal number is defined as [25]: 
 𝑆𝑆𝜔𝜔𝑆𝑆 = 𝜋𝜋𝑝𝑝𝑑𝑑
𝑢𝑢0
        Eq. 2.1.5-1 
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where fs, d a nd u 0 are the frequency of  the observed phenomena, the characteristic dimension of the 
system and the free stream velocity, respectively.  
For a pplication to f lows i n os cillatory ba ffled reactors, the f requency of  t he v ortex s hedding i s 
replaced by oscillatory frequency [23]. This is justified by the fact that two vortices are generated per 
cycle ( one d uring t he co -current os cillation, a nd the s econd du ring t he c ountercurrent os cillation), 
leading to in  r eality fs = 2f  [23]. The ve locity t erm i s e qual t o ωx0 like for t he definition of  t he 
oscillatory Reynolds number. The characteristic dimension is defined as the orifice diameter D0. 
𝑆𝑆𝜔𝜔𝑆𝑆 =  𝜌𝜌0
𝜋𝜋𝑚𝑚0
        Eq. 2.1.2-2 
The last form of the relation used in most of publications is:  
 𝑆𝑆𝜔𝜔𝑆𝑆 =  𝜌𝜌
4𝜋𝜋𝑚𝑚0
        Eq. 2.1.2-3 
This is different from the previous definition as fs is directly replaced by f, and the diameter of 
the baffle, which generally equals to D0 = D/2 is used as the characteristic dimension.  
As i t was mentioned for the Reynolds numbers, the Strouhal number is not time-dependent, 
whereas the flow velocity in OBRs is time-periodic and the formation of vortices is time-dependent. 
The v ortices a re g enerated w hen the velocity of t he flow increases, then di sappear w hen v elocity 
decreases. Other vortices shed when velocity is negative (when the flow is in the opposite direction). 
However, the hypothesis of a  quasi-steady flow is taken to justify the use of dimensionless numbers 
that are constant with time [26].  
The effect of the modified Strouhal number is then a dimensionless tool for characterizing the 
formation of vortices, analogously to the vortex shedding after a cylinder in steady flow. Nevertheless, 
it is difficult to study Str and Reo separately because the former contains the amplitude of oscillations, 
and the latter amplitude and frequency of oscillations [24].  
2.1.7. Nusselt number 
The Nusselt number i s u sed to c haracterize h eat transfer and corresponds to t he r atio o f 
convective heat transfer to conductive heat transfer.  
𝑁𝑁𝑢𝑢 = ℎ𝐿𝐿
𝑘𝑘
        Eq. 2.1.3-1 
where h t he convective heat transfer coefficient, L the characteristic length and k the thermal 
conductivity. 
2.2.  Performance characterization 
The main effects of these k ey de sign pa rameters on hy drodynamics pressure dr op, h eat 
transfer, d roplet s ize of  l iquid-liquid d ispersions, a xial to r adial v elocity r atio a nd a xial d ispersion 
coefficient are detailed in this section.  
2.2.1. Pressure drop 
In the previously tested glass reactor in Part I I, maximum pressure i s 5  bar, and in Part I II, 
Chapter 2, m aximum pr essure is 10 ba r. A s an i ncrease o f oscillations leads t o a n i ncrease of  t he 
pressure dr op in t he r eactor, t he pr ediction of  pressure d rop in a g iven sy stem i s i mportant to 
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determine geometric parameters as  length o r diameter for a f ixed se t o f oscillatory conditions. This 
pressure has to be monitored experimentally to protect the reactor and to ensure t hat the maximum 
supported pressure is n ot ex ceeded. Jealous et  al . [27] proposed a  q uasi-steady st ate m odel for 
determining pressure drop from power dissipation in pulsed columns: 
 ∆𝑃𝑃 =  𝑛𝑛𝜌𝜌(2𝜋𝜋Af)²(1/S²−1)
2𝐶𝐶0²      Eq. 2.2.1-1 
 
where n is the total num ber o f baffles, S  is the f ractional ope n a rea a nd C 0 is th e s tandard o rifice 
coefficient, usually taken as 0.6.  
2.2.2. Heat transfer 
The dimensionless Nusselt number is used to characterize heat transfer. The Nusselt number is 
higher in presence of oscillations for a same net Reynolds number. The higher the oscillating Reynolds 
number, the better the heat transfer; it increases by a factor 4 compared with a smooth tube for Renet = 
600 and a factor 5 for Renet = 800 [19]. In the helicoidally-shaped baffled oscillatory column, a similar 
result i s obtained: the Nusselt number i s four times higher than that in a  s traight tube, however the 
Strouhal number has no effect on the Nusselt number [22]. The literature results are summarized in 
Table 2-3. 
Table 2-3. Summary of literature studies on heat transfer in oscillatory baffles reactors. 
 
Correlations V/H Design Diameter Technique Reference 
Effect of Af, net and oscillatory 





12 mm Experimental [19] 
Effect of frequency and 
oscillatory Reynolds number on 
the Nusselt number. 
H 
Helicoid 
e = 1.2 mm 
p = 7.5 mm 
 
5 mm CFD [22] 
 
 
2.2.3. Two phase flow 
Studies on t wo pha se flow in O BRs a re of i nterest because the reactions performed in th e 
current project involve immiscible reactants and products. Previous studies have found that the OBRs 
is capable o f g enerating a  r ange of droplet d iameters varying  from 0 t o 200 0 µm  f or t he s ilicon 
oil/water emulsion [16]. In [16], the Sauter diameter d32 has been directly correlated with th e 
oscillation amplitude and frequency. The results via the correlations in given in Table 2-4 show that 
frequency has a greater influence on drop size in vertical columns, whereas it is the amplitude that has 
a greater influence in horizontal column. In the reciprocating plate column, non-reactive and reactive 
oil in methanol emulsions (with or without catalyst) have been studied. Sauter diameters are superior 
in the presence of a catalyst than th ose i n the non-reactive em ulsions or at the beginning of the 
reaction. This is  due to the generation of mono and diglycerides during the reaction which pl ay t he 
role o f s urfactants. The Sauter d iameter i s co rrelated with power consumption, s howing t he dr op 
diameter increases with the ratio of  power consumption weighted by the mass of  the emulsion, and 
interfacial area is correlated to amplitude (A), frequency (f) and superficial velocity (unet) [21]:  
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a = 3.3 (Af)0.74unet
-1.20        Eq. 2.2.3-1 
Table 2-4. Previous work on the characterization of two-phase flow in OBRs. Af is the product of amplitude and frequency of oscillations. 
Correlations V/H Design Diameter Emulsion Reference 
d32 = x0
-0.76 f-0.85 H Simple 
orifice 
40 mm 
Silicon oil/Water [16] 
d32 = x0
-0.89 f-0.53 V 40 mm 
d32 as a function of height of 
column and Af 
and as a function of power 
consumption. 
Interfacial area as a function of 











2.2.4. Instantaneous velocities 
Experimental results found in the literature data focus on the measurement of radial and axial 
velocities and the observation of eddies. The velocities are either calculated by CFD (Computational 
Fluid Dynamics) simulation or measured experimentally by  P IV (Particle Image V elocimetry). T he 
interest of obtaining velocity measurements is to understand flow mechanisms, and be able to maintain 
mixing conditions and velocities in the reactor when diameter of the column is increased for scale-up, 
changing p arameters a s a mplitude a nd frequency o f t he os cillations. A s ummary of  t he r esults 
obtained by different studies is given in Table 2-5. 
Mixing is observed qualitatively by C FD w ith f ormation o f eddies, which increase radial 
mixing. Radial m ixing i s also pr omoted by i ncreasing the oscillatory R eynolds num ber [22]. T he 
generated radial flow is quantified by the axial to radial velocity ratio. It is  calculated by taking the 
ratio of the mean values of the radial and axial velocity vectors taken on a plane [28]. Axial and radial 
velocities in OBRs have been calculated via CFD using laminar models in most of the cases, which 
have b een validated w ith PIV [26], [ 28], [ 29], o r advanced turbulence models, such as the Implicit 
Large Eddy Simulation (ILES) or Large Eddy Simulation (LES), which have been validated by PIV 
measurements [20], [28]. It is possible to change the velocity ratio by varying the oscillating amplitude 
or frequency [12]. It is recommended that this ratio be between 2 a nd 2.5 for good mixing, and less 
than 3.5 [30] such that the radial flow dominates and to limit axial dispersion. This velocity ratio has 
also been shown to decrease with an increase in oscillatory R eynolds number [31]. This ratio is 
between 1  an d 3  for os cillatory R eynolds num ber s uperior t o 100 , w hich is in a greement w ith th e 
previous recommended range. In addition, it has been shown t hat the individual axial a nd radial 
velocities are d ifferent depending on the instantaneous flow rate due to the time dependency of the 
sinusoidal ve locity, which i s proportional t o oscillation frequency. For a sc ale-up i nterest, w ith the 
same operating conditions, the axial to radial velocity ratio increases when diameter increases from 50 
to 100 mm, whereas it remains the same when diameter passes from 100 to 200 mm [30].  
Another study has been carried out  i n order to ch aracterize t he symmetrical nature o f t he 
velocity f ield [32]. Using numerical simulations a nd P IV experiments two flow mechanisms a re 
deduced. F irstly, for Strouhal num bers less than 0.1, when R eo = 200 the flow p asses e ssentially 
through t he center of the tube, which wobbles and rotates, due to a shear (Kelvin-Helmholtz) 
instability, and small eddies are generated near baffles. At Strouhal numbers greater than 0.5, the flow 
pattern consists of pairs of toroidal eddies that start from a baffle and end at the middle of a cell. They 
collide with other pairs of eddies that are generated by the opposite baffle during the return of the flow 
rate. T his collision implies t he r upture o f the flow symmetry if the oscillatory R eynolds number is 
greater t han 225. An i ncreasing size o f eddies  a s a f unction of  S trouhal n umber has also been 
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observed [33]. However, f or di fferent S trouhal num bers at the same n et a nd oscillatory R eynolds 
numbers, it is difficult to find any difference in eddy size or shape [22].  
It i s i nteresting t o poi nt o ut t hat i n ou r pr evious w ork [34] a d ecrease i n c onversion w as 
observed for Str > 0.1 and for same range of Reynolds number (Str = 0.16, A = 7.5 mm, f = 1.4 Hz), 
which contradicts the previous results given by [32]. Indeed, the Strouhal number is inversely 
proportional to amplitude, but there is a minimum amplitude for the generation of vortices, which is 
estimated a t ab out a quarter o f t he sp ace b etween b affles (h) [35]. The a mplitude f or t he S trouhal 
number l eading to low conversion equals to 7.5 m m, which is near the value of this minimum as i t 
corresponds to 0.29h.  
Table 2-5. Summary of previous works that measure or simulate velocity fields in a oscillatory flow column. Parameters observed are axial to radial 
velocity ratio, qualitative visualization, effect of the Strouhal and oscillatory Reynolds numbers, amplitude, frequency. For CFD techniques, the models 
used are given. 
 
Study V/H Design Diameter Technique Reference 
Qualitative observation of radial mixing 
Effect of Str at high Reo 
H 
Helix 
e = 1.2 mm 
p = 7.5 mm 
 
d = 5 mm 
CFD: 
Laminar [22] 






D = 60 
mm 
PIV  
LDV (Laser Dopler 
Velocimetry) 
 




Effect of diameter on average mean 













CFD :  
LES (Large Eddy 
Simulation) 
[28] 
Effect of amplitude or frequency on the 
axial to radial velocity ratio 
V 
Single orifice 
plate d = 75 
mm 






Effect of reactor diameter on the axial to 






















50 mm PIV [26] 
First 3D CFD simulation 






CFD : LES 
 
[29] 








Effect of Str on the eddy length V 
Single orifice 
plate 
145 mm CFD: Laminar [33] 
 
 
2.2.5. Axial dispersion coefficient 
The axial dispersion model is mathematically described by Levenspiel [36] : 
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𝜕𝜕𝜕𝜕² − 𝜕𝜕𝐶𝐶𝜕𝜕𝜕𝜕       Eq. 2.2.5-2 
with z = (ut + x)/L and θ = tu/L. (Dax/uL) is a dimensionless vessel dispersion number. 
A more well-known version of this dimensionless number is the reciprocal, which is the Peclet 
number and represents the r atio o f the convective transport to diffusive transport, a s de fined by t he 
following [37]: 
𝑃𝑃𝑅𝑅 =  𝑢𝑢𝐿𝐿
𝜌𝜌𝑎𝑎𝑎𝑎
        Eq. 2.2.5-3 
In order to consider plug flow behavior in the reactor, the Peclet number (Pe) has to be greater 
than 100. The coefficient of axial dispersion (Dax) is a characteristic of the geometry of a reactor. This 
coefficient can be used to predict reaction yields or selectivities in a particular reactor geometry.  This 
coefficient i s ob tained f rom t he v ariance of  t he residence time di stribution. A nother pos sible 
interpretation of the residence time distribution is the tanks-in-series model [36], where the number of 
tanks in series N can be considered as proportional to the Peclet number. The reactor has a plug-flow 
behavior for N>10 [18]. 
The studies that deal with the calculation of the axial dispersion coefficient and the effect of 
operating parameters are summarized in Table 2-6. 
Table 2-6. S ummary o f literature results that d etermine t he coefficient of a xial dispersion .  V o r H  indicates i f the s tudied columns a re 
vertical or horizontal. The techniques used to calculate these coefficients are residence t ime distribution RTD or with computational fluid 
dynamics (CFD) with the distribution of a tracer. 





Effect of Reo, Renet, 
viscosity and Pe on the 





39x3 mm  
39.6  RTD 
1x10-5 – 
9x10-4 [14] 
Effect of Reo , Str, Renet on 
the axial dispersion 
coefficient. 
Comparison of single 
orifice plate to perforated 








RTD 10-4-10-2 [15] 
Correlation of the axial 
dispersion coefficient to A, 






40 RTD 9 x 10-4 
1.5 x 10-3 [16] 
H 40 RTD 
Effect of viscosity on the 






1.2 x 10-3 -
9.6 x 10-3 [31] 
 
Several s tudies ha ve investigated the i nfluence of  Reynolds number on t his coefficient by 
calculating th e a xial d ispersion c oefficient D ax using t he residence t ime d istribution obtained 
experimentally [14], [15] or with numerical simulations [31]. 
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The different cases studied by Palma et al. [14] are detailed in Table 2-2. For a net velocity of 
2.67 mm/s and a reactor length of 2.4 m, the axial dispersion coefficient (Dax) has been calculated for 
different baffle spacings (h), oscillatory amplitude (A) and frequency (f). To complete these results, 
the Peclet (Pe) and oscillatory Reynolds (Reo) numbers have been calculated from the published axial 
dispersion coefficient a nd from os cillatory c onditions i n Table 2-7. It can  b e seen that t he P eclet 
number d ecreases w ith i ncreasing oscillatory R eynolds num ber. Furthermore, t he Peclet number i s 
greater than 100 only for low values of oscillation amplitude and frequency (i.e. 5 mm and 1 Hz) for a 
baffle spacing of 25 mm. According to the authors, the inverse Peclet number increases linearly with 
the product of Af divided by the velocity. It quantifies the observed decrease of Peclet number with 
the increase of oscillatory Reynolds number which is proportional to Af.  
Table 2-7. Calculations of Peclet numbers (Pe) from the axial dispersion coefficients determined in [14].  
D (mm) A (mm) f (Hz) Dax (m²/s) Reo (-) Pe (-) Reference 
25 5 1 6.00E-05 1200 107 
[14] 
25 25 1 2.20E-04 6100 29 
25 5 3.5 7.00E-05 4300 92 
25 25 3.5 5.20E-04 21400 12 
50 5 1 8.00E-05 1200 80 
50 25 1 1.50E-04 6100 43 
50 5 3.5 1.40E-04 4300 46 
50 25 3.5 3.80E-04 21400 17 
100 5 1 1.00E-04 1200 64 
100 25 1 1.00E-04 6100 64 
100 5 3.5 1.00E-04 4300 64 
100 25 3.5 3.20E-04 21400 20 
 
Smith an d Mack ley [15] determined t he axial d ispersion co efficient ( Dax) fo r different 
oscillatory R eynolds numbers and different tube diameters. F or a ne t Reynolds number of  107, the 
Peclet numbers h ave be en de termined f rom t he a xial di spersion c oefficient f ound i n their w ork, as 
given in Table 2-8. The mean characteristic velocity has been deduced from the net Reynolds number. 
Again, i t can be seen that an increase of oscillatory Reynolds number increases the axial dispersion 
coefficient, which means it decreases Peclet numbers, except at low oscillatory Reynolds numbers (40 
to 20 0) w here the Peclet num ber increases. This v alue o f the os cillatory R eynolds num ber can b e 
found i n a  s tudy of  t he symmetry of  t he f low pa tterns in O BRs [32], w here i t i s s hown t hat 
dissymmetry appears in the flow at Reo > 225, caused by the collision of the eddies generated in the 
forward flow and those generated during the return flow rate.  
The axial dispersion has also been characterized with the tanks-in-series model in oscillatory 
baffled reactors [38][39], showing the presence of a  maximum value for the value of the number of 
tanks-in-series w ith the i ncrease of  t he os cillatory R eynolds number a round 100, w hich i s in 
agreement w ith the evolution o bserved b y S mith an d Mack ley [15]. This m aximum i s at  a h igher 
oscillatory Reynolds number if the net Reynolds number increases. 
It should also be pointed out that in Table 2-8 the Peclet numbers are relatively low, being 
always less than 35. In this work, it was also shown that an increase of the net Reynolds number (from 
56 t o 430 ), increases the axial di spersion coefficient. F inally, a  m ulti-orifice p late is u sed for 
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comparison with the single orifice baffle of the same diameter (150 mm) and this leading to a decrease 
in the axial dispersion coefficient. 
Table 8. Calculations of Peclet numbers (Pe) from the axial dispersion coefficients determined in [14]  
D (mm) v (m/s) L (m) Dax (m²/s) Reo (-) Pe (-) 
24 4.5E-03 1 4E-04 40 11 
24 4.5E-03 1 2E-04 200 30 
24 4.5E-03 1 3E-04 1000 15 
24 4.5E-03 1 3E-03 4000 1 
54 2.0E-03 2 4E-04 10 10 
54 2.0E-03 2 4E-04 40 10 
54 2.0E-03 2 1E-04 200 40 
54 2.0E-03 2 7E-04 1000 6 
54 2.0E-03 2 2E-03 4000 2 
150 7.1E-04 4.5 1E-04 200 32 
150 7.1E-04 4.5 2E-04 1000 16 
150 7.1E-04 4.5 4E-03 4000 1 
 
In the work of Smith and Mackley [15], the axial dispersion coefficient remains constant with 
the position of the sample probe (L), as it equals to 1.08 cm²/s for a distance of 870 mm and 1.09 cm²/s 
for a distance of 2616 mm [14], but it has an effect on the Peclet number (Pe = uL/D)  as these values 
have been calculated from these axial dispersion coefficients and correspond to Peclet numbers of 22 
and 66.  The Peclet number i s then i ncreasing with L.The e ffect o f viscosity on the a xial di spersion 
coefficient has a lso b een s tudied [14]. It i s d ifficult to co nclude as the axial d ispersion co efficient 
decreases for D = 24 and 54 mm, but increases for D = 150 mm. The effect of viscosity should directly 
impact the oscillatory Reynolds numbers by decreasing i t if vi scosity increases, which should, if we 
consider the e volution o f t he a xial di spersion c oefficient w ith os cillatory R eynolds num ber of  t he 
Table 2-7, decrease axial dispersion coefficient for oscillatory Reynolds number superior to 200, o r 
increase i t for o scillatory Reynolds number i nferior to 200. T his is confirmed by  the w ork of 
Manninen e t a l. [31], with an  i ncrease o f t he ax ial dispersion co efficient w ith t he i ncrease o f the 
viscosity (or the decrease of the oscillatory Reynolds number), which corresponds to the decrease of 
the axial dispersion coefficient for oscillatory Reynolds number between 40 and 200.  
Correlations have been determined to calculate the axial dispersion coefficient as a function of 
the net and oscillatory Reynolds numbers and the Strouhal number [15]: 
 Dax = 7.0 x 10
-7 Renet
0.8 + 7.5 x 10-7 Reo e
-0.4 Str 
+ (3.0 x 10-12 Renet
1.6)/(7.0 x 10-7Renet
0.8 + 7.5 x 10-7 Reo
(-0.4 Str))  Eq. 2.2.5-4 
 The axial dispersion coefficient has been correlated to amplitude, frequency and net velocity 
for ho rizontal and v ertical columns, a nd P eclet num ber ha s be en c orrelated to ne t a nd os cillatory 
Reynolds numbers [16]: 
Vertical column:  Dax = 0.072(Af)
0.6 u0.4     Eq. 2.2.5-5 
Horizontal column:  Dax = 0.0658(Af)
0.66 u0.34     Eq. 2.2.5-6 
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Pe = 462 (± 13.67%) Reo/Renet 
-0.60(±6.44%) (R² = 0.798)   Eq. 2.2.5-7 
These c orrelations confirm the obt ained trends f or t he evolution of the a xial di spersion 
coefficient with the axial dispersion coefficient and have been obtained empirically. It is nevertheless 
difficult to f ind a relationship between the correlations obtained in the work of  Smith and Mackley 
[15] and i n t he w ork of  Pereira [16], b ut t he t rend is s imilar, showing an increase of t he ax ial 
dispersion coefficient (or decrease of the Peclet number) with the increase of the oscillatory Reynolds 
number. 
2.3. Conclusions of the state of the art 
The studies found in literature have focused on the characterization of droplet size of liquid-
liquid di spersion, the calculation of  t he a xial to r adial v elocity r atio a nd calculations o f a xial 
dispersion coefficient, by s tudying t he i nfluence of key design parameters, such as the presented 
dimensionless numbers, the amplitude and frequency of oscillations, as well as geometric parameters 
(tube diameter, baffle spacing, opening and design. Additional calculations have been made to 
determine the Peclet numbers associated with the axial dispersion coefficients determined in literature 
and these show the plug-flow behavior of oscillatory baffled reactors strongly depends on the 
oscillatory parameters.  
The pressure drop is determined by the correlation provided by Jealous and Johnson [27]. It is 
a key p arameter f or t he d esign o f t he f inal r eactor f or t he ch oice o f geometric p arameters, such as 
reactor length and diameter. Heat transfer and the quality of liquid-liquid dispersion are ensured by an 
increase of  t he os cillatory c onditions, i .e. t he os cillatory R eynolds number. On t he other hand, th is 
oscillatory R eynolds number s hould b e l imited to a  certain r ange f or m ixing c onsiderations, as t he 
axial di spersion c oefficient i ncrease w ith an i ncrease of  t he oscillatory R eynolds number f or R eo > 
200. The Peclet number has to be sufficiently high for the reactor to have a plug flow behavior. This 
Peclet n umber d epends o n t he c haracteristic l ength of t he r eactor, an d so i t h as t o be related t o a  
characteristic residence time.  The mixing in the reactor can also be characterized by the axial to radial 
velocity ratio, with a recommended range between 2 and 3.5 to stay in the plug flow conditions. Some 
connections between the presented results h ave been made, for example the generation of 
axisymmetric eddies for oscillatory Reynolds numbers less than 200 [32], that promote radial mixing, 
which is in good agreement with the decrease of axial dispersion coefficient calculated for the same 
range of oscillatory Reynolds numbers [14]. Moreover, the effect of viscosity can be connected to the 
discussion on the effect of oscillatory Reynolds number as an increase in viscosity decreases the net or 
oscillatory Reynolds numbers. The effect of Strouhal number is difficult to identify since no specific 
effect has been attributed to a change in this number, except for the size of the eddies [33]. This state 
of the art has highlighted the recommendations for the choice of the conditions of oscillations, f low 
rates an d g eometric p arameters, s howing t he p otential o f n umerical simulations an d p article image 
velocimetry f or t he ch aracterization o f the f low i n t he O BRs. The un derstanding of  t he f low 
characteristics i n su ch r eactors c ould be  i mproved by t he de termination o f r ange of  os cillatory 
Reynolds number and Strouhal number leading to the generation of eddies, the determination of axial 
dispersion coefficient for short residence times and then correlation of the Peclet number with reactor 
length in o rder to e stimate minimum residence time with plug flow behavior. It also appears that a  
study o f baffle geometry co uld b e o f i nterest, u sing the p resented means o f characterization, a s t he 
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3. Experimental measure of velocity vectors by PIV (Particle Image Velocimetry) 
Particle I mage V elocimetry ( PIV) i s non-intrusive e xperimental technique us ed t o m easure 
instantaneous flow fields. An experimental setup has been constructed to use this technique to measure 
the flow f ields in an oscillatory f low reactor, which is t he g lass N itech® reactor i n t his s tudy. T he 
objective of this part of the work is to investigate the effect of the oscillatory Reynolds number on the 
flow patterns. 
3.1. Material and methods 
PIV measurements have been carried out in a Nitech® glass tube with a length L = 70 cm and 
diameter D = 15 mm.  
The e ffect of  t he o scillatory R eynolds n umber i s s tudied by  i ncreasing the v iscosity of  t he 
fluid. For this, a binary mixture of glycerol and water at different glycerol compositions is used: 0%, 
24.7%, 41.3 % and 54.6 w t.% of glycerol, which corresponds to viscosities of 0.001, 0.002, 0.0052 
and 0. 0112 P a.s, r espectively. The ne t flow r ate i s f ixed a t 8. 9 L /h. The c orresponding os cillatory 
Reynolds numbers are 1890, 980, 410 and 200 and the corresponding net Reynolds numbers are 211, 
110, 46 a nd 22. Secondly, the effect o f t he oscillatory amplitude is studied at constant viscosity 
(0.0112 Pa.s). The oscillatory amplitude is set from 5 mm to 25 mm and the frequency is fixed at 1 Hz, 
which corresponds to oscillatory Reynolds numbers ranging from 49 to 244.  The Nitech® glass tube 
is immersed in a rectangular tank made of  Plexiglas and two 70 cm long quartz windows. Fig. 3-1 
shows the PIV-experimental setup and the simplified process flow diagram is represented in Fig. 3-2. 
The pump i s f ed by  a  s tirred tank c ontaining t he f luid m ixed w ith 20 -50 µm  r hodamine-doped 
melamine seed ing p articles t hat i s p umped in the N itech® t ube. The o scillations a re superimposed 
onto the net flow. The PIV measurements were taken using a double pulsed Litron Lasers Nano S PIV 
Nd:YAG l aser (continuum) a t a  f requency of  14 H z a nd a  wavelength of  532 m m ( green). A  hi gh 
resolution ( 1600x1200 pixels) c amera (Imager P ro X 2M  LaVision) w as used t o record the 
consecutive images of the flow on a vertical plane along the tube.  
The laser sheet is projected onto a mirror positioned at 45% under the tube in order to create a 
vertical measurement plane, as shown in Fig. 3-2(a). The illuminated area covers 61 mm x 16.5 mm, 
which corresponds to three cells of the Nitech® tube. A flowmeter, a pressure transducer and a PT100 
are co nnected t o t he l ine t o collect mass f low rate, p ressure and temperature w ith t he commercial 
software DasyLab9. The image pairs are acquired at 14 Hz, with an time delay between image pairs of 
2656, 1328, 885, 664, 531 µs for amplitudes of 5, 10, 15, 20 and 25 mm, respectively. These images 
are p rocessed u sing a co mmercial so ftware D aVis® v .8.1. T he i nstantaneous v elocity f ields ar e 
calculated using a cr oss-correlation b etween image f rames i n a m ultipass m ode w ith de creasing 
window size from 64x64 px² to 32x32 px² (1.55 mm²), both windows sizes having 50% overlap. 
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Fig. 3-1. The experimental setup used to perform Particle Image Velocimetry (PIV) measurements. 
 (a)
(b) 
Fig. 3-2. Schematic diagram of the experimental setup containing The Nitech® tube R-01. Cross-sectional view (a). Front view (b). ST-01 is 
the stirred tank, V1 and V2 are valves, P-01 and P-02 are gear pumps, CV1 is a check valve. PI is the pressure transducer, TI is the PT100 
and FI is the mass flow rate. 
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3.2.1. Velocity fields 
The velocity f ields as a function of time are represented in Fig. 3-3. At t/T = 0 the positive 
velocity is at its maximum value; the velocity fields at other selected times are represented in Fig. 3-3 
(k). No eddies are formed during the deceleration of the flow between t/T = 0.14 and t/T = 0.29 (Fig. 
3-3 (b) an d ( c)) i n the d irect f low ( velocity >  0 ).The ed dies, i n t he reverse f low ( velocity <  0 ) ar e 
generated at t/T = 0.36 (Fig. 3-3 (d)), and propagate in the cell (i.e. the distance between two baffles) 
(Fig. 3-3 (e) and ( f)) until the f low velocity has reached i ts maximum value. No eddies a re formed 
when the flow decelerates between t /T = 0.64 and t/T = 0.71 ( Fig. 3-3 (g) and (h)). New eddies are 
formed at the other side of the baffle when the flow changes direction (velocity > 0) at t/T = 0.86 (Fig. 
3-3 (i)), a nd these pr opagate i n the cell be tween t/T = 0.93 a nd t/T =  0 (Fig. 3-3 (j) and (a )). The 
instantaneous flow patterns in the different cells of each image are quasi-identical.  
 
 (a)  
 (b)  
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 (d)  
 (e)  
 (f)  
 (g)  
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 (i)  
 (j)  
 
 (k) 
Fig. 3-3. Velocity fields obtained by PIV measurement at t/T = 0 (a), 0.14 (b), 0.29 (c), 0.36 (d), 0.43 (e), 0.5 (f), 0.64 (g), 0.71 (h), 0.86 (i), 
0.93 (j) at Reo = 200 (µ = 0.0112 Pa.s, A = 20 mm, f = 1 Hz). The different t/T are represented by blue squares on  (k) which represents the 
normalized velocity as a function of the time normalized by the period. The green squares shows the time where eddies are formed and 
propagates. 
 
Fig. 3-4 represents the velocity fields obtained by PIV measurements for different oscillatory 
Reynolds numbers (1890, 980, 410, 200) obtained with an increase in the viscosity and with frequency 
conditions A = 20 mm and f = 1 Hz. The time frame is t/T = 0.86, which corresponds to the formation 
of eddies in the positive f low. The f low patterns are similar for the four Reo, with the formation of 
eddies in a similar position. However, it can be seen that the lengths of the velocity vectors in eddies 
formed at Reo = 200 (Fig. 3-4 (d)) are smaller than those obtained for higher Reo. The repeatability of 
flow patterns is acceptable for Reo in the range of 200-980 but is imperfect for Reo,= 1890. Moreover, 
in this case, the flow patterns are not axisymmetrical. 
Formation and 





Part III, Chapter 2: Characterization of oscillatory baffled reactors 
 
 
 (a)  
 (b)  
 (c)  
 (d)  
 
Fig. 3-4. Velocity field obtained by PIV measurement at t/T = 0.86 at Reo = 1890 (a), 980 (b), 410 (c) and 200 (d) (A = 20 mm, f = 1 Hz).  
 
Fig. 3-5 represents the phase-averaged normalized axial velocities at t/T = 0.86 and X = -23 
mm f or di fferent os cillatory R eynolds num bers (1890, 980, 410 and 200) induced by  di fferent 
viscosities. The difference between the profiles obtained at different Reo are in the range of the root–
mean-square v elocity w hich i s around 50 % be tween Y /D =  0.8 a nd Y /D =  1. N evertheless, t he 
absolute value of the negative axial velocities increases with an increase of the oscillatory Reynolds 











Fig. 3-5. Profile of the phase-averaged axial velocity at X = -23 mm obtained by PIV measurement at t/T = 0.86 and at different Reo. 
Fig. 3-6 shows the influence of the oscillatory amplitude on t he velocity profiles at X = -23 
mm. The negative normalized axial velocities, representative of the velocities of eddies are between -
0.25 and -0.15 at these amplitudes.  The standard deviations of the phase-averaged calculation are in 
the same r ange o f t he values o f t he negative ax ial velocities, so  there ar e no noticeable d ifferences 
with an increase of the amplitude. The axial velocity p rofiles are superimposed i n the center of t he 
tube since the increase of the amplitude is directly proportional to the increase of the velocity and the 
flow is laminar. 
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3.2.2. Eddy formation 
The Fig. 3-7 represents the axial velocity field for A = 20 mm at different t/T (0.86, 0.93 and 
1). The n egative ax ial v elocities a re represented in b lue a nd c orrespond to t he pr esence of a  
recirculation eddy. The length of eddies increases as the velocity approaches its maximum value (Fig. 
3-7 (d)). They are formed near baffles, at the beginning of a cell (space between two baffles), and then 
propagates to the end of the cell up to the next baffle. Fig. 3-8 represents the axial velocity fields for 
amplitudes of  5, 10, 15, 20 and 25 m m a t t/T = 0.86 and for µ =  0.00112 Pa.s. The negative axial 
velocities show the presence of only the half of eddies, as the velocities in eddies have also a positive 
part, but presence of flow fields can help to see the rest of the eddy.  
These observations are confirmed by the vorticities. Fig. 3-9 represents the vorticity and the 
velocity fields for t/T = 0.86, 0.93 and 1 for µ = 0.00112 Pa.s and for different amplitudes at t/T = 0.86 
and for µ = 0.00112 Pa.s in Fig. 3-10. Vorticity is calculated by the following equation: 
−𝑅𝑅𝑅𝑅𝜔𝜔 (𝑧𝑧) = 𝐸𝐸𝑚𝑚𝑥𝑥 − 𝐸𝐸𝑥𝑥𝑚𝑚 = �𝜕𝜕𝜌𝜌𝑎𝑎𝜕𝜕𝑥𝑥 − 𝜕𝜕𝜌𝜌𝑦𝑦𝜕𝜕𝑚𝑚 �      Eq. 3.2.2-1   
Where vx is the axial component of the velocity and vy is the radial component of the velocity. 
It is visible in Fig. 3-9 that eddies grow at t/T = 0.86 and propagate at t/T = 0.93 and t/T = 1. 
From Fig. 3-10, it can be seen that the width of these eddies is imposed by the width of  the baffle, 










Fig. 3-7. Axial velocity field for t/T = 0.86 (a), 0.93 (b) and 1 (c) at A = 20 mm and f = 1 Hz obtained by PIV measurements. Blue zones 
























































Fig. 3-8.  Axial velocity field for A = 5 (a), 10 (b), 15 (c), 20 (d), 25 (e) mm at t/T = 1 and f = 1 Hz obtained by PIV measurements. Blue 
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3.2.3. Strain rate 
Fig. 3-11 represents the axial strain rate εxx calculated and displayed with the Davis software 
(Eq. 3.2.3-1). The maximum shear strain rate is obtained in the orifice of the baffles. Maximum values 
are 106, 203, 341, 405 and 587 s-1 for A = 5, 10, 15, 20 and 25 mm.  












Fig. 3-11. Axial strain rate at A = = 5 (a), 10 (b), 15 (c), 20 (d), 25 (e) mm at t/T = 1 and f = 1 Hz obtained by PIV measurements. Maximum 
values of the axial strain rates are 106, 341, 405 and 587 s-1. 
 
3.3. Conclusion 
The P IV m easurements a llow t he v isualization of the v elocity f lows i n t he Nitech® g lass 
reactor. Although the flow patterns in oscillatory flow reactors have been mainly described in 
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literature, they h ave b een described i n t his p aragraph w ith additional i nformation, i ncluding axial 
velocities, v orticities and shear s train rates. The an alysis h as f ocused o n the g eneration o f ed dies, 
which a re responsible of  the r adial m ixing i n the reactor t hat is k nown t o e nhance the plug-flow 
behavior of the reactor. The size of eddies is time-dependent as they are formed during the increase of 
velocity (near its maximum value) in the forward semi-cycle, or during the decrease of velocity (near 
its minimum value) in the backward semi-cycle and they propagate in the whole cell, from one baffle 
to a nother. T he s imilarity of  nor malized pr ofiles of  axial v elocities a s a  f unction of  Y  a t di fferent 
viscosities and at different oscillatory amplitudes shows the existence of a laminar flow. Moreover, it 
has been observed through the calculation of axial velocities and the vorticities that the size and shape 
of the eddies are independent of the amplitude for the range of Reo of 50-250. The width of eddies 
corresponds t o t he di stance D-D0 in this range of R eo. The strain rates have been calculated and 
increase linearly with the amplitude. 
Further improvements c ould be  ob tained for t his s etup by  s ynchronizing i mage a cquisition 
with oscillation frequency to be perfectly in the same phase for different acquisitions. The frequency 
controller should a lso be  r eplaced by  a  d igital frequency c ontroller, w hich is much more s ensitive. 
This experimental setup has the advantage of being highly flexible, as it is possible to adapt it to other 
reactor designs with different baffle geometries. 
In addition to t his short experimental s tudy, numerical simulations have been carried out to 
compare different baffle designs, and study the influence of the oscillatory conditions and net flow rate 
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4. Numerical simulations using Computational Fluid Dynamics (CFD) 
The objective of the work described in this section is to use Computational Fluid Dynamics 
(CFD) s imulations t o e valuate m ixing qua lity a nd l iquid-liquid d ispersion ge neration c apacity of  a 
given reactor geometry. To do this residence time distributions, position of initially adjacent particles 
and s train rates are calculated. The performance of different baffle designs and operating conditions 
are co mpared an d the d esign(s) t hat ar e b est ad apted f or the r eactions o f transformation o f w aste 
cooking oil are then identified. The PIV data of Section 3 have been used to validate the results of the 
numerical simulations presented in this section. 
4.1. Material and methods 
This s ection d etails t he de finition o f t he g eometry, t he m esh a nd t he m ethods us ed i n t he 
general purpose CFD software, ANSYS CFX v.14.5.7, as w ell as t he data processing carried out with 
Matlab.  
4.1.1. Geometry and Mesh 
Five OBR geometries with different baffle designs were generated with Design Modeler. The 
different baffle designs studied are shown in Fig. 4-1 and the geometrical characteristics are given in 
Table 4-1. All the geometries correspond to a tube diameter of 15 mm. The single orifice baffles (B) 
are similar to  the Nitech® reactor design previously used i n the Part I I; t he discs and baffles (DB) 
consist of alternating discs and single orifice baffles (also called disc and doughnuts); spring 1 (S1) is 
a single helix ribbon; spring 2 (S2) is a single helix ribbon that changes turning direction every period; 
the double spring (DS) consists of two helix ribbons (like a strand of DNA). 
Table 4-1. Characteristics of the different baffle designs. 
Baffle design B DB S1 S2 DS 
Distance between 2 baffles 
or pitch of spring (mm) 
26 26 26 26 26 
Change of spring turning direction 
(mm) 
- - No change 
Every 52 mm 
 (2 cells) 
No change 
Distance between baffle and disc 
or distance between two springs 
(mm) 
- 13 - - 13 
Tube diameter (mm) 15 15 15 15 15 
Orifice or opening diameter (mm) 8 8 7.5 7.5 7.5 
Length of first and last cell (mm) 25 25 25 25 25 





Part III, Chapter 2: Characterization of oscillatory baffled reactors 
 
 
 (B)  
 
(DB) 
 (S1)  (S2) 
                   (DS) 
 
 
Fig. 4-1. Different baffle geometries used in the 15 mm diameter tube (a): single orifice baffles (B), discs and baffles (DB), spring baffle 
(S1), spring baffle with two senses (S2) and double spring (DS). 
The mesh for geometries B and DB contain approximately 20 000 elements (40 000 nodes). 
The mesh for geometries S1, S2 and DS contain 900 000 elements (290 000 nodes). The meshes are 
shown in Fig 4-2. 
 (B) 
 (S1) 
Fig. 4-2. The mesh used for geometries B (similar to the mesh of DB) and S1 (similar to the mesh of S2 and DS). 
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4.1.2. Numerical methods 
The numerical simulations of the flow in the OBR geometries was performed us ing ANSYS 
CFX v.14.5.7. This is a co mmercial CFD package which solves the Navier-Stokes equations using a 
finite volume method via a coupled solver. These equations are the continuity equation (Eq. 4.1.2-1) 
and momentum equation (Eq. 4.1.2-2): 
𝜕𝜕
𝜕𝜕𝑚𝑚𝑗𝑗
�𝜌𝜌𝑢𝑢𝑗𝑗� = 0       Eq. 4.1.2-1 
𝜕𝜕
𝜕𝜕𝑛𝑛
(𝜌𝜌𝑢𝑢𝑖𝑖) + 𝜕𝜕𝜕𝜕𝑚𝑚𝑗𝑗 �𝜌𝜌𝑢𝑢𝑖𝑖𝑢𝑢𝑗𝑗 + 𝑃𝑃𝛿𝛿𝑖𝑖𝑗𝑗 − 𝜏𝜏𝑖𝑖𝑗𝑗� = 0   Eq. 4.1.2-2 
where ui is the velocity component (m/s), 𝜌𝜌 is the density (kg/m
3), P is the pressure (Pa), the viscous 
stress 𝜏𝜏𝑖𝑖𝑗𝑗 equals to: 
𝜏𝜏𝑖𝑖𝑗𝑗 = 2𝜇𝜇𝑆𝑆𝑖𝑖𝑗𝑗       Eq. 4.1.2-3 
where the viscous strain rate is defined by: 
𝑆𝑆𝑖𝑖𝑗𝑗 = 12 �𝜕𝜕𝑢𝑢𝑝𝑝𝜕𝜕𝑚𝑚𝑗𝑗 + 𝜕𝜕𝑢𝑢𝑗𝑗𝜕𝜕𝑚𝑚𝑝𝑝�      Eq. 4.1.2-4 
The s olver us es a  s econd order upw ind b iased di scretization. S imulations w ere c onsidered 
converged w hen t he n ormalized r esiduals for t he velocities and pressure ar e b elow 1×10-4. T he 
velocity fields in the OBR are first solved to provide an initial condition. These calculations were then 
restarted in transient mode to calculate the particle trajectories within the flow field, which are used to 
characterize the axial dispersion, t he strain r ate an d t he ax ial and d ifference of pos ition o f initially 
adjacent particles. 
4.1.2.1. Flow computation 
The fluid c onsidered in t hese s imulations is a  m odel N ewtonian f luid w ith de nsity, ρ = 
921.7 kg/m3 and dynamic viscosity, µ = 0.035 Pa.s. This corresponds to the properties of a mixture of 
oil and methanol at 25°C and a molar ratio of methanol to oil of 6. The model used to describe this 
fluid is laminar, since the low viscosity of the liquid implies low Reynolds numbers. The simulation is 
transient due to the time dependence of the oscillatory flow. The velocity in the reactor is given by the 
equation: 
𝑣𝑣 = 𝑣𝑣𝑛𝑛𝑛𝑛𝑛𝑛 + 2𝜋𝜋𝜋𝜋𝑥𝑥0cos (2𝜋𝜋𝜋𝜋𝜔𝜔)      Eq. 4.1.2.1-1 
The boundary condition at the OBR inlet is described by a laminar velocity profile at t = 0 
with the equation: 
𝑣𝑣(𝜔𝜔 = 0) = 𝑣𝑣𝑖𝑖𝑛𝑛𝑖𝑖𝑛𝑛𝑖𝑖𝑚𝑚𝑖𝑖 = 2𝑣𝑣(1 − (𝑟𝑟𝑅𝑅)²)     Eq. 4.1.2.1-2 
where r is the radial position r = (Y²+Z²)1/2 and R is the radius of the reactor (7.5 mm). 
4.1.2.2. Particle tracking 
Small particles, having the same density of the fluid, are followed using a Lagrangian particle 
tracking method. Their diameter is set at 1×10-6 m and they are initially located at the same X-position 
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(X0) along the Y-axis. The number of particles has been fixed at 2484 for 2D geometries and 4968 for 
3D geometries. With this method, there is no interaction between particles, their Stokes number si so 
small that they f ollow the flow faithfully and molecular diffusion is not taken into account. The 
movement of the particles in the flow is determined by integrating the vector equation of motion for 




= 𝐹𝐹𝜌𝜌  and  𝑑𝑑𝑚𝑚𝑑𝑑𝑛𝑛 = ?⃗?𝑣(𝑥𝑥)        Eq. 4.1.2.2-1 
where mp is the mass of the particle and FD is the drag forc , calculated using the Schiller Naumann 
drag law. This equation of motion is integrated with a fourth-order Runge-Kutta scheme with adaptive 
step size. Information available on these particles is: the position on the X, Y and Z-axis, travel time (t), 
the local fluid strain rate (FSR) and the three velocity components (v).   
The effect of the variation of the oscillatory Reynolds number has been investigated over the 
range 26 to 66, by varying the amplitude from 5 mm to 25 mm and frequency from 0.635 Hz to 1.606 
Hz, at a fixed net velocity fixed to 1.405×10-2 m/s, which corresponds to a flow rate of 8.9 L/h and a 
net Reynolds number of 6. This corresponds to the flow rate obtained in the Nitech® reactor in Part II, 
Chapter 2. The effect of the net Reynolds number has been also investigated over the range 3.7 to 9.3 
by varying the net velocity from 9.435 mm/s to 23.58 mm/s. The information collected for particles at 
each t ime step i s used t o d etermine quantitative i ndicators t hat characterize mixing or liquid-liquid 
dispersion.  
Distance separating initially adjacent particles 
The X- and Y-distances se parating i nitially ad jacent particles ar e f ollowed as a  f unction o f 
time. This is used to quantify mixing: f luid elements experiencing high separation in the Y-direction 
are in z ones of  g ood r adial m ixing, w hereas f luid elements w ith v ery l ittle separation experience 
poorly radial mixing. Small separation distances in the X-direction highlight near plug-flow behavior, 
whereas large separation distances suggest a wide residence time distribution.  
Calculations are performed for pairs of adjacent particles. The time evolution of the distance 
separating t he pa ir of  particles i s de termined a t e very t ime s tep for 50 s . The pr inciple o f the 
calculations is given for one pair of particles in Fig. 4-3.  
At time t, ∆X = X(particle A) – X(particle B) 
∆X(t) is integrated for each pair of particle c (Ic):   
 𝐼𝐼𝑐𝑐 = 1𝑛𝑛𝑝𝑝 ∑ ∆𝑋𝑋𝑝𝑝+1+∆𝑋𝑋𝑝𝑝2 (𝜔𝜔𝑖𝑖+1 − 𝜔𝜔𝑖𝑖)𝑛𝑛𝑝𝑝𝑖𝑖=0      Eq. 4.1.2.2-2 
The average value of Ic is calculated (Im): 
 𝐼𝐼𝑚𝑚 =  1𝑛𝑛𝑝𝑝𝑎𝑎𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 ∑ 𝐼𝐼𝑐𝑐(𝑖𝑖)𝑛𝑛𝑖𝑖=0        Eq. 4.1.2.2-3 
and the standard deviation σ : 
𝜎𝜎(𝐼𝐼) = � 1𝑛𝑛𝑝𝑝𝑎𝑎𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 ∑ 𝐼𝐼𝑐𝑐(𝑖𝑖)2 −𝑛𝑛𝑖𝑖=0 𝐼𝐼𝑚𝑚²     Eq. 4.1.2.2-4 
An analogous calculation is made for the radial separation (with R = (Y²+Z²)1/2).  
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Fig. 4-3. Principle of the calculations on the time evolution of the distance separating initially adjacent particles. After a given time, the  axial 
distance ∆X, and the radial distance ∆R separating each pair of particles are calculated. 
Residence time distribution 
The R TD f or the f luid flowing t hrough t he v arious OBR geometries w as c alculated b y 
determining the particle trajectories and by recording the particle residence times from 248 mm after 
the inlet to 166 mm before the outlet of the OBR geometry. The residence time distribution can then 





        Eq. 4.1.2.2-5 
where ∆Nw is the number of particles that have a residence time in the reactor between time t and t+∆t 
each weighted by their initial velocity normalized by the maximum velocity in the tube, and Nw is the 
total number of particles released in the reactor. From E(t), the first and second moments are the mean 
residence t ime t m and t he v ariance σ². T he r eactor P éclet num ber P e i s g iven by  t he f ollowing 
equation, valid for open-open vessel: 
𝜎𝜎2
𝑛𝑛𝑚𝑚
2 = 2𝑃𝑃𝑛𝑛 + 8𝑃𝑃𝑛𝑛2        Eq. 4.1.2.2-6 
The Péclet number is defined as: 
𝑃𝑃𝑅𝑅 =  𝑢𝑢𝐿𝐿
𝜌𝜌𝑎𝑎𝑎𝑎
        Eq. 4.1.2.2-7 
where L is t he l ength of  t he t ube a nd Dax is the a xial dispersion coefficient. T he pr inciple of t he 
determination o f P éclet number a nd a xial d ispersion c oefficient is illustrated in  Fig. 4-4. T he 
characteristic length L corresponds to the distance between the plane where the particles are released 
(at X = X0) and the plane where the residence times of particles are recorded (at X=Xdetection). 
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Fig. 4-4. Particles, distributed on the Y-axis, are released at the position X0. The number of particles passing the Xdetection between a time t and 
t + dt are counted. This leads to the residence time distribution function E(t), from which the axial dispersion coefficient D is determined. 
Shear strain rate history 
The shear strain rate tensor is given by 
𝑆𝑆𝑖𝑖𝑗𝑗 = 12 �𝜕𝜕𝑢𝑢𝑝𝑝𝜕𝜕𝑚𝑚𝑗𝑗 + 𝜕𝜕𝑢𝑢𝑗𝑗𝜕𝜕𝑚𝑚𝑝𝑝�      Eq. 4.1.2.2-8 
which gives the following equation, for an incompressible fluid, for the magnitude of the strain rate 




















This provides an indication of the capacity of the flow in each geometry to provide sufficient 
shear rates for drop breakup, which is important for liquid-liquid dispersion and emulsion applications. 
At every t ime step, the strain rate magnitude is recorded for each particle. The maximum strain rate 
and the mean strain rate for each particle over time are then calculated. Finally, the average strain rate 
experienced by the ensemble of particles is determined.  
4.2. Validation of the method 
The parameters fixed for the mesh, the particle tracking and the geometry are justified in this 
paragraph to show they do not  impact the results obtained by the numerical methods. Secondly, the 
velocity fields obtained by PIV measurements have been compared with the velocity fields obtained 
by CFD. 
4.2.1. Influence of the size of the mesh 
Due to the geometrical symmetry, the B and DB geometries have been simulated in 2D using a 
thin w edge w ith s ymmetry bounda ry c onditions on  t he f ront a nd ba ck f aces. T his hy pothesis i s 
justified since a symmetrical flow pattern has been verified for oscillatory Reynolds numbers less than 
255 [32], which is the case in our simulations (Reo < 66).  
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The mesh has to be sufficiently fine for the results to be independent of the size of the mesh. 
Three mesh s izes have been tested (see Table 4-2 and Fig. 4-5) for the two-dimensional geometry, 
which concerns tubes with single orifice baffles or with disc and baffles. The oscillatory conditions are 
fixed at A = 16.5 mm and f = 1.05 Hz. 
The axial and radial velocity profiles Vx and Vy at X = 58 mm in geometries B and S1 are given 
in Fig. 4-5. The relative difference is 2.0 % between the maximum axial velocities and 2.6% between 
the maximum radial velocities in B and the relative difference is 0.9% between the maximum axial 
velocities and is 0% between the maximum radial velocities. The CFD solution is independent of mesh 
for the two-dimensional and to the three-dimensional geometries. 
Table 4-2. Characteristics of the different tested meshes The different meshes used for the two-dimensional geometries are named 2D. Two 






Mesh Nodes Elements nbaffles 
1-2D-1L 39919 19440 10 
2-2D-1L 70505 34560 10 
3-2D-1L 109731 54000 10 
1-2D-2L 73159 35640 20 





Mesh    
1-3D 289502 902049 20 












































Fig. 4-5. Axial and radial velocity profiles as a function of Y at X = 58 mm for A = 16.5 mm and f = 1 Hz in (B) and (S1) obtained with 
mesh 1 and mesh 2. 
Table 4-3 shows the influence of the size of the mesh on the axial dispersion coefficient, the 
mean residence time and the fraction of particles reaching Xdetection. The calculation of axial dispersion 
coefficient shows good reproducibility and the independence of the size of the mesh on the results. For 
A=16.5 mm, f = 1.05 Hz, two meshes for the reactor with single orifice baffles with 20 cells have been 
tested and the relative difference between mesh 1 and mesh 2 of the axial dispersion coefficient, the 
mean r esidence time an d t he f raction o f particles r eaching Xdetection is less t han 6 %. F or three-
dimensional meshes, the d ifference the two mesh si zes t ested i s low, with a r elative d ifference less 
than 1.1%.  
Table 4-3. Influence of the size of the mesh on axial dispersion coefficient Dax, mean residence time (tm) and fraction of particles that have 
passed “Xdetection”. 
Baffle design n baffles Xdetection X0 
Dax 
(m²/s) 
tm (s) Fraction mesh 
B 
20 
404 248 2.05E-03 5.8 98.40% 1-2D-2L 
404 248 2.17E-03 5.4 98.80% 2-2D-2L 
Relative difference (%) 5.9 6.0 0.4  
S1 
20 
404 248 1.29E-03 6.1 98.2 1-3D 
404 248 1.28E-03 6.2 98.3 2-3D 
Relative difference (%) 0.8 1.1 0.1  
 
The ca lculation o f d ifference o f the distance separating i nitially ad jacent p articles is n ot 
affected by a decrease of the refinement of the mesh. Results of the influence of the size of the mesh 
are given in Table 4-4. Different meshes have been tested, leading to relative differences less t han 
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Table 4-4. Influence of the size of the mesh for calculations of difference of position of initially adjacent particles. ∆X and ∆R are the mean 
difference of particle position on the X-axis and on the YZ plan. Std is the associated standard deviation representing the distribution of this 
difference over particles. Oscillatory conditions are fixed at A = 16.5 mm and f = 1 Hz. 
Baffle design nbaffles ∆X (mm) 
Std ∆X 
(mm) 
∆R (mm) Std ∆R (mm) mesh 
B 
10 43.3 27.4 1.6 0.62 1-2D-1L 
10 42.7 26 1.62 0.64 2-2D-1L 
10 42.7 26.8 1.6 0.64 3-2D-1L 
Relative difference 
mesh 1-mesh 2 (%) 
1.4% 5.1% 1.3% 3.2%  
Relative difference 
mesh 2 - mesh 3(%) 
0.0% 3.1% 1.2% 0.0%  
B 
20 67.6 36.5 1.87 0.55 1-2D-2L 
20 65.3 37.7 1.8 0.55 2-2D-2L 
Relative difference (%) 3.4% 3.3% 3.7% 0.0%  
S1 
20 49.2 26.3 1.92 0.41 1-3D 
20 49.5 26.4 1.93 0.43 2-3D 
Relative difference (%) 0.6% 0.4% 0.5% 2.4%  
 
The influence of the size of the mesh for the calculation of the particle strain rate is presented 
in Table 4-5. The results are the same for the three tested meshes, with a maximum relative difference 
below 0.4%. 
Table 4-5.  Influence of the size of the mesh for calculations of average and maximum fluid strain rates (FSR) with their corresponding 
standard deviations. Oscillatory conditions are fixed at A = 16.5 mm and f = 1 Hz. 
Baffle design B S1 
nbaffles 10 10 10 20 20 
mesh 1-2D-1L 2-2D-1L 3-2D-1L 1-3D 2-3D 
Ave. FSR (s-1) 44.5 44.4 44.5 43.2 43.2 
Rel. diff. to mesh n-1 (%) - 0.3 0.2 - 0.1 
std FSR (s-1) 6.5 6.7 6.5 2.4 2.4 
Rel. diff. to mesh n-1 (%) - 2.6 0.1 2.4 1.2 
ave max FSR (s-1) 286.5 286.2 286.3 243.1 242.2 
Rel. diff. to mesh n-1 (%) - 0.1 0.0 - 0.4 
std max FSR (s-1) 48.9 49.8 49.5 41.2 41.3 
Rel. diff. to mesh n-1 (%) - 1.8 0.7 - 0.2 
 
The presented results are independent of the mesh size. The mesh 1-2D for geometries B and 
S1 has been used for the rest of the study. The mesh 1-2D used for geometry B has also been used for 
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4.2.2. Influence of number of particles 
Table 4-6 shows t he influence o f t he number of particles r eleased at  X0 on t he statistics 
concerning t he a xial di spersion coefficient, di fference of  pos ition of  i nitially adjacent pa rticles, a nd 
strain rate h istory in  the single o rifice baffle ( B) geometry with A = 16.5 m m, f = 1.05 H z, X0 = 
0.248 mm a nd Xdetection = 404 m m. It can  b e se en f rom Table 4-6 that t he r esults ob tained on  t he 
distance separating initially adjacent particles, the residence time distribution and the fluid shear strain 
rates co nverge f or a t otal o f 2 484 p articles. A s a r esult, 2 484 p articles w ere u sed f or al l o ther 
simulations. 
Table 4-6. Influence of the number of particles on the difference of position of initially adjacent particles on X (∆X) and R (∆R), the axial 
dispersion coefficient Dax, the mean residence time tm, the fraction of particles which has reached Xdetection and  the time-averaged and 
maximum fluid strain rate with their associated standard values. 
No. particles 150 2484 4968 






∆X (mm) 75.1 67.6 66.3 10.0 1.9 
std ∆X (mm) 33.0 36.5 37.0 10.6 1.4 
∆R (mm) 2.1 1.9 1.9 9.5 0.0 
std ∆R (mm) 0.64 0.55 0.54 14.1 1.8 
Dax (m²/s) 2.03E-3 2.05E-3 2.11E-3 1.0 2.9 
tm (s) 6.2 5.8 5.7 7.3 0.9 
Frac (%) 98.7 98.4 98.2 0.3 0.2 
ave FSR  (s-1) 44.2 44.2 43.4 0.0 1.8 
std FSR (s-1) 5.4 6.3 6.1 16.7 3.2 
ave max FSR (s-1) 299.3 296.2 296.2 1.0 0.0 
std max FSR (s-1) 39.6 42.7 44.7 7.8 4.7 
 
4.2.3. Length of the tube and parameters for particle injection 
The oscillatory motion o f the flow in t he r eactor implies that the axial positions, where the 
particles are released (X0) and where residence time is measured (Xdetection), have to be carefully chosen. 
Indeed i f the X0 and Xdetection are too close to the tube inlet and outlet, respectively, the particles can 
leave the computational domain due to the oscillating flow, but cannot re-enter. To avoid this, the tube 
has to be sufficiently long and X0 and Xdetection must be at a sufficient distance from the inlet and outlet, 
respectively. Furthermore, the simulation time must to be long enough to allow a maximum number of 
particles to f low f rom X0 to Xdetection. It w as f ound t hat 9 8% o f the p articles r eleased at X0 reached 
Xdetection within 50 s so the simulation time was set to 50 s. 
To d etermine t he necessary reactor l ength an d t he positions of X0 and Xdetection, cal culations 
have been carried out for the single orifice baffle geometry with an amplitude of 16.5 mm, a frequency 
of 1.05 Hz and a net velocity of 1.405×10-2 m/s. Fig. 4-6 and Table 4-7 show the fraction of particles 
measured at  Xdetection and t he a xial di spersion c oefficient f or d ifferent r eactor lengths a nd di fferent 
positions of X0 and Xdetection. The first reactor length is 310 mm, corresponding to 10 baffles. It can be 
seen that fraction of particles measured at Xdetection is not greater than 95%. Indeed, it was observed that 
some particles leave the computational domain via the inlet and outlet, but do not re-enter the domain, 
which is physically incorrect. When the reactor length is increased to 570 mm, which corresponds to 
20 baffles, the fraction of particles detected at Xdetection is greater than 98% for five of the seven cases 
tested, as it can be seen in Fig. 4-6.  The criterion for the choice of the length is a fraction of particles 
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greater t han 9 8% an d a m aximum d istance b etween X0 and Xdetection (minimize X0 and m aximize 
Xdetection). Based on this criteria, the reactor length was set to 570 mm and the positions X0 = 248 mm 
and Xdetection = 404 mm for all of the following simulations. The fraction of particles also has a major 
role in the accuracy of the calculated axial dispersion coefficient as it can be seen in Fig. 4-7, indeed 
the value o f the axial d ispersion coefficient i ncreases b y a f actor o f t wo i f t he f raction o f particles 
increases from 92-95% to 98%. The uncertainty of the axial dispersion coefficient has been estimated 
at 8%.  
Table 4-7. Influence of X0, Xdetection and L on the fraction of particles that have passed the Xdetection position.   
10 baffles: L = 310 mm: 
X0 (mm) Xdetection (mm) Xdetection/L (-) Fraction (-) Dax (m/s) 
64 125 0.40 94.5% 8.5E-04 
64 175 0.56 93.2% 9.6E-04 
64 225 0.73 92.5% 1.0E-03 
 
20 baffles: L = 570 mm: 
X0 (mm) Xdetection (mm) Xdetection/L (-) Fraction (-) Dax (m/s) 
169 322 0.56 98.1% 2.0E-03 
169 375 0.66 97.62% 1.9E-03 
248 352 0.62 98.9% 2.1E-03 
248 404 0.71 98.4% 2.0E-03 
272 375 0.66 98.9% 2.4E-03 
272 425 0.75 98.4% 2.2E-03 
272 475 0.83 97.8% 2.2E-03 
  Average 2.11E-03 
  Standard deviation (%) 8% 
 
 





























Fig. 4-7. Influence of the fraction of particles on the axial dispersion coefficient. 
4.2.4. Comparison of the velocity fields obtained by CFD and by PIV 
Fig. 4 -8 shows the velocity f ields obtained at t/T = 0.86 by PIV (a) and by CFD (b), which 
corresponds to the apparition of the vortices near baffles for a positive displacement of the flow. The 
velocities obtained by PIV measurements are compared with those obtained in simulation for the same 
conditions. In both cases, a toroidal recirculating eddy is formed near a baffle, which is represented in 





























L = 570 mm
L = 310 mm
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Fig. 4-8. Velocity fields obtained by PIV measurements (a) and simulations (b) for A = 20 mm and f = 1 Hz at t/T = 0.86. 
The X  plane for data extraction has been fixed at 6 mm after the center of the baffle. 
In Fig. 4-9 the phase-averaged axial velocities at X = −23mm (i.e. 6 mm after the baffle) and 
X = -20 mm (i.e. 3 mm after the baffle) measured with PIV at Reo = 200 are compared with the axial 
velocities obtained in CFD (Reo = 200) at an X position 6 m m after the baffle. The obtained profiles 
are no t pe rfectly c onfounded t o t he pr ofile ob tained by  P FD. T his c an be  e xplained by  t he 
experimental error of the velocity measurement near walls (for Y/D between 0.8 and 1) due to optical 
distortions. Secondly, the shape and size of the eddies are slightly different as the geometries of the 
Nitech® tube and the simulated geometry B are not perfectly identical, therefore it implies the size and 
force of recirculation eddies are not strictly identical.   
Consequently, d espite t hese sl ight d iscrepancies, the est imation o f t he v elocity f ields an d 
associated q uantities u sing a l aminar f low si mulation i s ad equate f or t he p urpose o f r eactor d esign 
considered here.   
164 
 




Fig. 4-9. Velocity profile at X = ‒23 mm for A = 20 mm and f = 1 Hz at different oscillatory Reynolds numbers. The CFD velocity profile at 
Reo = 200 is compared with those obtained in PIV at Reo = 200. The error bars represents the phase-averaged fluctuations. 
4.3. Results 
4.3.1. Velocity fields 
Fig. 4-10 shows t he time-dependence of t he velocity f ields. The f irst obs ervations of  f low 
patterns show a potential high axial dispersion with acceleration of fluid near baffles and a r elatively 
slow recirculation near baffles. 
The Fig. 4-11 shows t he f low patterns at t/τ=1.01 o btained in the d ifferent g eometries. I n 
geometry B  ( Fig. 4-11 (a)), t he f low pa tterns show an a cceleration of  fluid near t he b affles and a  
relatively slow recirculation near baffles resulting i n high velocities a long the axis of t he tube. The 
acceleration o f f luid at the cen tre o f the tube is limited i n geometry DB ( Fig. 4-11 (b)) due t o the 
presence of discs. In comparison with geometry B, an additional recirculation eddy exists in geometry 
DB near the disc.  For geometry S1 (Fig. 4-11 (c)), the gradient of velocities is smaller as the velocity 
at the c enter o f the tube (0.4 m/s) compared with the velocity a t the c enter of  the tube o btained i n 
geometry B (0.6 m/s). Recirculation areas are not present near baffles and dead zones are visible near 
walls. The double spring geometry DS (Fig. 4-11 (e)) increases the presence of dead zones and the 



















v x / v x,max (-) 
CFD Re o = 200
PIV Re o = 200 X = -23 mm
PIV Re o = 200  X = -20 mm
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t/τ = 0.80 
 
t/τ = 0.88 
 
t/τ = 1.01 
 
t/τ = 1.13 
Fig. 4-10. Velocity vectors obtained with baffles with single orifice (B) for different times for Reo = 43 (A = 16.5 mm and f = 1.05 Hz) and 













Fig. 4-11. Velocity vectors obtained in the different baffle geometries: (B), (DB), (S1), (S2) and (DS) geometries at t/τ = 1.01 for Reo = 43 (A 
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4.3.2. Axial dispersion coefficient 
The residence time distribution for different oscillatory amplitudes and frequencies obtained in 
geometry B are given in Fig. 4-12. The residence time distribution E(t) of an ideal plug-flow reactor is 
an infinitely hi gh pe ak w ith z ero w idth. T he di spersion m odel r epresents t he non -ideality o f th e 
reactor. I t i nvolves an axial d ispersion co efficient Dax which i s c alculated from t he r esidence t ime 
distribution, which has a width and a finite height, as represented in Fig. 4-12. It can be seen that the 
maximum value of the residence time distribution E(t) decrease with an increase of the amplitude and 
of the frequency. The highest peak is obtained for A = 16.5 mm and f = 0.635 Hz (Fig. 4-12 (f)). The 
residence time distribution obtained for A = 20 mm and A = 25 mm (f = 1 Hz) (Fig. 4-12 (d) (e)) and 
obtained f or f = 1.273 H z a nd f = 1.606 H z ( A = 16.5 m m) ( Fig. 4-12 (g) (h )) h ave a  v ery l ow 
maximum. 
 
(a) A = 5 mm, f = 1.05 Hz 
 
(b) A = 10 mm, f = 1.05 Hz 
 
(c) A = 16.5 mm, f = 1.05 Hz 
 







































































(e) A = 25 mm, f = 1.05 Hz 
 
(f) A = 16.5 mm, f = 0.635 Hz 
 
(g) A = 16.5 mm, f = 1.273 Hz 
 
(h) A = 16.5 mm, f = 1.606  Hz 
Fig. 4-12. Residence time distribution E(t) obtained for geometry B for different oscillatory amplitudes and frequencies. 
The ax ial d ispersion co efficients and the m ean r esidence times a t d ifferent o scillatory 
Reynolds num bers a re p resented i n Fig. 4-13. I t can  b e seen  t hat ax ial d ispersion co efficients ar e 
approximately constant with an increase of the oscillatory Reynolds number in the studied range. For 
higher oscillating frequencies (1.273 Hz and 1.606 Hz) in geometries B and DB, lower values of the 
axial dispersion coefficient are obtained, but the shape of the RTD curves for these frequencies (Fig. 
4-12 (g) a nd ( h)) a re v ery di fferent t o those ob tained i n pl ug-flow r eactors. The asso ciated P éclet 
numbers are also very low (between 1.1 and 2.2), being less than 10, which is the minimum value for 
the v alidity o f th e a xial dispersion m odel [36]. N evertheless, t he trends show that to  lim it axial 
dispersion the best geometry is the spring S2 (Dax = 1.21×10-3 m²/s), followed by S1 (Dax = 1.29×10-3 
m²/s), and then DB (Dax = 1.71×10-3 m²/s), DS (Dax = 1.93×10-3 m²/s) and B (Dax = 2.05×10-3 m²/s). 
Fig. 4-13(b) shows that in general the calculated mean residence times are significantly lower than the 
theoretical average residence time (or space time), which implies the presence of stagnant backwaters 
and reduced effective reactor volume [36]. The lowest residence time is obtained in the DS geometry, 
and the presence of dead zones is clearly visible in Fig. 4-11 (DS).  
Table 4-8 presents the effect of the net Reynolds number on the axial dispersion coefficient. 
For the single orifice baffle geometry, with A = 16.5 mm and f = 1.05 Hz, the Péclet number clearly 
decreases with an increase of the net Reynolds number. In addition, Fig. 4-14 (a) shows that the Péclet 
number i ncreases w ith t he l ength of  r eactor, due  t o a  c onstant axial d ispersion c oefficient, w hich 
remains constant with an  increase of the length (difference between X0 and Xdetection). The plug-flow 
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residence t ime. For example in geometry B, Pe = 30 for a  length of 5.0 m , which corresponds to a  
residence t ime of  5.9 m in with vn = 1.405 cm/s. If one supposes that the axial dispersion coefficient 
remains constant with an increase of  the length for any baffle design, then in S2, the Pe = 30 for a 
length of 2.6 m, which corresponds to a residence time of 3.5 min. A decrease of the axial dispersion 
coefficient is then directly proportional to a decrease of the necessary residence time to achieve plug-
flow behavior. Moreover, Fig. 4-12(b) shows the effect of L on the mean residence time. The increase 
of the length of the reactor decreases the difference between the mean residence time calculated from 
residence time distribution and residence time calculated from the ratio of volume and flow rate. 
Table 4-8. Effect of the net Reynolds number on the axial dispersion coefficient and the mean residence time. The geometry is the single 








6.0 0.943 3.7 1.21E-3 7.7 16.5 96.0 1.2 
8.9 1.405 5.5 2.01E-3 6.3 11.1 98.4 1.1 
12.0 1.886 7.5 3.05E-3 3.8 8.3 99.1 1.0 
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  (a) (b) 
Fig. 4-14. Effect of the length of the reactor on the Péclet number (a) and the mean residence time (tm) (b). The geometry is the single baffle 
orifice (B). The oscillatory conditions are A = 16.5 mm and f = 1.05 Hz. The residence time t is calculated with the ratio of the length L and 
the net velocity v. 
4.3.3.  Fluid strain rate 
A p article e xperiences d ifferent shear strain rates during its t ime in t he reactor. The 
calculations g ive th e t ime-averaged st rain r ate an d al so the m aximum st rain r ate, see Fig. 4-15. 
Differences e xist b etween p articles depending o n th eir in itial p osition o n the Y-axis. A n av eraged 
value is calculated and this justifies the use of standard deviations to quantify the differences of the 
particle strain rates among all the particles.  
 
Fig 4-15. S2 geometry with A = 16.5 mm and f = 1.05 Hz : (a) Maximum strain rate experienced by each particle and (b) time-averaged 
strain rate experienced by each particle as a function of the initial radial position.  
 
The Fig. 4-16 shows the influence of the oscillatory Reynolds number and the baffle design on 
the maximum and time-averaged strain rate. The error bars indicate the standard deviation of the strain 
rate experienced by the ensemble of particles at each operating condition. The geometry leading to the 
y = 5.979x + 0.1275 
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Strain rate integrated  
over time for each particle (s-1) 
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highest m aximum p article st rain rates i s D B ( FSRmax, m  = 340 s
-1). F ollowing t his is g eometry B  
(FSRmax, m = 296 s
-1), and finally DS, which is in the same range of values (FSRmax, m = 255 s
-1), S1 
(FSRmax, m  = 243 s
-1) a nd S2 ( FSRmax, m  = 231 s
-1). T he hi ghest t ime-averaged v alue o f t he p article 
strain rate is obtained in DB (FSRm = 57 s
-1), then secondly in DS (FSRm = 51 s
-1). The higher number 
of obstacles encountered by the particles in geometries DB and DS may be the cause of this h igher 
value. Finally, the shear rates experienced in geometries B (FSRm = 44 s
-1), S1 (FSRm = 43 s
-1) and S2 
(FSRm = 41 s
-1) are in the same range, but the standard deviation is lower in the spring baffle designs, 
i.e. t here a re sm aller d ifferences o f s train r ate ex perienced b y t he p articles for t he sp ring d esigns. 
Table 4-9 shows the influence of the net Reynolds number on the strain rates. The shear strain rates, 
maximum or time-averaged decrease slightly with a decrease of the net Reynolds number, which is the 
same evolution as the effect of the oscillatory Reynolds number. 
These values are in the same range of  those obtained by PIV measurements (106, 203, 341,  
405 a nd 587 s -1 for A = 5,  10, 15, 20 a nd 25 m m) i n s ection 3.2 .3. The maximum s train r ates a re 
slightly lower than the PIV measurements due to the fact that they are averaged over all the particles, 
which is not t he ca se in the P IV m easurements w hich sh ows z ones of h igh s hear st rain rates. A  
fraction only of the particles flow through these zones.  
Table 4-11. Results obtained for particle strain rates in the different reactor geometries. 
(a) (b) 
Fig. 4-16. The particle strain rates, average (a) and maximum (b), calculated in the different geometries for different amplitude-frequency 
products Af. The error bars represent the standard deviations. 
Table 4-9. Effect of the net Reynolds number on the fluid strain rate. The geometry is the single baffle orifice (B). The oscillatory conditions 
are A = 16.5 mm and f = 1.05 Hz. %err represent the ratio of Std FSR and FSR. 
Flow rate 
(L/h) 












6 0.943 3.7 43.5 6.1 13.9 291.0 39.0 13.4 
8.9 1.405 5.5 44.0 6.0 14.3 296.0 43.0 14.4 
12 1.886 7.5 43.2 7.6 17.5 299.0 54.7 18.3 
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4.3.4. Distance separating of pairs of initially adjacent particles 
Fig. 4-17 shows how pairs of initially adjacent particles separate in the flow as a function of 
their initial position. An adequate geometry ideally should promote a high separation of particle pairs 
in the radial direction (R)(R) (radial mixing), whereas particle separation should be minimized in the 
axial direction (X), such that a  plug-flow behavior is achieved. The results obtained in all the baffle 
geometries are given in the Fig. 4-18. The s tandard deviations of the ensemble of particle pairs are 
indicated by the error bars. ∆R is enhanced in DS by a factor two compared with S1, S2, B and DB. 
∆R is in the same range for B and DB, but standard deviations for DB are typically less than that for B, 
which means that the differences in flow experience among the particle pairs positioned on the Y-axis 
are less significant. Similar ∆R is achieved in S1 and S2, which is slightly higher than that produced in 
B and DB. ∆X is similar for both B and DB geometries. As for ∆R, the standard deviation is smaller 
for DB geometry. ∆X is reduced by 18% in DS and 27% in S1 and 31% in S2. This follows the same 
trend t hat ha s be en obs erved f or the axial dispersion c oefficient, w here the lowest v alues o f t he 
coefficient Dax were obtained with S2 and then S1. Table 4-10 shows the influence of the net flow rate 
on t he d istance s eparating t he i nitially ad jacent p articles. ∆X d ecreases b y a f actor o f t wo w ith a n 
increase of the net flow rate from 6 t o 15 L/h, which corresponds to an increase of the net Reynolds 
number from 3.7 to 9.3. 
  
Fig. 4-17. Axial (a) and radial (b) separation distances of particles pairs as a function of their initial position on the Y-axis, for a baffle with 
































































Fig. 4-18. (a) Radial and (b) axial separation distances of initially adjacent particles for different geometries and varying Reo. The error bars 
represent the standard deviations. 
 
Table 4-10. Effect of the net Reynolds number on the axial and radial distances separating of initially adjacent particles. The geometry is the 












 6 0.943 3.7 74.0 39.8 53.8 1.9 0.5 27.3 
8.9 1.405 5.5 67.6 36.5 54.0 1.9 0.6 29.5 
12 1.886 7.5 57.0 35.9 63.0 1.7 0.6 36.3 
15 2.358 9.3 48.0 32.2 67.1 1.5 0.6 36.8 
 
4.4. Conclusions 
In this section, CFD has been used to simulate the flow in oscillatory flow reactors equipped 
with v arious ba ffle de signs a nd ope rating unde r d ifferent flow c onditions. Different i ndicators, 
including residence t ime di stribution, f luid s train rate and difference of  position of  initially adjacent 
particles have been calculated for each geometry in order to compare its performance for mixing and 
liquid-liquid dispersion.  
It h as b een sh own that t he ax ial d ispersion c oefficient f or e ach g eometry r emains co nstant 
with a  c hange of  os cillatory R eynolds num bers f or Reo between 10 a nd 65.  H owever, t he a xial 
dispersion coefficient has to be minimized in order to obtain the highest Péclet number possible and be 
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profile c ould l ead t o unw anted secondary r eactions. T he l owest a xial d ispersion c oefficient w as 
obtained in the spring geometries, (S1) and (S2), having values equal t o 1.3×10-3 m²/s and 1.2×10-3 
m²/s, respectively. The disc and baffles (DB) gives a lower axial dispersion coefficient than the single 
orifice baffles geometry (B). The same trend is obtained for the distances separating initially adjacent 
particle p airs a fter a  c ertain f low tim e: th e lowest a xial s eparation d istance i s obt ained f or t he S 2 
geometry. However, the same results are obtained for disc and baffles (DB) and single orifice baffles 
(B) geometries. The effect of the oscillatory Reynolds number is visible in geometries DB and B and 
this effect i s l inear. T he distance separating initially adjacent particles i n t he r adial d irection, ∆R, 
shows a higher value for the double spring (DS) geometry. For the other geometries, ∆R stays in the 
same range but standard deviations are lower in the spring geometries than those obtained in disc and 
baffles g eometry ( DB), w hich is lower t han t hat o btained w ith single orifice baffles ( B). The S 2 
geometry is the design that would minimize the separating distance in the axial (X) direction, which 
implies better plug flow in the oscillatory flow reactor. 
Concerning t he c apacity t o g enerate l iquid-liquid d ispersions, the s train rates ha ve be en 
studied as an indicator on the capacity of a g iven geometry to shear the fluid. It can be seen that an 
increase of t he o scillatory R eynolds n umbers increases b oth the av erage an d maximum  st rain rate 
seen by  t he pa rticle. This t rend w as already obs erved f or l iquid-liquid d ispersions s tudied in  th e 
literature [41], [42]. This study allows us to identify the geometry that is a priori the most suitable to 
generate high shear strain rates and then be more likely to generate small size liquid-liquid dispersions. 
The disc and baffle geometry (DB) shows the highest values of particle strain rates. The double spring 
geometry ( DS) s hows a  m aximum s train r ate that i s le ss than th at o btained w ith the s ingle o rifice 
baffle (B) and the d isc an d b affle ( DB) g eometries, but the av erage st rain r ate i s b etween t he o ne 
obtained in (DB) and (B) geometries. Even though the maximum values of the strain rate in the spring 
baffle designs (S1) and (S2) are less than that obtained in (B), the average value of the strain rate is 
close to these of (B). 
The most suitable geometry, for a purely dispersive purpose would be the disc and baffle (DB) 
geometry, h owever, the esterification w ith g lycerol reactions co nsidered in t his p roject ar e 
accompanied by secondary reactions (formation of diglycerides or triglycerides), which can be limited 
by a plug-flow behavior. This suggests that the spring baffle design (S2), would be a good choice for 
this type of reaction. In this case, since the axial dispersion coefficient is the same with an increase of 
the oscillatory Reynolds number, the loss of dispersion capacity can be compensated by an increase of 
the oscillatory conditions. 
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5.   Sizing of an industrial scale OBR 
One o f t he o bjectives o f t he A GRIBTP pr oject is t o de velop an i ndustrial t ool for the 
transformation of waste cooking oil at an industrial scale. For this, a scaled-up design of the 
continuous O BR t echnology a ble i s put  forth t hat a llows a  total f low r ate ( F) of  100 k g/h a nd a  
residence t ime ( t) o f 20 min. T his r esidence t ime i s i ndeed su fficient f or t he t ransesterification, 
esterification w ith m ethanol an d es terification w ith g lycerol reactions. To r each su ch flow rates, 
geometric parameters such as diameter, baffle spacing and reactor length, as well as oscillatory and net 
Reynolds numbers, pressure drop and Peclet number estimations have been made on t he basis of the 
methodology given by Stonestreet and Harvey [13].  
The suggested reactor t echnology an d t he suggested baffle d esign i s t he s ame as t hat u sed 
experimentally in Part III, Chapter 1, which corresponds to the metallic OBR. The oscillatory 
conditions are to be kept at A = 88 m m and f = 1 H z, which corresponds to an oscillatory Reynolds 
number of 2875. The tube diameter is the key parameter. The length (L) is calculated from D, t and F: 




The baffle spacing (h) is set at 1.5D. The number of baffles depends on t his spacing (h) and 
the reactor length (L). The opening of the baffle D0 is set  at 0.5D. According to Smith and Mackley 
[43], the axial dispersion coefficient Dax for orifice baffles is the same for a tube diameter of 24, 54 
and 150 mm and its value i s between 1x10 -3 and 2x10-3 m²/s a t Reo = 2000-3000. In the numerical 
simulation, t he a xial dispersion c oefficient has been estimated a t 2 x10-3 m²/s for t he g eometry B 
corresponding t o t he OBR. Consequently, f or the following calculations, D ax has been set at 2x10
-3 
m²/s. T he P éclet n umber asso ciated w ith t he d ifferent r eactor lengths an d velocities h ave b een 
calculated. All these calculations are represented in Table 5-1 for different reactor diameters. 
In t his an alysis, o nly p ressure d rop h as b een co nsidered; t his is s lightly d ifferent t o p ower 
dissipation, which was employed in Stonestreet and Harvey's [13] methodology . I n their work [13], 
the recommended range of the velocity ratio (Renet/Reo) is between 2 a nd 6 in order to achieve plug-
flow conditions. Since the oscillatory conditions from the Part III, Chapter 1 have been conserved here 
(Reo = 2875) , this v elocity r atio i s in a  s ignificantly hi gher r ange ( > 2 0). M oreover, t he pl ug-flow 
behavior is characterized in this work by the Péclet number instead of the number of tanks-in-series 
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64 8.63E-03 120 10.4 2875 24.0 96 107.9 6.3 45 0.283 
66 8.12E-03 116 9.7 2875 24.8 99 98.4 5.7 40 0.301 
68 7.65E-03 113 9.2 2875 25.5 102 90.0 5.2 35 0.320 
70 7.22E-03 109 8.7 2875 26.3 105 82.5 4.8 31 0.339 
72 6.82E-03 106 8.2 2875 27.0 108 75.8 4.4 28 0.358 
74 6.46E-03 104 7.8 2875 27.8 111 69.8 4.0 25 0.378 
76 6.12E-03 101 7.3 2875 28.5 114 64.5 3.7 22 0.399 
78 5.81E-03 98 7.0 2875 29.3 117 59.6 3.5 20 0.420 
80 5.53E-03 96 6.6 2875 30.0 120 55.3 3.2 18 0.442 
82 5.26E-03 93 6.3 2875 30.8 123 51.3 3.0 17 0.465 
84 5.01E-03 91 6.0 2875 31.5 126 47.7 2.8 15 0.488 
 
The criteria for the choice of the diameter are: ∆P < 5 because a minimum overpressure of 3 
bars is required, flexibility of operating conditions (oscillatory amplitude and frequency, net flow) and 
Pe > 30 to have correct plug-flow conditions.  
According data in Table 5-1, the suggested geometry for a production of 100 kg/h and a 
residence time of 20 min is:  
D = 70 mm, L = 8.7 m, h = 105 mm, D0 = 35 mm, N =82 baffles, ∆P = 4.8 bar, Pe = 31 if D = 2x10-3 
m²/s.  
Elbows could also be used for a more compact design, which would consist of for example 6 
tubes of 1.45 m or 3 tubes of 2.9. 
Simulations carried o ut i n t he s ection 4 h ave s hown t hat t he ba ffle d esign S 2 provides t he 
lowest axial dispersion coefficient (Dax = 1.2x10
-3 m²/s). In laminar conditions, it has been shown that 
the baffle design S2 provides lower axial dispersion than the baffle design used in the OBR, based on 
the results obtained with numerical simulations. For the same geometric parameters, if Dax  = 1.2x10
-3 
m²/s with S2, the Peclet number equals 52. It can therefore be assumed that lower axial dispersion will 
be obtained at Reo = 2875. 
To use this reactor for the esterification reaction with glycerol, a system is needed to increase 
the p ressure ( 3 b ars) in o rder to r each h igher temperatures ( 150 ° C). T he s implified p rocess f low 
diagram presented in Fig. 5-1 is similar to that obtained in Part III, Chapter 1. The pulse dampener has 
to be carefully selected. A pulse dampener tested during the experiments on the OBR at TNO has been 
damaged because its Viton membrane was worn due to oscillations and chemicals. The alternative of 
using a vessel filled with nitrogen is a good solution to dampen the oscillations, but a system to control 
the gas-liquid interface is required. 
A solution to the mediocre conversions (73% with DBSA, 50% with sulfuric acid) obtained 
for the esterification reaction with glycerol is f irst to use of a h igher level of f ree fatty acids in the 
initial oil to h ave a  final product w ith a  higher concentration i n m onoglycerides w ith D BSA a s a 
catalyst. The second solution is the use of an intermediary decantation with sulfuric acid as a catalyst, 
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since decantation is too long with DBSA. This solution has been tested in Part III, Chapter 1, and leads 
to a 86% conversion and a 53% selectivity in monoglycerides. However, the residence time was too 
long, which i s a  cause of  the decrease of the selectivity. The intermediary decantation should occur 
after 10 min only (i.e. half of the residence time). The glycerol and water layer has to be removed. An 
evaporation step can be used to remove water from the glycerol phase and then it can be recycled in 
the main reactor.  
An industrial scale oscillatory baffled reactor with a feed flow of 100 kg/h has been sized based on 
experimental work carried out on a pilot-scale 24 mm diameter metallic OBR and on CFD 
simulations. The residence time is set to 20 min, which is sufficient to perform the transesterification 
and esterification with methanol and esterification with glycerol reactions. The added-value of the new 
baffle design S2, which has shown good performance in terms of plug-flow behaviour in the CFD 
simulations, still has to be validated with an experimental rig in order to determine residence time 
distribution. This type of reactor is highly flexible as the oscillatory conditions, temperature, residence 




Fig. 5-1. Simplified Process Flow Diagram of the process associated with the suggested scaled-up reactor (a). Suggested separation module 
used to remove water for the esterification reaction with glycerol (b). 
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This chapter has firstly presented the state of the art of the recommended geometrical 
parameters, such as tube diameter, baffle design, baffle spacing, reactor length to diameter ration, net 
and o scillatory R eynolds numbers, t o us e w ith os cillatory ba ffled reactors. I n a ddition, the current 
knowledge on f low and mixing, residence time di stribution, heat transfer, pressure drop and liquid-
liquid dispersions in OBRs has been summarized. It is highlighted that the axial dispersion coefficient 
is independent of the diameter of the tube for constant oscillatory Reynolds number and it also remains 
constant with increasing reactor length. Peclet numbers have been determined from the literature data, 
showing t hat the P eclet nu mber pr oportional to the reactor length. H igher P eclet num bers a re thus 
obtained with higher residence times. 
This chapter a lso p resents PIV measurements performed in a g lass Nitech® reactor that are 
used to analyze velocity fields, eddy formation and shear strain rates. It has been shown that eddies are 
formed a nd then pr opagates a t t he m aximum a nd m inimum of  t he v elocity of  t he oscillating f low 
cycle. The size of the eddies is independent of the oscillatory amplitude at Reo = 200. Moreover, shear 
strain rates have been calculated and increase linearly with the oscillatory amplitude.  
In ad dition to the ex perimental m easurements, C FD si mulations h ave b een u sed as  a 
complementary tool to characterize the mixing in the OBR. Although velocity fluctuations in the flow 
have been observed due to the formation of eddies, the laminar flow simulations are accurate enough 
for the reactor design purposes required by this work. For this, virtual particles have been released in 
the f luid and ca lculations have b een m ade f rom t he p article information t o d evelop m athematical 
indicators of  mixing, t hrough t he determination of the axial dispersion coefficients and the distance 
separating t wo initially a djacent particles. The shear strain rate history o f p articles h as a lso been 
calculated, w hich a re in good ag reement w ith t he range o f sh ear s train rates cal culated b y P IV 
measurements. The effects of  oscillatory Reynolds number on t he flow and the performance of  new 
baffle designs h ave b een e valuated us ing t hese indicators. I n pa rticular, i t h as been s hown t hat t he 
axial dispersion coefficient i s independent of t he oscillatory Reynolds number for the studied range 
(Reo = 20-60). The axial dispersion coefficient is also independent of the reactor length, which means 
that the Péclet number increases with the reactor length, which confirms the observations made from 
the literature studies. To reach a Péclet numbers greater than 30, a residence time of at least 6 min is 
required. The lowest axial dispersion was obtained in the S2 geometry. The shear strain rates 
generated with S2 are a bit lower than those in the other baffle designs but, if necessary, these could be 
increased by increasing the oscillatory flow rate and consequently the oscillatory Reynolds number.  
To meet the design objective of a reactor providing a total flow rate capacity of 100 kg/h and a 
residence time of 20 min, a reactor sizing methodology has been presented and dimensions of an 
industrial scale OBR reactor have been put forth: D = 70 mm, L = 8.7 m, h = 105 mm, D0 = 35 mm, N 
=82 baffles, ∆P = 4.0 bar, Pe = 42 if D = 2x10-3 m²/s. The performance OBR may be improved by a 
change in baffle design; indeed the CFD simulations demonstrated a decrease in axial dispersion with 
the use of S2 baffle design and leads to an increased Peclet number of 52. Nevertheless, a specific 
experimental study using the S2 design would be required to confirm this hypothesis. A decrease in 
the axial dispersion would indeed be beneficial for the esterification with glycerol reaction since a 
limited axial dispersion (high Péclet number) implies a plug-flow behavior, which limits the 
concentration gradients in the reactor and thus secondary reactions. Another means to improve the 
esterification reaction with glycerol would be to shift the thermodynamic equilibrium by using a 
separation module to remove water from the reactive mixture. 
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Part III: Characterization and improvement of oscillatory baffled reactor technology 
 
Conclusions of Part III 
Part III has focused on  the improvement of  the operating conditions of the glass oscillatory 
baffled reactor tested in Part II. In Chapter 1 an experimental rig that includes a metallic oscillatory 
baffled reactor, which operates under pressure (3-10 bar) and a t high temperatures (130-150°C) has 
been set up. Using this pilot-scale rig, 50% conversion and 88% selectivity in monoglycerides for the 
esterification reaction with glycerol was obtained using sulfuric acid catalyst at 150°C and a residence 
time of  22 min.  This conversion was able to be i ncreased t o 86% with t he use o f an  intermediary 
decantation step, however in detriment of selectivity in monoglycerides, which decreases to 53%. A 
73% conversion and a 6 7% selectivity was obtained with the DBSA catalyst. The reactor has shown 
better performance than a coiled oscillatory flow reactor without baffles. 
Chapter 2 has focused on the characterization o f the O BR r eactor us ing C FD s imulations and P IV 
measurements. V ia t he d evelopment o f d ifferent c haracterization indicators, t he n umerical an d 
experimental results have enabled a b etter understanding of the flow occurring in this device, which 
has u ltimately l ed to t he d esign of  n ew ba ffles, a nd in pa rticular t he S 2 de sign. A  i ndustrial s cale 
reactor, w hich h as a t otal f low r ate cap acity of  100 kg /h, ha s t hen be en s ized w ith t he f ollowing 
geometrical parameters: D = 70 mm, L = 8.7 m, h =  105 mm, D0 = 35 mm, N =82 baffles, ∆P = 4.0 
bar, Pe = 42 if D = 2x10-3 m²/s (OBR baffle design) or Pe = 52 if D = 1.2x10-3 m²/s (S2 baffle design).  
Furthermore, i t i s e xpected t hat t he pr oposed S 2 g eometry w ill i ncrease the P eclet num ber f or the 
same reactor parameters, thereby providing improved plug-flow behavior, which is needed to limit the 
secondary reactions (i.e. formation of di and triglycerides) d uring t he esterification w ith g lycerol 
reaction. The process associated to the reactor corresponds t o the pr ocess developed and built in 
Chapter 1. 
The mediocre conversions obtained with non-treated waste cooking oil with a level of fatty 
acids of 40% are mainly due to the thermodynamic equilibrium of the reaction and conversion levels 
should be increased by the use of oil with a higher level of fatty acids and using DBSA catalyst. If this 
is not possible, an intermediary decantation step can be used to remove water and glycerol from the 
reactive media and thereby shift this equilibrium. In this case, the use of sulfuric acid as a catalyst is 
required to facilitate this decantation. 
Finally, t he reactor p resented in P art I II o ffers a  w ider range o f o perating c onditions w ith 
higher operating pressures (3-10 bar) and temperatures (150°C) than that possible in the glass Nitech® 
reactor. These characteristics a lso a llow the possibility t o h andle reactions t hat involve v iscous and 
immiscible r eactants, su ch a s t he esterification with g lycerol reaction, i n a continuous and compact 
technology with a residence time of 20 minutes. An improved baffle design has been proposed to limit 
the axial dispersion in the reactor and then to limit concentration gradients, which are responsible for 
secondary reactions (as formation of di and triglycerides). 















The objective of this PhD thesis is to propose a continuous and intensified reactor to carry out 
transformation of waste cooking oils (WCO) into fatty acids methyl esters (FAME) and glycerol by 
transesterification, and into fatty acids by the hydrolysis. The high level of free fatty acids of WCO 
can be also reduced by esterification with methanol to p roduce FAME, or w ith gl ycerol to p roduce 
mono, di and triglycerides. The objective of production capacity is 100 kg/h. 
These reactions are mass-transfer limited since t he reactants and products of these reactions 
are immiscible. The first objective of the work was to identify the different reactor technologies that 
are suitable for these reactions, and then to compare them and to define the most adapted technology. 
Amongst microstructured, cavitational, microwave, oscillatory baffled and membrane reactors, static 
mixers an d r eactive d istillation, t hree reactor t ypes were se lected: m icrowave, m icrostructured and 
oscillatory f low re actors. A commercially av ailable version o f ea ch t echnology w as ex perimentally 
tested: a C EM D iscover single m ode m icrowave r eactor and t wo co ntinuous f low r eactors - a 
Corning® Advanced-FlowTM glass reactor and a glass NiTech® oscillatory baffled reactor. The three 
technologies ha ve shown g ood r esults for transesterification, e sterification with m ethanol a nd 
esterification with glycerol reactions. With the microwave reactor, results obtained were similar to a 
conventional r eactor bu t with faster heating whatever t he r eaction. W ith t he m icrostructured and 
oscillatory flow reactors, high conversions were obtained in shorter residence times compared with a 
conventionally heated and stirred reactor for transesterification and esterification with methanol 
reactions. The esterification reaction with glycerol required higher temperatures and longer residence 
times t han t hose t ested ex perimentally an d l ow co nversions w ere o btained i n t he t ested N iTech®, 
which i s limited to low temperature (< 45°C), and the t ested Corning® reactor, which is  limited in 
terms of residence time. Further investigations on this reaction were possible in the microwave reactor, 
which has provided high conversions using a heterogeneous catalyst ScTf3 at 190°C. Low conversions 
were still obtained for the hydrolysis reaction, even at high temperatures under microwave irradiation. 
The investigations on this reaction were not pursued due to the limited interest in this reaction within 
the pr oject a nd further w ork focused on t he esterification reaction w ith glycerol. F inally, t he 
oscillatory b affled reactor and m icrostructured r eactors h ave b een p referred to microwave r eactors 
because of the already existing transposition to the continuous mode and the possibility to reach flow 
rates of 1-15 kg/h, whereas the development of the microwave technology at flow rates of 100 kg/h is 
confronted w ith m ajor challenges due  t o t he l imited pe netration de pth of  t he m icrowaves and t he 
design o f a  sp ecific microwave reactor for i ndustrial purposes. T he oscillatory baffled r eactor was 
finally preferred t o t he C orning® r eactor f or t wo r easons. F irstly, e ven w ith s imilar reaction 
performances, the oscillatory baffled reactor was considered more robust and flexible as oil with high 
levels of free fatty acids easily clogged the Corning® reactor. Secondly, the flexibility in terms of flow 
rates o f t he o scillatory b affled r eactors h as b een p referred, since mixing i s en sured b y a variable 
oscillatory f low r ate, w hereas it is en sured b y t he n et f low r ates in t he C orning® r eactor, b ut i t i s 
possible to modulate the residence time by the addition of Corning® plates. 
At t his po int, t he de velopment of  t he os cillatory ba ffled r eactor t o e xtend i ts r ange of  
temperature is necessary to perform the esterification with g lycerol reaction. This has been done in 
collaboration w ith TNO, i n D elft, N etherlands. An e xperimental rig w as setup to o perate under 
pressure in order to increase the boiling points of reactants and reach higher operating temperatures. 
This also reduces the viscosity of reactants as glycerol and increases kinetics. With such a system, the 
reaction is not limited by kinetics but by the thermodynamic equilibrium. The conversion of 40 wt.% 
of fatty acids contained in the waste cooking oil by the esterification reaction with glycerol is 50.2% at 
150°C with sulfuric acid as a catalyst, with a selectivity in monoglycerides of 88%. This conversion 
increases to 72.9% but with a selectivity in monoglycerides of 67% at 150°C with DBSA as a catalyst. 
189 
 
A two-step process, with an intermediary decantation to separate the water and glycerol from the oleic 
phase has been tested, leading to an overall conversion of 86.6% but an overall selectivity of 53%. It 
shows t he thermodynamic e quilibrium c an be  s hifted by  r emoving water f rom t he r eactive m edia, 
either by  the f ormation o f micelles w ith t he u se o f a cat alyst that h as surfactant properties, or by 
decantation.  
In p arallel, a n on-exhaustive st ate o f the ar t h as b een m ade t o u nderstand t he g eometric 
parameters involved in the design of this type of technology and the existing means of characterization 
of the mixing in the reactor and its capacity to generate liquid-liquid emulsions in two-phase systems. 
To c omplete t he k nowledge of  t his r eactor t echnology, an e xperimental r ig ha s be en bu ilt i n t he 
laboratory allowing t he visualization a nd m easurement of  the f low p atterns in t he g lass N iTech® 
reactor uisng Particle Image Velocimetry (PIV) . The instantaneous flow fields have enabled t he 
formation of the eddies and the zones of high shear strain rate to be observed and better understood. 
Computational Fluid Dynamics simulations using ANS YS-CFX have been pe rformed in l aminar 
conditions to u nderstand f low m echanisms i n oscillatory b affled r eactors and t o pr ovide 
complementary information t o t hat obtained by PIV. Based on the velocities fields provided by  t he 
numerical si mulations, new indicators h ave be en p roposed t o characterize t he m ixing and ot her 
quantities by in jecting v irtual p articles i n th e oscillatory b affled r eactor. This pa rticle t racking 
technique h as al so b een employed t o study t he r esidence t ime d istribution an d to calculate the 
difference o f t he axial a nd r adial po sitions of the pa rticles over time. T he simulated f luid i s single 
phase, but the strain rate history of particles has been calculated as it may play a role in the generation 
of liquid-liquid emulsions. It has been shown that the oscillatory Reynolds number has no influence on 
the ax ial d ispersion coefficient ( for Reo = 20 -60). T he s hear s train r ates increases l inearly w ith the 
oscillatory am plitude an d frequency. S everal b affle geometries h ave b een t ested an d a new spring 
baffle design (S2) has been considered as the most adapted baffle design to limit the axial dispersion 
and widen the range of conditions to have a plug-flow behavior. These simulations pointed out, with 
operating conditions s imilar to these used in the NiTech® glass reactor (8.9 L/h, 15 m m diameter), 
that a minimum residence time of 6 min with single orifice baffles is needed to reach Péclet numbers 
more than 30, which corresponds to an acceptable plug-flow behavior. This minimum residence time 
can be decreased to 3.5 min with a S2 design. The shear strain rates experienced by the particles are 
lower with this geometry, but this can be compensated by an increase of the oscillatory conditions. 
On t he ba sis of  the k nowledge on t he oscillatory b affled r eactor behavior, the data f or t he 
sizing of an oscillatory baffled reactor with a production capacity of 100kg/h and a residence time of 
20 min have been proposed. In this industrial scale reactor, transesterification and esterification with 
methanol or with glycerol could be carried out.  
The esterification with glycerol reaction can certainly be improved in two ways. The f irst is 
the use of waste cooking oil that contains a higher level of fatty acids. The second one is the addition 
of a system that removes the water from the system, since the intermediary decantation of the glycerol 
phase with sulfuric acid catalyst is fast. The process associated with the reactor is similar to that built 
for the pilot-scale reactor used at T NO, with the presence of a pulse d ampener an d a b ackpressure 
regulator to increase the pressure.  
This P hD t hesis a llowed us t o p ropose an  intensified r eactor b y t he achievement o f several 
steps. Firstly, the feasibility of the targeted reactions has been proven at pilot scale. The range of the 
operating c onditions ha s b een i mproved w ith t he set-up of a n e xperimental rig, which has allowed 
higher operating pressures ( 3-10 ba r) a nd t emperatures ( 150°C). In pa rallel, a comparison o f ba ffle 
designs has been carried out through CFD simulations to enhance mixing. Finally, an industrial scale 
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reactor w ith production capacity of 100 k g/h ha s been pr oposed with a classical oscillatory baffled 
reactor with single orifice baffles. The added value of  the new spring baffle design, which has been 
determined by  C FD s imulations, is the i ncrease of  t he P éclet number, w hich is y et to be  v alidated 
experimentally with a pilot scale rig. This would lead to the proposition of a new reactor design. 
This reactor is pluri-reactional as it can perform the transesterification, the esterification with 
methanol an d t he es terification w ith g lycerol r eactions. I t can  t hereby h andle viscous r eactants a s 
glycerol. This reactor technology is also compatible with solid catalysts has the oscillations prevents 
sedimentation of  the solid s uspensions. F or t he s ame r eason, this t ype of  r eactor s hows g ood 
performance in polymerization reactions. Other types of reactions c an also been tested in such a 
flexible t echnology as o ther m ass-transfer l imited r eactions, b ut al so ex othermic r eactions, as h eat 
transfers are improved with oscillations. The limit of this reactor is that it is not adapted to for rapid 
selective r eactions w ith r eaction t imes i nferior t o 5  min as i t i mplies l ow r eactor l engths an d low 
Péclet numbers, which results as a flow different of the ideal plug-flow reactor. This causes gradient of 
concentrations that can generates undesired secondary reactions and decrease selectivities.   
More generally, this type of intensified reactor technology al lows the reactions to be carried 
out i n r educed r eaction times, i n m ore c ompact f acilities, i n the continuous m ode t o e nsure a n 
excellent reproducibility, good control of the product quality and improve process safety.  
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